Edited by Enrico Drioli @WILEY-VCH
and Lidietta Giorno

Membrane
Operations

Innovative Separations and Transformations




Membrane Operations

Edited by
Enrico Drioli and Lidietta Giorno



Related Titles

Seidel-Morgenstern, A. (ed.)

Membrane Reactors

Case Studies to Improve Selectivity
and Yields

2009
ISBN: 978-3-527-32039-4

Koltuniewicz, A., Drioli, E.

Membranes in Clean
Technologies
Theory and Practice

2008
ISBN: 978-3-527-32007-3

Peinemann, K.-V., Pereira Nunes, S. (eds.)

Membrane Technology

Volume 1: Membranes for Life Sciences

2007
ISBN: 978-3-527-31480-5

Peinemann, K.-V., Pereira Nunes, S. (eds.)

Membrane Technology

Volume 2: Membranes for Energy
Conversion

2007
ISBN: 978-3-527-31481-2

Li, K.

)

Ceramic Membranes
for Separation and Reaction

2007
ISBN: 978-0-470-01440-0

Pereira Nunes, S., Peinemann, K.-V. (eds.)

Membrane Technology
in the Chemical Industry

2006
ISBN: 978-3-527-31316-7

Sammells, A. F., Mundschau, M. V. (eds.)

Nonporous Inorganic
Membranes

for Chemical Processing

2006
ISBN: 978-3-527-31342-6

Freeman, B., Yampolskii, Y.,
Pinnau, I. (eds.)

Materials Science of
Membranes for Gas and
Vapor Separation

2006
ISBN: 978-0-470-85345-0

Ohlrogge, K., Ebert, K. (eds.)

Membranen

Grundlagen, Verfahren und
industrielle Anwendungen

2006
ISBN: 978-3-527-30979-5



Membrane Operations

Innovative Separations and Transformations

Edited by
Enrico Drioli and Lidietta Giorno

WILEY-
VCH

WILEY-VCH Verlag GmbH & Co. KGaA



The Editors

Prof. Enrico Drioli

University of Calabria

Institute on Membrane Technology
Via P. Bucci 17 /C

87030 Rende (CS)

Italy

Prof. Lidietta Giorno

University of Calabria

Institute on Membrane Technology
Via P. Bucci 17 /C

87030 Rende (CS)

Italy

All books published by Wiley-VCH are carefully
produced. Nevertheless, authors, editors, and
publisher do not warrant the information contained
in these books, including this book, to be free of
errors. Readers are advised to keep in mind that
statements, data, illustrations, procedural details or
other items may inadvertently be inaccurate.

Library of Congress Card No.: applied for

British Library Cataloguing-in-Publication Data
A catalogue record for this book is available from the
British Library.

Bibliographic information published by

the Deutsche Nationalbibliothek

The Deutsche Nationalbibliothek lists this
publication in the Deutsche Nationalbibliografie;
detailed bibliographic data are available on the
Internet at http://dnb.d-nb.de.

© 2009 WILEY-VCH Verlag GmbH & Co. KGaA,
Weinheim

All rights reserved (including those of translation into
other languages). No part of this book may be
reproduced in any form — by photoprinting,
microfilm, or any other means — nor transmitted or
translated into a machine language without written
permission from the publishers. Registered names,
trademarks, etc. used in this book, even when not
specifically marked as such, are not to be considered
unprotected by law.

Composition Thomson Digital, Noida, India
Printing  Betz-Druck GmbH, Darmstadt
Bookbinding Litges & Dopf GmbH, Heppenheim
Cover Design Formgeber, Eppelheim

Printed in the Federal Republic of Germany
Printed on acid-free paper

ISBN: 978-3-527-32038-7



Part One

1.1
1.2
1.3
1.3.1
1.3.2

1.3.2.1
1.3.2.2
1.3.3

1.3.3.1
1.3.3.2
1.3.3.3

1.4

2.1
2.2

Contents

List of Contributors XVII
Introduction XXIII

Molecular Separation 1

Molecular Modeling, A Tool for the Knowledge-Based Design

of Polymer-Based Membrane Materials 3

Dieter Hofmann and Elena Tocci

Introduction 3

Basics of Molecular Modeling of Polymer-Based Membrane Materials 5
Selected Applications 7

Hard- and Software 7

Simulation/Prediction of Transport Parameters and Model

Validation 8

Prediction of Solubility Parameters 9

Prediction of Diffusion Constants 9

Permeability of Small Molecules and Free-Volume Distribution 12
Examples of Polymers with Low Permeability of Small Molecules

(e.g., PO, <50 Barrer) 13

Examples of Polymers with High Permeability of Small Molecules
(e.g., 50 Barrer < PO, <200 Barrer) 13

Examples of Polymers with Ultrahigh Permeability of Small Molecules
(e.g., PO, >1000 Barrer) 14

Summary 16

References 17

Polymeric Membranes for Molecular Separations 19
Heru Susanto and Mathias Ulbricht

Introduction 19

Membrane Classification 19

Membrane Operations. Innovative Separations and Transformations. Edited by Enrico Drioli and Lidietta Giorno
Copyright © 2009 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim
ISBN: 978-3-527-32038-7



VI | Contents

23 Membrane Polymer Characteristics 22
231 Polymer Structure and Properties 22
2.3.2 Membrane Polymer Selection 23
2321 Polymers for Porous Barriers 23

2.3.2.2  Polymers for Nonporous Barrier 25
2.3.2.3  Polymers for Charged Barrier 26

2.4 Membrane Preparation 26

241 Track-Etching of Polymer Films 26

242 Phase Separation of Polymer Solutions 27

243 Composite Membrane Preparation 30

244 Mixed-Matrix Membranes 32

25 Membrane Modification 32

2.6 Established and Novel Polymer Membranes for Molecular
Separations 34

2.6.1 Ultrafiltration 34

2.6.2 Reverse Osmosis and Nanofiltration 36

2.6.3 Pervaporation 37

2.6.4 Separations Using Ion-Exchange Membranes 38

2.7 Conclusion and Outlook 40

References 41

3 Fundamentals of Membrane Solvent Separation and
Pervaporation 45
Bart Van der Bruggen

3.1 Introduction: Separation Needs for Organic Solvents 45

3.2 Pervaporation and Nanofiltration Principles 46

33 Membrane Materials and Properties for Solvent Separation 48
331 Solvent-Stable Polymeric Membrane Materials 48

3.3.2 Ceramic Membrane Materials 49

3.3.3 Solvent Stability 52

334 Structural Properties for Membranes in NF and PV 52

34 Flux and Separation Prediction 53

3.4.1 Flux Models in NF = 53

3.4.2 Rejection in NF 55

343 Models for PV: from Solution-Diffusion to Maxwell-Stefan 56
3.4.4 Hybrid Simulations 57

3.5 Conclusions 58

References 58

4 Fundamentals of Membrane Gas Separation 63
Tom M. Murphy, Grant T. Offord, and Don R. Paul
4.1 Introduction 63
4.2 Polymer Structure and Permeation Behavior 64
43 Membranes from Glassy Polymers: Physical Aging 69

4.4 Membranes from Rubbery Polymers: Enhanced CO, Selectivity 75



45

5.1
5.2
5.2.1
5.2.2
5.2.21

5.2.2.2
5.2.23
5.3
5.3.1
5.3.2
5.3.21
5.3.2.2
5.3.2.3
5.3.2.4
5.3.2.5
5.4
5.4.1
5.4.1.1
5.4.1.2
5.4.2
5.4.2.1

5.4.2.2
5.4.3

5.4.3.1
5.4.3.2

5.4.4

6.1

6.1.1
6.1.2
6.1.3
6.1.4
6.1.5
6.2

Contents

Summary 79
References 79

Fundamentals in Electromembrane Separation Processes 83
Heinrich Strathmann

Introduction 83

The Structures and Functions of lon-Exchange Membranes 84
Ion-Exchange Membrane Materials and Structures 85
Preparation of Ion-Exchange Membranes 85

Preparation Procedure of Heterogeneous Ion-Exchange
Membranes 86

Preparation of Homogeneous Ion-Exchange Membranes 86
Special Property Membranes 88

Transport of Ions in Membranes and Solutions 88

Electric Current and Ohm'’s Law in Electrolyte Solutions 89
Mass Transport in Membranes and Solutions 91

The Driving Force and Fluxes in Electromembrane Processes 91
Electrical Current and Fluxes of lons 91

The Transport Number and the Membrane Permselectivity 92
Membrane Counterion Permselectivity 93

Water Transport in Electrodialysis 94

The Principle of Electromembrane Processes 95
Electrodialysis 95

Electrodialysis System and Process Design 96
Electrodialysis Process Costs 102

Electrodialysis with Bipolar Membranes 107

Electrodialysis with Bipolar Membrane System

and Process Design 108

Electrodialysis with Bipolar Membrane Process Costs 110
Continuous Electrodeionization 113

System Components and Process Design Aspects 113
Operational Problems in Practical Application

of Electrodeionization 115

Other Electromembrane Separation Processes 115
References 118

Fouling in Membrane Processes 121

Anthony G. Fane, Tzyy H. Chong, and Pierre Le-Clech
Introduction 121

Characteristics of Fouling 121

Causes of Fouling 123

Fouling Mechanisms and Theory 125

Critical and Sustainable Flux 125

Fouling and Operating Mode 126

Low-Pressure Processes 126

vil



viil

Contents

6.2.1
6.2.2
6.2.3
6.2.4
6.2.4.1
6.2.4.2
6.3
6.3.1
6.3.2
6.3.3
6.3.4
6.4

7.1
7.2
7.3

7.4
7.5
7.5.1

7.5.2.1
7.5.2.2
7.6

7.7

8.1
8.2
8.2.1
8.2.1.1
8.2.1.2
8.2.1.3
8.2.2
8.3
8.3.1

Particulate Fouling 126

Colloidal and Macrosolute Fouling 127
Biofouling and Biofilms 128

Case Studies 128

Water Treatment and Membrane Pretreatment 128
Membrane Bioreactor (MBR) 129
High-Pressure Processes 130
Particulate and Colloidal Fouling 130
Biofouling 132

Scale Formation 133

Cake-Enhanced Osmotic Pressure 135
Conclusions 136

References 136

Energy and Environmental Issues and Impacts of Membranes

in Industry 139

William J. Koros, Adam Kratochvil, Shu Shu, and Shabbir Husain
Introduction 139

Hydrodynamic Sieving (MF and UF) Separations 141
Fractionation of Low Molecular Weight Mixtures

(NF, D, RO, GS) 142

Reverse Osmosis — The Prototype Large-Scale Success 144
Energy-Efficiency Increases — A Look to the Future 145
Success Stories Built on Existing Membrane Materials

and Formation Technology 146

Future Opportunities Relying Upon Developmental Membrane
Materials and Formation Technology 149

High-Performance Olefin-Paraffin Separation Membranes 149
Coal Gasification with CO, Capture for Sequestration 154
Key Hurdles to Overcome for Broadly Expanding

the Membrane-Separation Platform 158

Some Concluding Thoughts 160

References 161

Membrane Gas-Separation: Applications 167
Richard W. Baker

Industry Background 167

Current Membrane Gas-Separation Technology 167
Membrane Types and Module Configurations 168
Hollow Fine Fiber Membranes and Modules 169
Capillary Fiber Membranes and Modules 170
Flat-Sheet Membranes and Spiral-Wound Modules 170
Module Size 170

Applications of Gas-Separation Membranes 171
Nitrogen from Air 171



8.3.2
8.3.3
834
8.34.1
8.3.4.2
8.3.4.3
8.3.5
8.4
8.4.1
8.4.2
8.4.3
8.4.4
8.5

9.1
9.1.1
9.1.2
9.2

9.2.1
9.2.2

9.2.3

9.3

9.3.1.1
9.3.1.2
9.3.2

9.3.2.1
9.3.2.2
9.3.2.3
9.3.2.4
9.3.3

9.3.4
9.34.1
9.3.4.2
9.4

Contents

Air Drying 173

Hydrogen Separation 175

Natural-Gas Treatment 178

Carbon-Dioxide Separation 179

Separation of Heavy Hydrocarbons 182

Nitrogen Separation from High-Nitrogen Gas 182
Vapor/Gas Separations in Petrochemical Operations 183
Future Applications 186

CO,/N; Separations 186

CO,/H, Separations 188

Water/Ethanol Separations 189

Separation of Organic Vapor Mixtures 191
Summary/Conclusion 191

References 192

CO, Capture with Membrane Systems 195

Rune Bredesen, Izumi Kumakiri, and Thijs Peters
Introduction 195

CO, and Greenhouse-Gas Problem 195

CO, Capture Processes and Technologies 196
Membrane Processes in Energy Systems with CO,
Capture 199

Processes Including Oxygen-Separation Membranes 199
Precombustion Decarbonization Processes Including Hydrogen
and Carbon Dioxide Membrane Separation 202
Postcombustion Capture Processes with Membrane
Separation 205

Properties of Membranes for Hydrogen, Oxygen, and Carbon
Dioxide Separation 206

Membranes for Oxygen Separation in Precombustion
Decarbonization and Oxy-Fuel Processes 206

Flux and Separation 206

Stability Issues 207

Membranes for Hydrogen Separation in Precombustion
Decarbonization 207

Microporous Membranes 208

Dense Metal Membranes 209

Stability Issues 209

Dense Ceramic Membranes 210

Membranes for CO, Separation in Precombustion
Decarbonization 211

CO, Separation in Postcombustion Capture 211

CO, Separation Membranes 211

Membrane Contactors for CO, Capture 212

Challenges in Membrane Operation 212



X | Contents

9.4.1 Diffusion Limitation in Gas-Phase and Membrane Support 212
9.4.2 Membrane Module Design and Catalyst Integration 214
9.5 Concluding Remarks 216

References 216

10 Seawater and Brackish-Water Desalination with Membrane
Operations 221
Raphael Semiat and David Hasson

10.1 Introduction: The Need for Water 221
10.2 Membrane Techniques in Water Treatment 221
10.3 Reverse-Osmosis Desalination: Process and Costs 226

10.3.1 Quality of Desalinated Water 228
10.3.2 Environmental Aspects 229
10.3.3 Energy Issues 230
10.4 Treatment of Sewage and Polluted Water 232
10.4.1 Membrane Bioreactors 234
10.4.2 Reclaimed Wastewater Product Quality 234
10.5 Fouling and Prevention 235
10.5.1 How to Prevent 236
10.5.2 Membrane Cleaning 237
10.6 R&D Directions 237
10.6.1 Impending Water Scarcity 237
10.6.2 Better Membranes 237
10.6.3 New Membranes-Based Desalination Processes 238
10.7 Summary 240
References 240

11 Developments in Membrane Science for Downstream
Processing 245
Jodo G. Crespo

11.1 Introduction 245
11.11 Why Membranes for Downstream Processing? 245
11.2 Constraints and Challenges in Downstream Processing 246

11.2.1 External Mass-Transport Limitations 246
11.2.2 Membrane Fouling 247
11.2.3 Membrane Selectivity 249
11.3 Concentration and Purification of Small Bioactive Molecules 249
11.3.1 Electrodialysis 250
11.3.2 Pervaporation 251
11.3.3 Nanofiltration 253
11.4 Concentration and Purification of Large Bioactive Molecules 255
11.4.1 Ultrafiltration 256
11.4.2 Membrane Chromatography 260
11.5 Future Trends and Challenges 261
References 262



12

12.1
12.2
12.3
12.4
12.5
12.6

Part Two

13

13.1
13.2
13.3
13.3.1
13.3.2
13.4
13.5
13.6

14

14.1
14.2
14.2.1
14.2.2
14.3

14.3.1
14.3.2
14.3.3
14.4

14.4.1

14.4.2

14.4.3

14.4.4

14.4.4.1
14.4.4.2

Contents

Integrated Membrane Processes 265

Enrico Drioli and Enrica Fontananova

Introduction 265

Integrated Membrane Processes for Water Desalination 266
Integrated Membrane Process for Wastewater Treatment 271
Integrated Membrane System for Fruit-Juices Industry 274
Integrated Membrane Processes in Chemical Production 276
Conclusions 281

References 281

Transformation 285

Fundamental of Chemical Membrane Reactors 287
Giuseppe Barbieri and Francesco Scura

Introduction 287

Membranes 289

Membrane Reactors 294

Mass Balance 294

Energy Balance 296

Catalytic Membranes 301

Thermodynamic Equilibrium in Pd-Alloy Membrane Reactor 301
Conclusions 303

References 306

Mathematical Modeling of Biochemical Membrane Reactors 309
Endre Nagy

Introduction 309

Membrane Bioreactors with Membrane as Bioreactor 310
Enzyme Membrane Reactor 311

Whole-Cell Membrane Bioreactor 312

Membrane Bioreactors with Membrane as Separation

Unit 312

Moving-Bed Biofilm Membrane reactor 312

Wastewater Treatment by Whole-Cell Membrane Reactor 313
Membrane Fouling 313

Mathematical Modeling of Membrane Bioreactor 314
Modeling of Enzyme Membrane Layer/Biofilm

Reactor 314

Concentration Distribution and Mass-Transfer Rates for Real
Systems 318

Prediction of the Convective Velocity through Membrane with
Cake and Polarization Layers 321

Convective Flow Profile in a Hollow-Fiber Membrane 323
Without Cake and Polarization Layers 323

With Cake and Polarization Layer 324

X



Xll'| Contents

14.4.5 Mass Transport in the Feed Side of the Hollow-Fiber Membrane
Bioreactor 325

14.5 Modeling of the MBR with Membrane Separation Unit 327

14.5.1 Moving-Bed-Biofilm Membrane Reactor 327

14.5.2 Submerged or External MBR Process 327

14.5.3 Fouling in Submerged Membrane Module 328

14.6 Conclusions and Future Prospects 328
References 332

15 Photocatalytic Membrane Reactors in the Conversion or Degradation
of Organic Compounds 335
Raffaele Molinari, Angela Caruso, and Leonardo Palmisano

15.1 Introduction 335

15.2 Fundamentals on Heterogeneous Photocatalysis 336

15.2.1 Mechanism 336

15.2.2 Photocatalysts: Properties and New Semiconductor Materials

Used for Photocatalytic Processes 336
15.2.2.1 Titanium Dioxide 338
15.2.2.2  Modified Photocatalysts 338
15.3 Photocatalytic Parameters 340
15.4 Applications of Photocatalysis 341
15.4.1 Total Oxidations 341
15.4.2 Selective Oxidations 343
15.4.3 Reduction Reactions 344
15.4.4 Functionalization 344
15.4.5 Hydrogen Production 345
15.4.6 Combination of Heterogeneous Photocatalysis with Other
Operations 346
15.5 Advantages and Limits of the Photocatalytic Technologies 346
15.6 Membrane Photoreactors 348
15.6.1 Introduction 348
15.6.2 Membrane Photoreactor Configurations 348
15.6.2.1  Pressurized Membrane Photoreactors 349
15.6.2.2  Sucked (Submerged) Membrane Photoreactors 349
15.6.2.3 Membrane Contactor Photoreactors 350
15.6.3 Parameters Influencing the Photocatalytic Membrane
Reactors (PMRs) Performance 352
15.6.4 Future Perspectives: Solar Energy 353
15.7 Case Study: Partial and Total Oxidation Reactions
in PMRs 354
15.7.1 Degradation of Pharmaceutical Compounds in a PMR 354
15.7.2 Photocatalytic Production of Phenol from Benzene
ina PMR 357
15.8 Conclusions 358
References 358



16

16.1
16.2
16.2.1
16.2.2
16.3
16.3.1
16.3.1.1
16.3.1.2
16.3.2
16.3.3
16.3.3.1
16.3.3.2
16.3.3.3
16.3.4

16.3.4.1
16.3.4.2
16.3.4.3
16.4
16.4.1
16.4.2
16.4.2.1
16.4.2.2

17

17.1
17.2
17.2.1
17.2.2
17.2.3
17.3

18

18.1
18.1.1
18.1.2
18.2
18.2.1
18.2.2

Contents

Wastewater Treatment by Membrane Bioreactors 363
TorOve Leiknes

Introduction 363

Membranes in Wastewater Treatment 364
Background 364

Membranes Applied to Wastewater Treatment 365
Membrane Bioreactors (MBR) 368
Membrane-Bioreactor Configurations 368
Membrane Materials and Options 368

Process Configurations 371

Membrane-Bioreactor Basics 372

Membrane Fouling 374

Understanding Fouling 374

Dealing with Fouling 376

Cleaning Fouled Membranes 378

Defining Operating Conditions and Parameters

in MBR Processes 379

Biological Operating Conditions 379

Membrane Filtration Operation 381

Optimizing MBR Operations 383

Prospects and Predictions of the MBR Process 384
Developments and Market Trends 384

An Overview of Commercially Available Systems 386
Flat-Sheet MBR Designs and Options 388
Tubular/Hollow-Fiber MBR Designs and Options 388
References 391

Biochemical Membrane Reactors in Industrial Processes 397
Lidietta Giorno, Rosalinda Mazzei, and Enrico Drioli
Introduction 397

Applications at Industrial Level 398

Pharmaceutical Applications 399

Food Applications 402

Immobilization of Biocatalysts on Membranes 405
Conclusion 407

References 407

Biomedical Membrane Extracorporeal Devices 411
Michel Y. Jaffrin and Cécile Legallais

General Introduction 411

Use of Membranes in the Medical Field 411
Historical Perspective 411

Hemodialyzers 413

Introduction 413

Physical Principles of Hemodialysis 414

X



XIv

Contents

18.2.3
18.2.4
18.2.4.1
18.2.5
18.2.6
18.2.6.1
18.2.6.2
18.3
18.3.1
18.3.2

18.3.3
18.3.3.1
18.3.3.2
18.4
18.4.1
18.4.2
18.4.3
18.4.4
18.4.5
18.4.6

19

19.1
19.2
19.3
19.4
19.5

Part Three

20

20.1
20.2
20.3
20.4
20.5

Dialysis Requirements 415

Mass Transfers in a Hemodialyzer 416
Characterization of Hemodialyzers Performance 416
Hemofiltration and Hemodiafiltration 417

Various Types of Hemodialyzers 418

Various Types of Membranes 419

Optimization of Hemodialyzer Performance 420
Plasma Separation and Purification by Membrane 421
Introduction 421

The Baxter Autopheresis C System for Plasma Collection
from Donors 421

Therapeutic Applications of Plasma Separation 422
Plasma Exchange 423

Selective Plasma Purification by Cascade Filtration 423
Artificial Liver 426

Introduction 426

Physical Principles 426

Convection + Adsorption Systems 428

Diffusion + Adsorption Systems 428

Future of Artificial Livers 429

Conclusions 430

References 430

Membranes in Regenerative Medicine and Tissue

Engineering 433

Sabrina Morelli, Simona Salerno, Antonella Piscioneri, Maria Rende,
Carla Campana, Enrico Drioli, and Loredana De Bartolo
Introduction 433

Membranes for Human Liver Reconstruction 434

Human Lymphocyte Membrane Bioreactor 439

Membranes for Neuronal-Tissue Reconstruction 440
Concluding Remarks 443

References 444

Membrane Contactors 447

Basics in Membrane Contactors 449
Alessandra Criscuoli

Introduction 449

Definition of Membrane Contactors 449
Mass Transport 452

Applications 455

Concluding Remarks 460

References 460



21

211
21.2
21.3
21.31
21.3.2
21.4
21.41
21.4.2
21.4.3
21.5
21.5.1
21.5.2
21.5.3
2154
21.6

22

221

222
22.3
22.4

23

231
23.2
233

23.3.1
234
2341
235
235.1

Contents

Membrane Emulsification: Principles and Applications 463
Lidietta Giorno, Giorgio De Luca, Alberto Figoli, Emma Piacentini,
and Enrico Drioli

Introduction 463

Membrane Emulsification Basic Concepts 465

Experimental Bases of Membrane Emulsification 468
Post-Emulsification Steps for Microcapsules Production 474
Membrane Emulsification Devices 476

Theoretical Bases of Membrane Emulsification 479

Torque and Force Balances 480

Surface-Energy Minimization 485

Microfluid Dynamics Approaches: The Shape of the Droplets 486
Membrane Emulsification Applications 488

Applications in the Food Industry 488

Applications in the Pharmaceutical Industry 489
Applications in the Electronics Industry 490

Other Applications 491

Conclusions 493

References 494

Membrane Contactors in Industrial Applications 499

Soccorso Gaeta

Air Dehumidification: Results of Demonstration Tests with Refrigerated
Storage Cells and with Refrigerated Trucks 505

Refrigerated Storage Cells 507

Refrigerated Trucks 508

Capture of CO, from Flue Gas 510

References 512

Extractive Separations in Contactors with One and Two Immobilized
L/L Interfaces: Applications and Perspectives 513

Stefan Schlosser

Introduction 513

Contactors with Immobilized L/L Interfaces 516
Membrane-Based Solvent Extraction (MBSE) and Stripping
(MBSS) 517

Case Studies 519

Pertraction through BLME 525

Case Studies 526

Pertraction through SLM 527

Case Studies 529

XV



XVI| Contents

23.6 Comparison of Extractive Processes in HF Contactors and
Pertraction through ELM 529
23.7 Outlook 529

References 531

Index 543



List of Contributors

Richard W. Baker
Membrane Technology and
Research, Inc.

1360 Willow Road

Menlo Park, CA 94025
USA

Giuseppe Barbieri

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Loredana De Bartolo

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Rune Bredesen

SINTEF Materials and Chemistry
P.O. Box 124

Blindern

0314 Oslo

Norway

Membrane Operations. Innovative Separations and Transformations. Edited by Enrico Drioli and Lidietta Giorno

Carla Campana

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

and

University of Calabria

Department of Chemical Engineering
and Materials

Via P. Bucdi, cubo 45/A

87030 Rende (CS)

Italy

Angela Caruso

University of Calabria

Department of Chemical Engineering
and Materials

Via P. Bucci, cubo 45/A

87030 Rende (CS)

Italy

Copyright © 2009 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim

ISBN: 978-3-527-32038-7

Xvil



XVl

List of Contributors

Tzyy H. Chong

Nanyang Technological University
Singapore Membrane Technology

Centre

School of Civil and Environmental
Engineering

Singapore

639798

Jodo G. Crespo

Universidade Nova de Lisboa
Faculdade de Ciéncias e Tecnologia
Requimte-CQFB

Departamento de Quimica
2829-516 Caparica

Portugal

Enrico Drioli

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

and

University of Calabria

Department of Chemical Engineering
and Materials

Via P. Bucci, cubo 44/A

87030 Rende (CS)

Italy

Alessandra Criscuoli

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Anthony G. Fane

University of New South Wales
UNESCO Centre for Membrane Science
& Technology

School of Chemical Sciences and
Engineering

Sydney, NSW 2052

Australia

and

Nanyang Technological University
Singapore Membrane Technology

Centre

School of Civil and Environmental
Engineering

Singapore

639798

Alberto Figoli

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Enrica Fontananova

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

and

University of Calabria

Department of Chemical Engineering
and Materials

Via P. Bucdi, cubo 44/A

87030 Rende (CS)

Italy



Soccorso Gaeta

GVS S.P.A.

Via Roma 50

40069 Zola Predosa (Bo)
Italy

Lidietta Giorno

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

David Hasson

Technion — Israel Institute of
Technology

Stephen and Nancy Grand Water
Research Institute

Wolfson Chemical Engineering
Department

Rabin Desalination Laboratory
Technion City

Haifa, 32000

Israel

Tzyy Haur

Nanyang Technological University
Singapore Membrane Technology
Centre

School of Civil and Environmental
Engineering

Singapore

639798

Dieter Hofmann

GKSS Research Center

Center for Biomaterial Development
of the Institute of Polymer Research
Kantstr. 55

14513 Teltow

Germany

List of Contributors

Shabbir Husain

Georgia Institute of Technology
School of Chemical & Biomolecular
Engineering

Atlanta, GA 30332-0100

USA

Michel Y. Jaffrin

UMR CNRS 6600

Technological University of Compiegne
60200 Compiegne

France

William J. Koros

Georgia Institute of Technology
School of Chemical & Biomolecular
Engineering

Atlanta, GA 30332-0100

USA

Adam Kratochvil

PRISM Membranes

Air Products and Chemicals, Inc.
St. Louis, Mo 63146

USA

Izumi Kumakiri

SINTEF Materials Technology
P.O. Box 124

Blindern

0314 Oslo

Norway

Pierre Le-Clech

University of New South Wales
UNESCO Centre for Membrane Science
& Technology

School of Chemical Sciences and
Engineering

Sydney, NSW 2052

Australia

XIX



XX

List of Contributors

Cécile Legallais

UMR CNRS 6600

Technological University of Compiegne
60200 Compiegne

France

TorOve Leiknes

NTNU - Norwegian University of
Science and Technology
Department of Hydraulic and
Environmental Engineering

S.P. Andersensvei 5

7491 Trondheim

Norway

Giorgio De Luca

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Rosalinda Mazzei

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

and

University of Calabria
Department of Ecology
Via P. Bucci 6/B
87036 Rende (CS)

Italy

Raffaele Molinari

University of Calabria

Department of Chemical Engineering
and Materials

Via P. Bucci

87030 Rende (CS)

Italy

Sabrina Morelli

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

[taly

T.M. Murphy

The University of Texas at Austin
Department of Chemical Engineering
Austin, TX 78712

USA

Endre Nagy

University of Pannonia

Research Institute of Chemical and
Process Engineering

P.O. Box 158

8201, Veszprém

Hungary

Grant T. Offord

The University of Texas at Austin
Department of Chemical Engineering
Austin, TX 78712

USA

Leonardo Palmisano

University of Palermo

Department of Chemical Engineering
Processes and Materials
‘Schiavello-Grillone’ Photocatalysis
Group

viale delle Scienze

90128 Palermo

Italy



Don R. Paul

The University of Texas at Austin
Department of Chemical Engineering
Austin, TX 78712

USA

Thijs Peters

SINTEF Materials Technology
P.O. Box 124

Blindern

0314 Oslo

Norway

Emma Piacentini

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Antonella Piscioneri

University of Calabria

Institute of Membrane Technology
National Research Council of Italy
ITM-CNR

Via P. Buci, cubo 17/C

87030 Rende (CS)

Italy

and

University of Calabria
Department of Cell Biology
via P. Bucci

87030 Rende (CS)

Italy

List of Contributors

Maria Rende

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

and

University of Calabria

Department of Chemical Engineering
and Materials

Via P. Bucdi, cubo 45/A

87030 Rende (CS)

Italy

Simona Salerno

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Stefan Schlosser

Slovak University of Technology
Institute of Chemical and
Environmental Engineering
Radlinského 9

812 37 Bratislava

Slovakia

Raphael Semiat

Technion — Israel Institute of
Technology

Wolfson Chemical Engineering
Department

Rabin Desalination Laboratory
Stephen and Nancy Grand Water
Research Institute

Technion City

Haifa, 32000

Israel



XX

List of Contributors

Francesco Scura

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Shu Shu

Georgia Institute of Technology
School of Chemical & Biomolecular
Engineering

Atlanta, GA 30332-0100

USA

Heinrich Strathmann

University of Stuttgart

Institute of Chemical Technology
Boblingerstr. 72

70199 Stuttgart

Germany

Heru Susanto

Universitit Duisburg-Essen
Lehrstuhl fiir Technische Chemie 11
45117 Essen

Germany

Elena Tocci

University of Calabria

Institute on Membrane Technology
(ITM-CNR)

Via P. Bucci, 17/C

87030 Rende (CS)

Italy

Mathias Ulbricht

Universitit Duisburg-Essen
Lehrstuhl fiir Technische Chemie II
45117 Essen

Germany

Bart Van der Bruggen

K.U. Leuven, Department of Chemical
Engineering

Section Applied Physical Chemistry and
Environmental Technology

W. de Croylaan 46

3001 Heverlee (Leuven)

Belgium



Introduction

Membrane processes are state of the art technologies in various industrial sectors,
including gas separation, wastewater treatment, food processing and medical appli-
cations.

Modelling methodologies are contributing significantly to the knowledge-based
development of membrane materials and engineering.

Micro-ultrafiltration and reverse osmosis are mature technologies for separations
based on molecular exclusion and solution-diffusion mechanisms, respectively.
Cleaning and maintenance procedures able to control fouling to an acceptable extent
have made these processes commercially suitable.

Some of the largest plants for seawater desalination, wastewater treatment and gas
separation are already based on membrane engineering. For example, the Ashkelon
Desalination Plant for seawater reverse osmosis (SWRO), in Israel, has been fully
operational since December 2005 and produces more than 100 million m? of
desalinated water per year. One of the largest submerged membrane bioreactor
unit in the world was recently built in Porto Marghera (Italy) to treat tertiary water.
The growth in membrane installations for water treatment in the past decade has
resulted in a decreased cost of desalination facilities, with the consequence that the
cost of the reclaimed water for membrane plants has also been reduced.

Membranes are growing significantly also in gas separation, for example, the
current market size of carbon-dioxide separation from natural gas is more than 70
million Euro/year.

Medical applications are among the most important in the membrane market,
with hemodialysis, blood oxygenators, plasma separation and fractionation being
the traditional areas of applications, while artificial and bioartificial organs and
regenerative medicine represent emerging areas in the field.

Nanofiltration has achieved a good stage of development, gaining attention in
various applications for separations based on both molecular exclusion and charge
interaction as well as on the solution-diffusion mechanism. In particular, nanofil-
tration is considered among the most suitable technologies for solvent separation.
More recent processes such as membrane reactors, membrane contactors, and
membranes in life science are also developing very rapidly. The optimal design of
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Introduction

chemical transformation processes with control of reagent supply and/or product
removal through catalytic membranes and membrane reactors is one of the most
attractive solutions in process intensification. The catalytic action of biocatalysts is
extremely efficient, selective and highly stereospecific when compared to conven-
tional chemical catalysts. Membrane bioreactors are particularly attractive in terms
of ecocompatibility, because they do not require additives, are able to operate at
moderate temperature and pressure, reduce the formation of by-products, while
permitting the production of high valuable coproducts. This may allow challenges in
developing new production lines moving towards zero discharge to be faced. The
development of catalytic membrane reactors for high-temperature applications
became realistic more recently, with the development of high-temperature-resistant
membranes.

The major market for membrane bioreactors is represented by wastewater treat-
ment with the use of submerged modules configuration. These are considered
among the best available technologies by the European Directives on Environment.
Membrane bioreactors are also applied in food, red and white biotechnology. In
these cases, the external loop configuration is used.

Membrane contactors, including membrane crystallizers and membrane emulsi-
fiers, are among the most recent membrane operations with growing interest in
various industrial sectors. For example, membrane emulsification has grown from
the 1990s, when it was first developed in Japan, to nowadays with applications in
food, chemical, pharmaceutical and cosmetic fields. In Europe, the research at the
academic level has achieved a thorough knowledge both from experimental and
theoretical points of view. This is fuelling the industrial interest towards the
membrane emulsification technology, especially for those productions that involve
labile bioactive molecules.

In general, nowadays the attention towards membrane science and technology is
increasing significantly. Drivers of this interest include the need for technologies to
enable sustainable production, directives and regulations about the use of eco-
friendly technologies, consumer demand for high-quality and safe products, public
concern about environment, and stakeholder confidence in and acceptance of
advanced technologies.

Current initiatives recognize that a sustainable solution to the increasing demand
of goods and energy is in the rational integration and implementation of new
technologies able to achieve concrete benefits for manufacturing and processing,
substantially increasing process precision, reducing equipment size, saving energy,
reducing costs, and minimizing environmental impact.

Membranes and membrane processes are best suited in this context as their basic
aspects well satisfy the requirements of process intensification for a sustainable
industrial production. In fact, they are precise and flexible processing techniques,
able to maximize phase contact, integrate conversion and separation processes, with
improved efficiency and with significantly lower energy requirements compared to
conventional techniques.

This multiauthor book highlights the current state and advances in membranes
and membrane operations referring to three major roles of the membrane: mole-



Introduction

cular separation, (bio)chemical transformation and phase contactors. Each topic
includes fundamentals and applications of membranes and membrane operations.

The largest section is constituted by membranes in molecular separation, which is
the most traditional application of membranes. Significant advances of membrane
science and technologies are expected in transformation processes and membrane
contactors for conventional and innovative applications.

XXV



Part One
Molecular Separation

This Part will be focused on the fundamentals and applications of membranes and
membrane operations for separation at the molecular level. Both liquid (including
organic solvents) and gaseous streams will be discussed.

The book opens with a chapter on molecular modeling to highlight the powerful
instruments for designing appropriate membrane materials with predicted
properties.

This is followed by a chapter on polymeric membranes that discusses the current
achievements and challenges on membranes for molecular separation in liquid
phase.

Subsequent individual chapters discuss membranes in organic solvent separation,
gas separation and electrochemical separation. A whole chapter is focused on the
fundamentals of fouling molecular separation by membranes are completed by a
chapter focused on fouling. and another on energy and environmental issues.

The application part of this section illustrates the membrane-assisted molecular
separation in (i) gases, with a separate chapter dedicated to the CO, capture using
inorganic membrane; (ii) water desalination; (iii) downstream processing of biologi-
cal products. A chapter on integrated membrane operations illustrates new strategies
in water treatment and chemical production.

Membrane separation in the medical field has been included in a chapter focused
on medical extracorporeal devices, which illustrates the use of membranes for
separation of biological fluids and for preparation of bioartificial organs able to
accomplish ex vivo biological transformation (Part headed ‘Transformation’).

The overall aim of the ‘molecular separation’ section is to illustrate the current
capability of membranes and membrane operations in assisting and governing
molecular separations and the future perspectives they offer for a more sustainable
industrial growth through innovative process design. Their implementation will lead
to concrete benefits in manufacturing and processing, substantially shrinking
equipment size, boosting plant efficiency, saving energy, reducing capital costs,
minimizing environmental impact, and using remote control and automation.

Membrane Operations. Innovative Separations and Transformations. Edited by Enrico Drioli and Lidietta Giorno
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Membrane operations have the potential to replace conventional energy-intensive
separation techniques, such as distillation and evaporation, to accomplish the
selective and efficient transport of specific components, to improve the performance
of reactive processes and, ultimately, to provide reliable options for a sustainable
industrial growth.

This is in line with the strategy of process intensification and it is expected to bring
substantial improvements in chemical and many other manufacturing and proces-
sing industries.

Many membrane operations are based on similar materials and structures, while
differing in the method by which they carry out the separation process. Step forward
innovations can be promoted by appropriate integration of traditional membrane
operations (reverse osmosis, micro-, ultra- and nanofiltration, electrodialysis, perva-
poration, etc.) among them and with innovative membrane operations. In fact, while
being already widely used in many different applications, they can be combined with
new membrane systems such as catalytic membrane reactors and membrane
contactors. Nowadays, redesign of industrial production cycles by combining various
membrane operations suitable for separation, conversion and concentration units is
an attractive opportunity because of the synergic effects that highly integrated
membrane processes can promote.
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Molecular Modeling, A Tool for the Knowledge-Based
Design of Polymer-Based Membrane Materials

Dieter Hofmann and Elena Tocci

1.1
Introduction

Most important macroscopic transport properties (i.e., permeabilities, solubilities,
constants of diffusion) of polymer-based membranes have their foundation in
microscopic features (e.g., free-volume distribution, segmental dynamics, distribu-
tion of polar groups, etc.) which are not sufficiently accessible to experimental
characterization. Here, the simulation of reasonably equilibrated and validated
atomistic models provides great opportunities to gain a deeper insight into these
microscopic features that in turn will help to develop more knowledge-based
approaches in membrane development.

The mentioned transport properties for small and medium-sized molecules in
polymers are decisive in many technologically important processes, for example, in
biotechnology and biomedicine, in pharmacological and chemical industries but also
in integrated environmental protection. The respective penetrants can be anything
from rather small hydrogen or oxygen molecules to chemicals like benzene up to
relatively large drug molecules.

Membrane processes for the separation of gaseous and liquid mixtures are
important examples. In these cases there are already large numbers of applicable
materials and processes. Further improvements (mostly concerning better selectiv-
ities atacceptably high permeabilities), often needing real jumps in performance, are,
however, still needed in many cases. This applies, although in the opposite sense, also
to barrier materials where permeations at least of certain types of molecules will be
extremely small. Other areas concern biomaterials or material systems for the
controlled release of drugs.

More specific examples for the need to develop new materials with tailored
transport properties are:

o The separation of methane from higher hydrocarbons in natural gas for safer and
more economical transport through pipelines, or for better exploitation;

Membrane Operations. Innovative Separations and Transformations. Edited by Enrico Drioli and Lidietta Giorno
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The design of packaging materials for conservation of fresh fruits and vegetables,
which means good specific permeation and selectivity properties in order to
maintain a modified/controlled atmosphere;

* The control of migration of additives, monomers or oligomers, from packaging
materials, for example, into food (important for the enforcement of a high level of
food quality and safety) or other consumer products;

« The resistance of resins used in composites for aircraft construction to ageing

caused by water absorption;

Small but continuous fuel loss by permeation through polymeric parts of the fuel

system;

Separation of CO, from flue gases, and separation of NO, from vehicle emissions;

Efficient and inexpensive proton-conducting membranes for fuel cells;

e components in polymer electronics (such as for light-emitting diodes or display
components) with extremely low permeabilities for oxygen and water;

» Optimum controlled drug release systems, for example, for medical applications,

cosmetics or agriculture;

Transport problems in artificial or bio-hybrid organs;

o Optimum biocompatibility of polymers in contact with cells and blood;

e Optimum chemical degradation behavior (often to a large extent a water-perme-
ation problem) for surgical sutures, scaffold materials for tissue engineering,
degradable screws in orthopaedic surgery and so on.

In the near future, the use of multifunctional polymer-based materials with
separation/selective transport capabilities is also to be expected in the design of
production systems with integrated environmental protection or in the combination of
chemical reactions and separation by attaching a catalytic functionality to the respec-
tive material [1]. Thus, those multifunctional materials should contribute materially to
the development of clean energy and/or energy saving and therefore sustainable
production technologies. In connection with these perspectives, there is considerable
interest in new/modified polymer-based materials with tailored transport/catalytic
properties. Also, many sensor applications are based on controlled permeation.

Amorphous polymers or respective composites with inorganic components are an
important class of materials to solve many of the above-mentioned problems.
However, the design of these multifunctional materials, based on experimentation
and correlative thinking alone is unreliable, time consuming, expensive and often not
successful. Systematic multiscale computer-aided molecular design (CAMD) offers a
very attractive alternative, insofar as these techniques allow for the very elaborate
investigation of complex material behavior with regard to the links between structure,
dynamics and relevant properties of the discussed multifunctional polymer-based
materials on the length and time scales (from Angstroms to micrometers and from
picoseconds to milliseconds, respectively) which are most important for the pene-
trant transport and other relevant processes (e.g., selective transport, separation,
catalysis, biodegradation, sensor applications) of interest. In the present chapter,
molecular modeling tools (i.e., quantum chemistry (QM), atomistic- and mesoscale
modeling) will be in the focus of interest. Consequently, the microscopic properties to
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be related with macroscopically determined transport parameters are, for example,
chain stiffness parameters, free volume and its distribution, mobility measures for
chain segments, energy densities describing interactions of chain segments with
penetrants, microscopic effects of swelling and so on.

Over the last 15 years particularly atomistic molecular modeling methods
have found widespread application in the investigation of small-molecule perme-
ation [2-15].

1.2
Basics of Molecular Modeling of Polymer-Based Membrane Materials

The permeation of small molecules in amorphous polymers is typically following the
solution diffusion model, that is, the permeability P; of a feed component i can be
envisioned as the product of the respective solubility S; and constant of diffusion
D;. Both parameters can be obtained experimentally and in principle also by atomistic
simulations.

The molecular modeling of these polymers typically starts with the construction
of normally rectangular packing models. There, the related chain segments of the
respective polymer will be arranged in realistic, that is, statistically possible, way.
To do this, first the involved atoms are considered to be spheres of the respective
atomic radius R; (as obtainable from QM) and atomic weight m;. The bonded
interactions between atoms resulting in bonds, bond angles and conformation
angles are then described by mechanic springs or torsion rods with spring
constants related to, for example, experimentally known bond strengths. So-called
nonbond interactions between atoms that either belong to different molecules or
that in one and the same molecule are further apart from each other than about
three bonds are considered via, for example, Lennard-Jones (to describe van der
Waals interactions) and Coulomb potentials (to describe electrostatic interactions).
The sum of all interatomic interactions written as the potential energy of a packing
model is then called a forcefield. Forcefields form the core of all atomistic
molecular modeling programs. Equation 1.1 shows the principal structure of a
typical forcefield for a system of N atoms with the Cartesian atomic position
vectors 7.

V(E Ty nfy) = Y. K(-l)’+ > Ke(0-6)

Covalent bonds Bond angles

+ Y Ky[l+cos(ng—3)] (1.1)

Dihedral angles

@\ (b, 49
* 2 22 ) 7\ ) T e
nonbonded atom pairs i,j ] Y 0%r Ty

with the following parameters:
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I =actual length of a bond

lo =length of a bond in equilibrium

Ky, = force constant for a bond length deformation

© =actual value for a bond angle

©o = value for a bond angle in equilibrium

Kg = force constant for a bond-angle deformation

¢ =actual value for a conformation angle

n = periodicity parameter in a conformation potential

d =constant to fix trans-state in a conformation potential

K, =force constant for a conformation potential

R;; = distance between atoms i and j with (j—1i) >3

a;; = constant describing repulsive interactions in the Lennard-Jones Potential
b; = constant describing attractive interactions in the Lennard-Jones Potential
q; = partial charge of the ith atom

€, =vacuum permittivity

e, =dielectric constant.

The parameters lp, Ky, ©o, Ko, Ky n, 9, aij, by, g, g and & belong to
the fit parameters, which can be determined by fitting of Equation 1.1 to a sufficient
set of data calculated by QM and/or determined experimentally (e.g., X-ray scattering,
IR spectroscopy, heats of formation). From a numeric point of view the pair
interaction terms (van der Waals and Coulomb) are most demanding. In this
connection the typical size of polymer packing models is limited to typically
3000-10 000 atoms (leading to lateral sizes of bulk models of a few nm), although
in other connections now also models with up to 100 000 atoms have been used.

Forcefields may be utilized in two directions:

Model systems can be, on the one hand, subjected to a static structure optimiza-
tion. There, the fact is considered that the potential energy of a relaxed atomistic
system (cf. Equation 1.1) should show a minimum value. Static optimization then
means that by suited numeric procedures the geometry of the simulated system is
changed as long as the potential energy reaches the next minimum value [16]. In the
context of amorphous packing models, the main application for this kind of
procedure is the reduction of unrealistic local tensions in a model as a prerequisite
for later molecular dynamic (MD) simulations.

It is, on the other hand, possible to use the potential energy of a model system as
described by Equation 1.1 to calculate the forces ﬁi acting on each atom of the model
via the gradient operation:

o OV(F, 7y s Ty)
F=—— 120N 1.2
: e (12)
Then, Newton’s equations of motion can be solved for every atom of the investigated
system:

d*7 ()
di?

-
Fi:m,'

(1.3)
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The necessary starting positions 7;(0)of the atoms are in the given case usually
obtained from methods of chain-packing procedures (see below). The starting
velocities 7;(0) of all atoms are assigned via a suited application of the well-known
relation between the average kinetic Ey;, energy of a polyatomic system and its
temperature T:

N

1 3N-6

Ekin=§ zmivizz 3 k, T (1.4)
i1

kgisthe Boltzmann constant. (3N — 6)isthe number of degrees of freedomofan N-atom
model considering the fact that in the given case the center of mass of the whole model
with its 6 translation and rotation degrees of freedom does not move during the MD
simulation. Using Equations 1.2-1.4 it is then possible to follow, for example, the
motions of the atoms of a polymer matrix and the diffusive movement of imbedded
small penetrant molecules at a given temperature over a certain interval of time.

Equation 1.3 represents a system of usually several thousand coupled differential
equations of second order. It can be solved only numerically in small time steps At via
finite-difference methods [16]. There always the situation at t + At is calculated from
the situation at t. Considering the very fast oscillations of covalent bonds, At must not
be longer than about 1 fs to avoid numerical breakdown connected with problems with
energy conservation. This condition imposes a limit of the typical maximum simula-
tion time that for the above-mentioned system sizes is of the order of several ns. The
limited possible size of atomistic polymer packing models (cf. above) together with
this simulation time limitation also set certain limits for the structures and processes
that can be reasonably simulated. Furthermore, the limited model size demands the
application of periodic boundary conditions to avoid extreme surface effects.

The already mentioned limited lateral dimensions of packing models of just
several nm makes it impossible to simulate complete membranes or other polymer-
based samples. Therefore, on the one hand, bulk models are considered that are
typically cubic volume elements of a few nanometers side length that represent a part
cut out of the interior of a polymer membrane (cf. Figure 1.1). On the other hand
interface models are utilized, for example, for the interface between a liquid feed
mixture and a membrane surface or between a membrane surface and an inorganic
filler (cf. Figure 1.2).

13
Selected Applications

1.3.1
Hard- and Software

The Insightll/MaterialsStudio/Discover software of Accelrys [18, 19] was utilized
for the amorphous packing model construction, equilibration and the atomistic

7
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Figure 1.1 Atomic representation of a typical 3-dimensional
packing model (thickness about 3 A) starting with a single Hyflon
AD60X polymer chain. Atom colors: gray = carbon, red = oxygen,
light blue =fluorine [15].

simulations. In most of the following examples the COMPASS forcefield was
applied [20, 21].

For data evaluation also self-programmed software (mostly in BTCL, Fortran, C)
was applied. Data production runs were performed on a 74 processor Opteron Linux
Cluster, a SGI Origin 2100 and on SGI Onyx workstation.

13.2
Simulation/Prediction of Transport Parameters and Model Validation

The quality of atomistic packing models is typically validated via comparisons
between measured and simulated properties like wide-angle X-ray scattering (WAXS)

- 3 : - %

o

-
g

Figure 1.2 Atomic representation of a surface model of Pebax/30%KET with water [17].



1.3 Selected Applications

curves, densities, transport parameters for small and medium sized penetrants. In
the latter case both validating (if a polymer is already existing and experimentally
characterized) and predictive (if a polymer has not been synthesized yet or if no
transport parameters are available experimentally) applications are possible.

1.3.2.1 Prediction of Solubility Parameters

Here, hitherto in most cases the transition-state method of Gusev and Suter [22, 23]
was utilized to first determine calculated solubility values S, values. There, a fine
3D-grid with a grid spacing of about 0.03 nm is layered over a completely refined
detailed-atomistic amorphous polymer bulk packing model (cf. Figure 1.1). Then a
small virtual test molecule of the intended kind (e.g., O,) in a united atom
representation is inserted in the polymer matrix at each lattice point of the grid.
The resulting nonbonded interaction energy E;,, between the inserted molecule and
the whole polymer matrix is calculated for each position of the respective inserted
molecule. Only the van der Waals interactions are considered, that is, the method
would not work for highly polar penetrants like water. Furthermore, since the
polymer matrix can not locally relax to accommodate larger inserted penetrants it
only works for small molecules (typically just up to O,, N, etc.). From the insertion
energy data via Equation 1.5 the chemical excess potential e, for infinite dilution can
be calculated and converted in the respective solubility using Equation 1.6.

Wex = RT X In < exp(—Eins/kT) > (1.5)

Seare = I%exp (— %) (1.6)
with R being the universal gas constant and Tj and p, being temperature and pressure
under standard conditions (Ty = 273.15 K; po= 1013 x 10° Pa).

Table 1.1 contains typical solubility prediction data for an ultrahigh free-volume
polymer (PTMSP) and a polymer with more conventional transport properties
(PTMSS).

As already mentioned the Gusev—Suter method normally only works for small
penetrant molecules like oxygen or nitrogen. For a long time no really generally
applicable alternative method was available to overcome the problem, but a few years
ago Boulougouris, Economou Theodorou et al. [27, 28] suggested a new inverse
Widom method based on the particle-deletion algorithm “DPD” to overcome this
problem in principle. The related computer code was, however, only applicable to
special, relatively simple model systems. Based on DPD also a generalized version of
this algorithm was presented in the literature [29] permitting the calculation of
solubility coefficients for molecules as large as, for example, benzene in polymers for
which reasonable forcefield parameters exist. Table 1.2 contains solubility data for a
number of penetrants of different size in PDMS obtained in this way.

1.3.2.2 Prediction of Diffusion Constants
The following description again follows the already quoted papers of Gusevand Suter.
Using the E;,; values mentioned in the foregoing section, the whole packing model in

9
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Table 1.1 Results of application of the Gusev—-Suter method to the
solubility of N, in PTMSP and PTMSS.

Average simulated

N, solubility Average measured N,
coefficient S, solubility coefficient
Polymer Structure formula [cm3(STP) / (cm3 atm)] Sep [cm3(STP) / (cm3 atm)]
PTMSP 1.16 [24] 1.02 [25]
CH;4
{ c =—=2C ]
’ n
HC Si CH;
CH,
[ CH CH -|
PTMSS [ ’ T 019124 0.18 [26]
H{——Si——=CH,
CH,

question is separated into regions of free volume (low interaction energy) and regions
of densely packed polymer (high interaction energy; cf. Figure 1.3). The borders
between the energetically attractive regions Ej,s(x, y, 2) around the resulting local
insertion energy minima are given as crest surfaces of locally maximum insertion
energy. In the two-dimensional analogy of a cratered landscape a minimum energy
region would be represented by a crater, while the crest surface of locally maximum
insertion energy would be reduced to the crest line separating one crater from the
adjacent ones. From this identification of energetically separated sites where a
penetrant would typically sit (approximately the centers of holes) and jump proba-
bilities between adjacent sites (which can be calculated by proper integration over the
mentioned crest lines and “craters” of the insertion energy function Ej,s(x, y, 2) an
efficient Monte Carlo simulation method for the jump-like diffusion of small
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Table 1.2 Results of application of a generalized DPD method to different penetrants in PDMS.

scalc sexp
Solute [cm?(STP)cm 2bar ] [cm?(STP)cm 2bar ']
Oxygen 0.32% 0.224"
Nitrogen 0.13* 0.127°
Acetone 69 33-66°
Benzene 495% 275-624%
%129, 30].
b31).
‘32].
933).

molecules in a polymer matrix can be developed (cf. Figure 1.4). With this algorithm
the simulation range can almost extend in the ms range. That is, in most cases the
normal diffusive regime can be reached and the respective constant of diffusion D;
can be obtained via the Einstein equation from the slope of the mean squared
displacement s;(#):

50 = ([F0)-T0)F) (1.7)

(1.8)

Here, 7,(t)is the position vector of penetrant i and <> is the average over all possible
time origins t =0 and all simulated trajectories of a penetrant of a given kind. Again,
as with the solubilities the Gusev—Suter method can only handle small penetrants in
this way, because the respective polymer matrix cannot conformationally adjust to
larger penetrants. Table 1.3 contains a comparison between experimental and

Figure 1.3 Free volume for a perfluorinated polymer in red
indicating into the densely packed polymer.

1
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o

Figure 1.4 Jump-like diffusion of oxygen molecules in a perfluorinated polymer matrix.

calculated values, Dey, and Dy, respectively for a number of gases in PTMSP. Here,
for methane and carbon dioxide it has to be considered that these molecules are
normally already too large to lead to reasonable results with the Gusev—Suter method.

In comparing simulated and experimentally measured transport parameters
one has to be aware that experimental data in the literature depending, for example,
on sample preparation conditions and the chosen measurement methodology can
show a considerable scatter, often reaching a factor of two or even more. It is, for
example well-known that polyimides often contain residual solvent filling a part of the
free volume and thus leading to systematically lower S and D values from experi-
ments than from simulations [34].

133
Permeability of Small Molecules and Free-Volume Distribution

The distribution of free volume in amorphous polymers is of paramount importance
for the respective material’s transport behavior towards small and medium-sized
penetrants.

Table 1.3 Results of application of the Gusev—Suter method for
the diffusion constants of different penetrants in PTMSP.

Solute Deac [107° cm?/s] Do, [10° cm?[s]
Nitrogen 7.7% 3.50°

Oxygen 7.5 4.66

Methane 8.2% 2.64°

Carbon dioxide 9.2% 8.02°

“124).

b2s).
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While in rubbery polymers differences in the segmental mobility can be more
important than differences in the free-volume distribution for glassy polymers often
certain basic correlations can be found between the permeability of small molecules
and free-volume distribution. Other important factors are the molecular mobility of
chain segments and the local chemical composition.

Experimentally, the free-volume distribution can be best characterized with
positron annihilation lifetime spectroscopy (PALS). There, in organic glasses or-
tho-positronium (o0-Ps) which has a lifetime of 142ns in vacuo shows a strong
tendency to localize in heterogeneous regions of low electron density (holes). In
polymeric materials the vacuum lifetime is cut short via the “pick-off” mechanism,
where o-Ps prematurely annihilates with one of the surrounding bound electrons.
This lifetime can (under certain assumptions) be converted in an average hole radius
[35, 36], while the intensity of the lifetime signal may permit conclusions about the
overall contents of free volume. There are, however, a number of shortcomings with
common PALS methodology. Often, the holes forming the free volume are assumed
to be just spheres and the shape of calculated hole radius distribution peaks is set to
Gaussian. Furthermore, positrons in their limited lifetime seem not to be capable of
probing large holes of complex topology (cf. in particular PTMSP and other ultrahigh
free-volume polymers) [24, 37]. Finally the size of the positronium molecule does
only permit probing of the accessible free volume for molecules about the size of
hydrogen.

Atomistic molecular modeling utilizing bulk models on the other hand can provide
additional even more detailed information about free-volume distributions in
amorphous polymers. In this way, glassy polymers, where individual differences
in chain segment mobility do not have an as distinct influence on transport properties
than in rubbery polymers, can be roughly grouped into three classes regarding their
small molecule permeability, as will be outlined in the following for the example of

oxygen.

1.3.3.1 Examples of Polymers with Low Permeability of Small Molecules

(e.g., PO, < 50 Barrer)

Figure 1.5(a) shows as a typical example a computer-tomography-like atomic mono-
layer representation of a bulk model for diisopropyldimethyl PEEK WC (DIDM-
PEEK). In this case the oxygen-accessible free volume is obviously organized in
relatively small isolated holes and the respective size distribution (cf. Figure 1.5(b)) is
monomodal and extending only to hole radii of about 5 A.

1.3.3.2 Examples of Polymers with High Permeability of Small Molecules

(e.g., 50 Barrer < PO, <200 Barrer)

Similarly to Figure 1.5(a), Figure 1.6(a) displays an atomic monolayer representation
for a so-called high-performance polymer (here PPrSiDPA with a PO, of 230 Barrer
[38]). Already in this view larger holes are visible than for the case of low-performance
polymers (cf. Figure 1.5(a)) and the hole-size distribution (Figure 1.6(b)) reveals a
much wider range of radii (here extending to 10 A and being bi-modal). This situation
is quite typical for polymers with high gas transport capacity. A more systematic study

13
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PO, = 12 Barrer
(b)
0.007 T T T T

0.0086

0.005 M

0.004
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0.001 |

% 2 4 6 8 10

Radius of subst. sphere [A]
Figure1.5 (a) Atomic monolayer representation (thickness about
3 A) of a typical packing model and structure formula for
DIDMPEEK. (b) Hole-size distribution for the packing model
shown in Figure 1.5(a).

on polyimides [34] did, for example, reveal that the major difference between low-
performance and high-performance polyimides with about the same overall contents
of free volume lies in the distribution of the (e.g., oxygen) accessible free volume.
Low-performance polyimides show just a monomodal distribution extending up to
about 5 A, while high-performance polyimides behave more or less similar to the
example illustrated in Figure 1.6.

1.3.3.3  Examples of Polymers with Ultrahigh Permeability of Small Molecules

(e.g., PO, > 1000 Barrer)

Figure 1.7 then shows respective data for an ultrahigh free-volume and performance
polymer, Teflon AF2400 of DuPont (PO, = 1140 Barrer; [39]). One can recognize that
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(HC), HO—5 CHICH;),

CHICHy),

PO, = 230 Barrer

0.015 : : : :
PPrSiDPA
o010} ] J
i
L
0.005 } 1
0000 5 10 15 20 25

Cavity radius of FVE [A]

Figure 1.6 (a) Atomic monolayer representation (thickness about
3 A) of a typical packing model and structure formula for
PPrSiDPA. (b) Hole-size distribution for the packing model shown
in Figure 1.6(a).

in this case there is “conventional” free volume organized in isolated holes in the
radius range below 10 A existing in parallel with a partly continuous phase of much
larger holes that in this case are visible as a peak between 15 and 20 A. The effect is
even more pronounced for PTMSP, the polymer of this kind with the highest oxygen
permeability so far measured (about 9000 Barrer; [38]). There, the continuity for the
large-hole phase is more clearly visible already in atomic monolayer representations
of respective packing models [37] and the ratio between the area under the
“conventional” free-volume peak and the continuous hole phase peak in the hole-
size distribution is even smaller than for Teflon AF2400.

The fact that for the mentioned ultrahigh free-volume polymers the continuous
hole-phase peak appears at rather limited values is related with the limited size of the

15
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n=0.83
PO, = 1140 Barrer

Teflon AF2400
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Figure 1.7 (a) Atomic monolayer representation of a typical
packing model and structure formula for Teflon AF2400. (b) Hole-
size distribution for the packing model shown in Figure 1.7(a).

investigated models (45-50 A) while the thickness of real polymer membranes can
extend into the micrometer range.

1.4
Summary

Atomistic molecular modeling techniques have proven to be a very useful tool for the
investigation of the structure and dynamics of dense amorphous membrane poly-
mers and of transport processes in these materials. By utilizing these methods,
information can be obtained that is not accessible by experimental means.
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Polymeric Membranes for Molecular Separations
Heru Susanto and Mathias Ulbricht

2.1
Introduction

In this chapter we describe the state-of-the-art and the challenges in preparation and
manufacturing of polymeric membranes for molecular separations in liquid phase.
The processes include separation of aqueous solutions, that is, pressure-driven
desalination using reverse osmosis and nanofiltration, fractionations of small and
larger molecules using ultrafiltration and removal of organic substances by perva-
poration (e.g., for shifting equilibria for (bio)chemical reactions). Separations in
nonaqueous organic systems such as pervaporation and nanofiltration will also be
covered. The preparation of charged membranes for electromembrane processes is
another important application area for special polymers. Surface modification of
membranes has become an important tool to reduce fouling or increase biocompati-
bility, but it can also be used to change membrane selectivity by combining separation
mechanisms (e.g., based on size and charge).

2.2
Membrane Classification

Synthetic membranes for molecular liquid separation can be classified according to
their selective barrier, their structure and morphology and the membrane material.
The selective barrier— porous, nonporous, charged or with special chemical affinity —
dictates the mechanism of permeation and separation. In combination with the
applied driving force for transport through the membrane, different types of
membrane processes can be distinguished (Table 2.1).

Selective barrier structure. Transport through porous membranes is possible by
viscous flow or diffusion, and the selectivity is based on size exclusion (sieving
mechanism). This means that permeability and selectivity are mainly influenced by
membrane pore size and the (effective) size of the components of the feed: Molecules

Membrane Operations. Innovative Separations and Transformations. Edited by Enrico Drioli and Lidietta Giorno
Copyright © 2009 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim
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Table 2.1 Overview of main polymer membrane characteristics
and membrane-based processes for molecular separations

in liquid phase.
Transmembrane gradient

Selective Typical Concentration Pressure Electrical
barrier structure difference difference potential
Nonporous anisotropic, Pervaporation Reverse Osmosis

thin-film Nanofiltration

composite
Microporous anisotropic, Dialysis Nanofiltration Electrodialysis
dy<2nm thin-film

composite
Non- or isotropic Dialysis Electrodialysis
microporous,
with fixed charge
Mesoporous anisotropic, Dialysis Ultrafiltration Electro-
dy=2...50nm isotropic ultrafiltration

track-etched
Carrier in immobilized  Carrier-mediated
liquid in isotropic separation

porous

membrane
Affinity ligand in  isotropic,
solid matrix anisotropic

with larger size than the largest membrane pore will be completely rejected, and
molecules with smaller size can pass through the barrier; the Ferry—Renkin model
can be used to describe the effect of hindrance by the pore on rejection in
ultrafiltration (UF) [1]. Transport through nonporous membranes is based on the
solution-diffusion mechanism [1, 2]. Therefore, the interactions between the per-
meand and the membrane material dominate the mass transport and selectivity.
Solubility and chemical affinity on the one hand, and the influence of polymer
structure on mobility on the other hand serve as selection criteria. However, the
barrier structure may also change by uptake of substances from the feed (e.g., by
plastification), and in those cases real selectivities can be much lower than ideal ones
obtained from experiments using only one component in the feed or at low feed
activities. Separation using charged membranes, either nonporous (swollen gel) or
porous (fixed charged groups on the pore wall), is based on charge exclusion (Donnan
effect; ions or molecules having the same charge as the fixed ions in the membrane
will be rejected, whereas species with opposite charge will be taken up by and
transported through the membrane). Therefore, the kind of charge and the charge
density are the most important characteristics of these membranes [1]. Finally,
molecules or moieties with special affinity for substances in the feed are the basis for
carrier-mediated transport through the membrane; very high selectivities can be
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achieved; the diffusive fluxes are higher for (immobilized) liquid membranes than
for polymer-based fixed-carrier membranes [1].

Concentration polarization can dominate the transmembrane flux in UF, and
this can be described by boundary-layer models. Because the fluxes through
nonporous barriers are lower than in UF, polarization effects are less important
in reverse osmosis (RO), nanofiltration (NF), pervaporation (PV), electrodialysis (ED)
or carrier-mediated separation. Interactions between substances in the feed and
the membrane surface (adsorption, fouling) may also significantly influence the
separation performance; fouling is especially strong with aqueous feeds.

Cross-section structure. An anisotropic membrane (also called “asymmetric”) has a
thin porous or nonporous selective barrier, supported mechanically by a much
thicker porous substructure. This type of morphology reduces the effective thickness
of the selective barrier, and the permeate flux can be enhanced without changes in
selectivity. Isotropic (“symmetric”) membrane cross-sections can be found for self-
supported nonporous membranes (mainly ion-exchange) and macroporous micro-
filtration (MF) membranes (also often used in membrane contactors [1]). The only
example for an established isotropic porous membrane for molecular separations is
the case of track-etched polymer films with pore diameters down to about 10 nm.
All the above-mentioned membranes can in principle be made from one material.
In contrast to such an integrally anisotropic membrane (homogeneous with respect
to composition), a thin-film composite (TFC) membrane consists of different
materials for the thin selective barrier layer and the support structure. In composite
membranes in general, a combination of two (or more) materials with different
characteristics is used with the aim to achieve synergetic properties. Other examples
besides thin-film are pore-filled or pore surface-coated composite membranes or
mixed-matrix membranes [3].

Membrane materials. Polymeric membranes are still dominating a very broad
range of industrial applications. This is due to their following advantages: (i) many
different types of polymeric materials are commercially available, (ii) a large variety of
different selective barriers, that is, porous, nonporous, charged and affinity, can be
prepared by versatile and robust methods, (iii) production of large membrane area
with consistent quality is possible on the technical scale at reasonable cost based on
reliable manufacturing processes, and (iv) various membrane shapes (flat sheet,
hollow-fiber, capillary, tubular, capsule; Figure 2.1) and formats including membrane
modules with high packing density can be produced. However, membrane polymers
also have some limitations. A very well-defined regular pore structure is difficult to
achieve, and the mechanical strength, the thermal stability and the chemical resis-
tance (e.g., at extreme pH values or in organic solvents) are rather low for many
organic polymers. In that regard, inorganic materials can offer some advantages,
such as high mechanical strength, excellent thermal and chemical stabilities, and in
some cases a very uniform pore shape and size (e.g., in zeolites). However, some
inorganic materials are very brittle, and due to complicated preparation methods and
manufacturing technology, the prices for many inorganic membranes (especially
those for molecular separations) are still very high. An overview of inorganic
membranes for separation and reaction processes can be found elsewhere [4, 5].

21



22 | 2 Polymeric Membranes for Molecular Separations

= aw O QO

isotropic anisotropic isotropic anisotropic anisotropic
“inside” “outside”
flat sheet hollow fiber

Figure 2.1 Polymeric membrane shapes and cross-sectional
structures. Tubular membranes are similar to flat sheet
membranes because they are cast on a macroporous tube as
support. Capillary membranes are hollow fibers with larger
diameter, that is, >0.5 mm.
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Membrane Polymer Characteristics

2.3.1
Polymer Structure and Properties

Polymers for membrane preparation can be classified into natural and synthetic ones.
Polysaccharides and rubbers are important examples of natural membrane materials,
but only cellulose derivatives are still used in large scale for technical membranes. By
far the majority of current membranes are made from synthetic polymers (which,
however, originally had been developed for many other engineering applications).
Macromolecular structure is crucial for membrane barrier and other properties; main
factors include the chemical structure of the chain segments, molar mass (chain
length), chain flexibility as well as intra- and intermolecular interactions.

Macromolecule chain flexibility is affected by the chemical structure of the main
chain and the side groups. A macromolecule is flexible when unhindered rotation
around single bonds in the main chain is possible. This flexibility can be reduced by
several means, for example, by introducing double bonds or aromatic rings in the
main chain, by forming ladder structures along the main chain or by incorporation of
bulky side groups. Even larger effects with respect to the possible macroconforma-
tions can be imparted by changes of the chain architecture, that s, the transition from
linear to branched or network structures. Polymer molar mass and its polydispersity
have an influence on chemical and physical properties via the interactions between
chain segments (of different or even the same molecule), through noncovalent
binding or entanglement. For stability, high molar mass is desirable because the
number of interaction sites increases with increasing chain length. However, the
solubility will decrease with increasing molar mass.

The preceding structural characteristics dictate the state of polymer (rubbery vs.
glassy vs. semicrystalline) which will strongly affect mechanical strength, thermal
stability, chemical resistance and transport properties [6]. In most polymeric mem-
branes, the polymer is in an amorphous state. However, some polymers, especially
those with flexible chains of regular chemical structure (e.g., polyethylene/PE/,
polypropylene/PP/or poly(vinylidene fluoride)/PVDEF/), tend to form crystalline
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domains. This will lead to higher mechanical stability (high elastic modulus) as well
as higher temperature and chemical resistance than for the same polymer in
amorphous state, but the free volume (and hence permeability) will be much smaller.
For semicrystalline polymers, the melting temperature (T,,,) is important, because at
this temperature a transition between crystalline and liquid state will occur. The glass
transition temperature (Ty) is a much more important parameter to characterize
amorphous polymers, because at this temperature a transition between solid (glass)
and supercooled melt (rubber) takes place. In the glassy state molecules are frozen,
therefore, chain mobility of a polymer is very limited. Heating this polymer over its T,
leads to a much more mobile and more flexible state, with lower elastic modulus and
higher permeability. So-called “glassy polymers” have a T, beyond room temperature,
and “rubbery polymers” (or elastomers) have a T, below room temperature. Polymer
selection will be more important for membranes with nonporous selective barrier,
because flux and selectivity depend on the solution-diffusion mechanism. For
membranes with a porous selective barrier, the mechanical stability will be crucial
to preserve the shape and size of the pores.

Block- or graft copolymers, which contain two or more different repeating units
within the same polymer chains, are often used instead of homopolymers in order to
obtain high-performance polymeric membranes; the overriding aims are synergies
between properties of the different components. In addition, blending of polymers or
copolymers is also performed. In these cases, compatibility and miscibility of
both (co)polymers in one solvent are required in order to get a homogenous solution
(cf. Section 2.4.2). The resulting solid membrane can be a homogenous polymer
blend, as indicated by one T value between those for the two (co)polymers.
A heterogeneous (phase separated) polymer blend will be characterized by two
(or more) T, values for the individual phases. Extensive existing knowledge from
polymer blending can also be adapted to membrane preparation [7].

Chemical or physical cross-linking of the polymer is applied in order to control
membrane swelling, especially for separations of organic mixtures. In addition, this
can also enhance mechanical strength as well as chemical stability of a membrane.
However, crosslinking decreases polymer solubility, therefore it is often done after
membrane formation (cf. Sections 2.4-2.6).

The hydrophilicity-hydrophobicity balance of the membrane polymer is another
important parameter that is mainly influenced by the functional groups of the polymer.
Hydrophilic polymers have high affinity to water, and therefore they are suited as a
material for nonporous membranes that should have a high permeability and selectivity
for water (e.g., in RO or hydrophilic PV). In addition, hydrophilic membranes have
been proven to be less prone to fouling in aqueous systems than hydrophobic materials.

232
Membrane Polymer Selection

2.3.2.1 Polymers for Porous Barriers
The selection of the polymer for a porous membrane is based on the requirements
of the manufacturing process (mainly solubility for controlled phase separation;
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cf. Section 2.4.2), and the behavior and performance under application conditions.
The following material properties are important to be considered:

(i) Film-forming properties indicate the ability of a polymer to form a cohesive

(ii

(iii

)

)

-

film, and the macromolecular structure, especially molar mass and attractive
interactions between chain segments, is crucial in this regard (cf. Section 2.3.1).
Poly(ether sulfones) (PES), polysulfones (PSf), polyamides (PA) or polyimides
(PI) are examples for excellent film-forming materials [8].

Mechanical properties involve film strength, film flexibility and compaction
stability (especially of a porous structure). The latter is most important for
high-pressure processes (e.g., for the porous substructure of an integrally
anisotropic RO membrane). Because hollow fiber membranes are self-
supporting, the mechanical stability will be especially relevant. Many
commercial flat-sheet membranes are prepared on a nonwoven support
material (Figure 2.2).

Thermal stability requirements depend very much on the application. In order to
ensure the integrity of a pore structure in the nanometer dimension, the T, of the
polymer should be higher than the process temperature.

Chemical stability requirements include the resistance of the polymer at extreme
pH values and other chemical conditions. Cleaning agents such as strong acids
or bases, or oxidation agents are usually used to clean a fouled membrane. The
stability in special solvents is also important in selected cases, that is, when
processes with nonaqueous mixtures are considered.

(v) The hydrophilicity—hydrophobicity balance correlates with the wettability of

the material. This can be important in order to use all the pores in UF, or

Figure 2.2 SEM micrograph of a microtome cross-section of a
porous polymer membrane with an anisotropic structure on a
nonwoven as mechanical support (reprinted from [9], with
permission from Wiley-VCH, 2006).
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when a porous membrane is applied as a contactor between a liquid and a
gas phase, and the phase boundary is stabilized because the liquid will not wet
the dry pores of the membrane. With aqueous liquid phases, the first case
will require a more hydrophilic (e.g., polyacrylonitrile, PAN), and the second
case a hydrophobic membrane polymer (e.g., PP). Surface wettability is also
critical for fouling; cellulose is an excellent example of a hydrophilic polymer
as material for low fouling UF membranes. Nevertheless, hydrophobic
polymers, for instance PVDF or PES, show better chemical and thermal
stability.

Considering all the above criteria, PSf, PES, PAN, PVDF and cellulose-based
polymers (cellulose acetates/CA/and regenerated cellulose) are mostly used for
commercial UF membranes (see also Section 2.6.1).

2.3.2.2 Polymers for Nonporous Barrier

The separation performance of membranes with nonporous barriers is — because of
the transport via solution-diffusion (cf. Section 2.2) — predominantly influenced by
the polymer material itself. Therefore, the material selection is directly related to the
intrinsic (bulk) properties of the polymer, but — as for porous membranes — film-
forming properties, mechanical and thermal stability form the basis of applicability
(cf. Section 2.3.2.1). The following characteristics should be considered:

(i) Glassy or rubbery state of the polymer. Thermal analysis to know the T, value is

(iii
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essential. The state of the nonporous polymer will determine the available free
volume and the segmental mobility, and those have a decisive influence on the
diffusion of molecules through the polymer. Size-based diffusion selectivity will
only be possible with polymers in the rigid amorphous state.

Free volume will depend on the interchain distance in the bulk of the polymer.
Somewhat independent of the state (cf. above), pronounced rigidity of the main
chain and very bulky side groups can lead to larger free volume and,
consequently, high permeabilities.

The hydrophilicity—hydrophobicity balance or other more special affinities can lead
to (selective) dissolution (sorption) of molecules in the membrane. When the
membrane is in contact with a liquid feed, swelling can become quite large, and
this effect is often dominant for selectivity (see hydrophilic vs. organophilic PV;
cf. Section 2.6.3).

Chemical stability requirements are similar to those for porous materials.
Cleaning-related instability against active chlorine is a special problem for
PA-based TFC membranes for RO. Due to the increasing number of
nonaqueous applications (especially in PV and NF), polymer resistance to
various organic solvents is gaining particular importance.

CA, PA, PI, poly(vinyl alcohol) (PVA) and polydimethylsiloxane (PDMS) are
examples of selective polymers frequently used for nonporous barriers (see also
Sections 2.6.2, 2.6.3).
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2.3.2.3 Polymers for Charged Barrier

A charged (ion-exchange) membrane is prepared from a polyelectrolyte, that is, a
polymer that contains ionic side groups. An anion exchange membrane contains
fixed positively charged ions (e.g., —~NR,H ", —=NR; "), and this membrane will bind
any anions from the feed stream. A cation exchange membrane contains fixed
negatively charged ions (e.g., —SO3~, —COO™), binding any cation from the feed.
Exclusion of ions with the same charge depends strongly on the fixed-charge density
in the membrane and the electrolyte concentration outside the membrane. The basic
criteria of polymer selection — film-forming properties, mechanical and thermal
stability as well as high chemical stability (extreme pH, oxidizing agents) —are similar
in porous and nonporous membranes (cf. Sections 2.3.2.1and 2.3.2.2). The following
more specific important properties for ion-exchange membranes should be consid-
ered in addition:

(i) High charge density is the basis for high permselectivity. An ion-exchange
membrane should be highly permeable to counterions for the fixed ions, but
should be impermeable to co-ions (same charge as fixed ions).

(ii) Low electrical resistance is achieved when the permeability of an ion-exchange
membrane for the counterions with an electrical potential gradient as the driving
force is high.

(iii) Controlled swellingand low susceptibility to changes in external salt concentration
are essential in order to keep charge density (and hence permselectivity) high,
and are thus the basis for sufficient stability and constant separation
performance. Due to the high affinity of polyelectrolytes to water, swelling is
strong in ion-exchange membranes. To limit excessive swelling, chemical
crosslinking is usually performed. An alternative are phase-separated
polymers with ion-exchange clusters continuously distributed in a
continuous hydrophobic phase.

Perfluorosulfonic acid polymers, for example, Nafion, or ionic and cross-linked
polystyrene derivatives, are the best known examples of ion-exchange membrane
materials (see also Section 2.6.4).

24
Membrane Preparation

24.1
Track-Etching of Polymer Films

Membranes with very regular pores of sizes down to around 10 nm can be prepared
by track-etching [10], and, in principle, those membranes can be used for the
fractionation of macromolecules in solution. A relatively thin (<35um) polymer
film (typically from poly(ethylene terephthalate)/PET/or aromatic polycarbonate/PC/)
is first bombarded with fission particles from a high-energy source. These particles
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pass through the film, breaking polymer chains and creating damaged “tracks.”
Thereafter, the film is immersed in an etching bath (strong acid or alkaline), so that the
film is preferentially etched along the tracks, thereby forming pores. The pore density
is determined by irradiation intensity and exposure time, whereas etching time
determines the pore size. The advantage of this technique is that uniform and
cylindrical pores with very narrow pore-size distribution can be achieved. In order
to avoid the formation of double or multiple pores, produced when two nuclear tracks
are too close together, the membrane porosity is usually kept relatively low, that is,
typically less than 10%.

242
Phase Separation of Polymer Solutions

Polymer membranes by phase separation. The method is often called “phase inversion,”
but it should be described as a phase-separation process: a one-phase solution
containing the membrane polymer is transformed by a precipitation/solidification
process into two separate phases (a polymer-rich solid and a polymer-lean liquid
phase). Before the solidification, usually a transition of the homogeneous liquid into
two liquids (liquid-liquid demixing) occurs. The “proto-membrane” is formed from
the solution of the membrane polymer by casting a film on a suited substrate or by
spinning through a spinneret together with a bore fluid. Based on the way the
polymer solution is solidified, the following techniques can be distinguished:

(i) Nonsolvent-induced phase separation (NIPS) — the polymer solution is immersed
in a nonsolvent coagulation bath (typically water); demixing and precipitation
occur due to the exchange of solvent (from polymer solution) and nonsolvent
(from coagulation bath), that is, the solvent and nonsolvent must be miscible.

(ii) Vapor-induced phase separation (VIPS) — the polymer solution is exposed to an
atmosphere containing a nonsolvent (typically water); absorption of nonsolvent
causes demixing/precipitation.

=

(iii) Evaporation-induced phase separation (EIPS) — the polymer solution is madeina
solvent or in a mixture of a volatile solvent and a less volatile nonsolvent, and
solvent is allowed to evaporate, leading to precipitation or demixing/
precipitation.

(iv) Thermally induced phase separation (TIPS) — a system of polymer and solvent is
used that has an upper critical solution temperature; the solution is cast or spun
at high temperature, and cooling leads to demixing/precipitation.

By far the majority of polymeric membranes, including UF membranes and
porous supports for RO, NF or PV composite membranes, are produced via phase
separation. The TIPS process is typically used to prepare membranes with a
macroporous barrier, that is, for MF, or as support for liquid membranes and as
gas-liquid contactors. In technical manufacturing, the NIPS process is most fre-
quently applied, and membranes with anisotropic cross-section are obtained. Often,
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post-treatment:
polymer rinsing, annealing, drying, etc.
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Figure 2.3 Schematic depiction of the continuous manufacturing
process of polymeric membranes by the NIPS process.

the time before contact with the coagulation bath is used to “fine tune” membrane
pore structure; some of these processes can thus be described as combinations of
VIPS followed by NIPS.

Integrally anisotropic polymer membranes via NIPS process. The cross-sectional
structure of an anisotropic membrane is crucial in order to combine the desired
selectivity (by a barrier with pores in the lower nm range or by a nonporous polymer)
with high fluxes: the top layer acts as a thin selective barrier and a porous sublayer
provides high mechanical strength. Such integrally “asymmetric” membranes were
first discovered by Loeb and Sourirajan [11]. This finding was the first breakthrough
for commercial membrane technology, that is, such RO membranes from CA
showed much higher fluxes than the previously produced ones from the same
polymer. This method involves (Figure 2.3): (1) polymer dissolution in single or
mixed solvent, (2) casting the polymer solution as a film (“proto-membrane”) on
suited substrate (or spinning as free liquid film, for hollow fiber), (3) precipitation by
immersion in a nonsolvent coagulation bath, and (4) post-treatments such as rinsing,
annealing and drying. The membranes resulting from this process have typically a
very thin (<1 um, often even less than 100 nm) top skin layer (selective barrier), which
is either nonporous or porous (Figure 2.4).

The selection of the materials and the discussion of mechanisms for phase
separation are based on ternary phase diagrams with the three main components
polymer, solvent and nonsolvent; a pronounced miscibility gap (instable region) is an
essential precondition. Besides thermodynamics aspects, the onset and rate of
precipitation in the liquid film (both are different depending on the distance to the
plane of first contact with the coagulation bath) are also important; the mass transfer
(nonsolvent in-flow, and solvent out-flow) can have tremendous influence. Two
mechanisms are distinguished: (i) instantaneous liquid-liquid demixing, which will
resultin a porous membrane, (ii) delayed onset of liquid-liquid demixing, which can
resultin amembrane with a nonporous barrier skin layer [2]. The rate of precipitation
decreases from the top surface (in most cases, this plane of first contact with the
coagulation bath will be the barrier in the final membrane) to the bottom surface of
the cast film. As precipitation slows down, the resulting pore sizes increase because
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Figure 2.4 SEM micrograph of a cross-section of a hollow-fiber
dialysis membrane (Polyflux, Gambro) with an anisotropic
structure and macrovoids in the support layer (left), and details of
the inner porous separation layer in two different magnifications
(right; reprinted from [12], with permission from Wiley-VCH,
2003).

the two phases have more time to separate. In practice, most systems for membrane
preparation contain more than three components (e.g., polymer blends as materials
and solvent mixtures for casting solution and coagulation bath). Consequently, the
mechanisms can be very complex and are still under intense scientific investigation
and discussion [13, 14]. Important variables to control membrane characteristics will
be outlined below.

Characteristics of the casting solution. Most important is the selection of a suitable
solvent for the polymer, that is, the strength of mutual interactions is inversely
proportional to the ease of precipitation by the nonsolvent (cf. below). Polymer
concentration also plays a vital role to determine the membrane porosity. Increasing
polymer concentration in the casting solution leads to a higher fraction of polymer
and consequently decreases the average membrane porosity and pore size. In
addition, increasing the polymer concentration could also suppress macrovoid
formation and enhance the tendency to form sponge-like structure. However, this
can also increase the thickness of the skin layer. Even though details depend on the
properties of the membrane polymer, UF membranes can be obtained within a range
of polymer concentrations of 12-20wt%, whereas RO membranes are typically
prepared from casting solutions with polymer concentrations >20 wt% (in order to
increase salt rejection, a thermal annealing step is often added to the manufacturing
scheme).

Solvent/nonsolvent system. The solvent must be miscible with the nonsolvent (here
an aqueous system). An aprotic polar solvent like N-methyl pyrrolidone (NMP),
dimethyl formamide (DMF), dimethyl acetamide (DMAc) or dimethylsulfoxide
(DMSO) is preferable for rapid precipitation (instantaneous demixing) upon immer-
sion in the nonsolvent water. As a consequence, a high porosity anisotropic

29



30

2 Polymeric Membranes for Molecular Separations

membrane can be achieved. For slow precipitation, yielding low porosity or nonpo-
rous membrane, solvents having a relatively low Hildebrand solubility parameter
[15], like tetrahydrofuran (THF) or acetone are preferable.

Additives. For certain purposes, additive or modifier is added in the casting
solution. Indeed, this additive can determine the performance of the ultimate
membrane and is often not disclosed for commercial membranes. Usually, additives
include (i) cosolvent with relatively high solubility parameter (such a solvent can slow
down the precipitation rate, and higher rejection is achieved), (i) pore-forming
agents such as poly(vinyl pyrrolidone) (PVP) or poly(ethylene glycol) (PEG) (these
hydrophilic additives can enhance not only membrane pore size but also membrane
hydrophilicity; at least partially, these polymers form stable blends with membrane
polymers such as PSfor PES), (iii) nonsolvent (should be added only in such amounts
that demixing of the casting solution does not occur; promotes formation of a more
porous structure and could also reduce macrovoid formation), (iv) addition of cross-
linking agent into casting solution (is less frequently used, but could also reduce
macrovoid formation).

Characteristics of coagulation bath. The presence of a fraction of solvent in the
coagulation bath can slow down the liquid-liquid demixing rate. Consequently, a less
porous barrier structure should be obtained. However, the opposite effect can also
occur, that is, addition of solvent can decrease polymer concentration (in the proto-
membrane) leading to a more open porous structure. The amount of the solvent to be
added strongly depends on the solvent—nonsolvent interactions. As the mutual
affinity of solvent and nonsolvent increases, more solvent is required to achieve an
effect on the membrane structure. For example, in preparation of CA membranes,
the content of solvent needed in a coagulation bath for a DMSO/water system is
higher than for a dioxan/water system. Instantaneous demixing resulting in a porous
structure can be obtained by better miscibility between solvent and nonsolvent. In
contrast, a less miscible solvent/nonsolvent combination results in a more nonpo-
rous structure. Furthermore, addition of solvent into a coagulation bath could also
reduce the formation of macrovoids leading to the desired, more stable sponge-like
structure of the supporting layer.

Exposure time of proto-membrane before precipitation. The effect of exposure to
atmosphere before immersion is dependent on the solvent property (e.g., volatility,
water absorption) and atmosphere property (e.g., temperature, humidity). This step
(i-e., combination of EIPS or VIPS with NIPS; cf. above) has significant effects on the
characteristics of the skin layer and the degree of anisotropy of the resulting
membrane [14].

243
Composite Membrane Preparation

Composite membranes combine two or more different materials with different
characteristics to obtain optimal membrane performance. Basically, the preparation
involves: (i) preparation of porous support that is usually made by a phase-separation
process (cf. Section 2.4.2), and (ii) deposition of a selective barrier layer on this porous
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support. A number of methods are currently used for manufacturing asymmetric
composite membranes, which will be briefly discussed below [16, 17].

(i) Laminating. An ultrathin film is cast and then laminated to a (micro)porous
support. This method has been used for preparing early RO membranes for
water desalination [18].

Dip-coating of a polymer solution onto a support microporous support is
followed by drying, or a reactive prepolymer is applied and IR radiation is
used for curing. As aresult, a thin layer of the coated polymer on the substrate is
obtained. In some cases, crosslinking is done during curing to increase
mechanical or chemical stability. Two problems are often observed, that is,
penetration of the dilute coating solution into the pores of the support and

Py
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=

=

formation of defective coatings. The first problem can be reduce by precoating
the support with a protective layer from a hydrophilic polymer, such as
polyacrylic acid or by filling the pores with a wetting liquid such as water or
glycerin. The latter problem can be reduced by introducing an intermediate layer
between the selective polymer film and the porous substrate.

(iii) Plasma polymerization. Gas-phase deposition of the barrier layer on a porous
support is conducted from glow-discharge plasma via plasma polymerization.
This method has been successfully used for RO membrane preparation [19].

(iv

-

Interfacial polymerization. This method has been developed by Cadotte et al. [20],
and it is now the most important route to RO and NF membranes. The selective
layer is formed in situ by polycondensation or polyaddition of reactive (bis- and
trisfunctional) monomers or prepolymers on the surface of a porous support
(Figure 2.5). Post-treatment such as heating is often applied in order to obtain a
fully cross-linked structure of the selective barrier.

Other methods derived from surface modification, including heterogeneous graft
copolymerization or in situ radical polymerization and deposition of polyelectrolyte

porous support ... after soaking in ... after contacting with  composite membrane
membrane aqueous solution of nonagueous solution with ultrathin polymer
first monomer of second monomer film as top layer
Figure 2.5 Schematic depiction of the prepolymer has been dissolved (e.g., bis- or

preparation of TFC membranes by interfacial  trifunctional carbonic acid chloride). The
polymerization: The support membrane (e.g.,  reaction takes place at the interface of the two
from PES) is immersed in an aqueous monomer immiscible solutions on the outer surface of the
or prepolymer solution (e.g., bis- or trifunctional support membrane, and the thickness of the
amine), and subsequently contacted with a polymer layer (e.g., cross-linked polyamide) is
second bath containing a water-immiscible limited by its barrier properties for further
solvent in which another reactive monomer or diffusion of reactants into the reaction zone.
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layers, also gain more interest for manufacturing composite membranes with
tailored selectivities (cf. Section 2.5).

2.4.4
Mixed-Matrix Membranes

Current polymeric materials are inadequate to fully meet all requirements for the
various different types of membranes (cf. Section 2.2) or to exploit the new
opportunities for application of membranes. Mixed-matrix membranes, comprising
inorganic materials (e.g., metal oxide, zeolite, metal or carbon particles) embedded in
an organic polymer matrix, have been developed to improve the performance by
synergistic combinations of the properties of both components. Such improvement
is either with respect to separation performance (higher selectivity or permeability) or
with respect to membrane stability (mechanical, thermal or chemical).

One should note that the methods to prepare such mixed-matrix membranes and
the resulting properties are strongly dependent on the interactions between the
different materials, and a homogeneous, regular distribution and interface compati-
bility are the key issues. Techniques to prepare mixed-matrix materials have
been reviewed recently [21]. Mixed-matrix membranes are typically prepared by:
(1) separate preparation of a polymer solution and a suspension of inorganic material,
(2) mixing of both resulting in a mixed-matrix solution, (3) casting (or spinning) this
solution, and (4) inducing phase separation, typically in the framework of the NIPS
process (cf. Section 2.4.2). A common alternative for the preparation of mixed-matrix
membranes containing inorganic oxides (e.g., silica) is the in situ synthesis of
nanoparticles within a polymer solution via the sol-gel method followed by phase
separation. The above techniques are mainly applied for preparation of advanced RO,
NF and PV membranes (cf. Section 2.6). Only in special cases is the separation
performance of the barrier really determined by the added inorganic (nano)materials,
for example, by zeolites or carbon nanotubes [22].

2.5
Membrane Modification

Because most of the established membrane polymers can not meet all the perfor-
mance requirements for amembrane dedicated to a particular application, membrane
modifications are gaining rapidly increasing importance. Membrane modification is
aimed either to minimize undesired interactions, which reduce membrane perfor-
mance (e.g., membrane fouling), or to introduce additional interactions (e.g., affinity,
responsive or catalytic properties) for improving the selectivity or creating an entirely
novel separation function [3]. Three general approaches can be distinguished:

(i) Chemical modification of the membrane polymer (for membrane formation),
(ii) Blending of the membrane polymer with (an)other polymer(s) (before
membrane formation), and
(ili) Surface modification after membrane preparation.
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Because the first two approaches can involve significant changes in composition of
the casting or spinning solution, membrane structure formed during the phase
separation (cf. Section 2.4.2), and, consequently, membrane properties can be quite
different from the unmodified reference material. An important example of polymer
modification before membrane formation is sulfonation or carboxylation, for exam-
ple, of PSfor PES, to obtain a more hydrophilic ultrafiltration membrane from a very
stable membrane polymer [23]. The most well-known example for blending with the
membrane polymer is the use of the water-soluble PVP during manufacturing of flat-
sheet or hollow-fiber membranes from PSf or PES [24]. Even though during the
coagulation and washing steps, some of the added modified or other polymer can
leach out from the membrane matrix, a fraction remains on the pore surface and
thus enhances the membrane hydrophilicity. Recently, amphiphilic graft or block-
copolymers — containing functional (surface active) macromolecule segments and
other segments that are compatible with the bulk of the membrane polymer — have
been introduced as “tailored” macromolecular additives to render the final
membrane surface hydrophilic or hydrophobic [25, 26].

Surface modification of commercially established membranes. This approach is of
greatest interest in academic research but also in development within membrane
companies [3, 27]. An increasing number of methods and technologies investigated
for polymer surfaces in general are now being adapted to surface functionalization of
polymeric membranes [28]. Highly attractive are technologies that can be integrated
as another step into the continuous membrane manufacturing process (cf.
Figure 2.3). A key feature of a successful (i.e., “tailored”) surface modification is a
synergy between the useful properties of the base membrane and the novel
functional layer. In order to achieve a stable effect, chemical modification is
preferable over physical modification. Attachment of functional moieties onto a
membrane surface by physical principles can be done via the following ways [3]:

(i) Adsorption/adhesion — the functional layer is only physically fixed on the base
material, and the binding strength can be increased via multiple interactions
between functional groups in the macromolecular layer and on the solid surface,

(ii) Interpenetration via mixing between the added functional polymer and the base
polymer in an interphase, and

(iii) Mechanical interpenetration (macroscopic entanglement) of an added polymer
layer and the pore structure of a membrane.

In order to achieve membrane surface modification by chemical reactions, the
following approaches have been proposed [3]:

(i) Heterogeneous (polymer-analogous) reactions of the membrane polymer,

(ii) “Grafting to” (attachment of functional macromolecular moieties in one step), and

iii) “Graftingfrom” (heterogeneous graftcopolymerization of functional monomers).
g S g poly

Photografting technologies, that is, the control of chemical surface functionaliza-
tion by highly selective excitation with UV light, can be used for “grafting to” and
“grafting from” and has been intensively explored for controlled functionalization of
polymeric membranes [29].
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Fouling resistance in aqueous systems. With self-assembled monolayers, structure—
property relationships for nonadsorptive and nonadhesive surfaces have been
identified on a molecular level [30]. Characteristics of materials that resist the
adsorption of protein should be: (a) hydrophilic/polar, (b) overall electrically neutral,
(c) hydrogen-bond acceptor, and (d) not hydrogen-bond donor. In these regards, PEG,
zwitterionic moieties and other materials that display “kosmotropes” on their surface
were identified as nonfouling materials that resist protein adsorption. This principle
has successfully implemented to develop fouling-resistant polymer membranes for
UF and NF in aqueous systems, via membrane formation from blends with tailored
graft copolymers [25] or via controlled photoinitiated “grafting from” [31].

2.6
Established and Novel Polymer Membranes for Molecular Separations

2.6.1
Ultrafiltration

Because the mechanisms are based on pore flow and size exclusion (cf. Section 2.2),
the polymer material itself does not have direct influence on flux and selectivity in UF.
The UF membranes usually have an integrally asymmetric structure, obtained via the
NIPS technique, and the porous selective barrier (pore size and thickness ranges are
2-50nmand 0.1-1 um, respectively) is located at the top (skin) surface supported by a
macroporous sublayer (cf. Section 2.4.2). However, the pore-size distribution in that
porous barrier is typically rather broad (Figure 2.6), resulting in limited size
selectivity.

It should be noted that the adaptation of the NIPS or TIPS method to the
fabrication of hollow-fiber membranes is straightforward for most systems
(cf. Figure 2.4). Characterization of UF membranes is typically done via sieving
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Figure 2.6 SEM micrograph of the top layer surface of an UF
membrane from PAN and pore-size distribution from
computerized image analysis (reprinted from [9], with permission
from Wiley-VCH, 2006).
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Table 2.2 Membrane polymers for UF and some characteristics.

Membrane polymer Common solvent T, (°C) pH range
Polysulfone DMAc, DMF, DMSO, NMP 198 2—-13
Poly(ether sulfone) DMAc, DMF, DMSO, NMP 225 2-13
Poly(vinylidene fluoride) DMAc, DMF, NMP, DMSO, —40, (Tyy ~ 175) 2-11
Polyacrylonitrile DMAc, DMF, nitric acid 100 2-10
Cellulose acetate Acetone, dioxan, DMAc, Around 1357 3-7
DMF, DMSO, THF
Regenerated cellulose Stable in most organic High crystalline 4-9
solvents (typically prepared content
from cellulose acetate as
precursor)

“Depending on degree of acetylation.

experiments, that is, UF of a solution of macromolecular test solutes and subsequent
analysis of the changed molar mass distribution (usually by size-exclusion chroma-
tography) are performed. The specification of a commercial UF membrane is not the
pore size, but mostly the “cutoff” value, that is, the molar mass for which more than
90% rejection have been observed. Isoporous track-etched membranes are a special
case and typically made from PC or PET (UF-relevant pore sizes between 10 and
50 nm, and thicknesses between 8 and ~25 pm; cf. Section 2.4.1). The polymers most
frequently used for commercial UF membranes, along with information about their
stability, are summarized in Table 2.2.

Since fouling is the biggest problem for industrial application of UF, many
developments in membrane materials address solutions to this problem. The
following aspects should be considered in optimization of polymeric membranes
for UF: (i) high permeability and rejection, (ii) hydrophilicity and fouling resistance,
(iii) high maximum temperature and wide pH operating ranges, (iv) good mechanical
properties, and (v) high chemical stability, especially towards cleaning agents. None
of the established polymers satisfies all the above criteria. Chemical cross-linking
during manufacturing via “regeneration” after NIPS of cellulose acetate can enhance
cellulosic membrane performance with respect to chemical resistance and tempera-
ture stability, and a hydrophilic low-fouling UF membrane is obtained. Alternatively,
surface modifications, mainly to increase hydrophilicity of membranes from hydro-
phobic materials, have been performed to enhance wettability and antifouling
character (cf. Section 2.5).

Adopted from the state-of-the-art in RO, TFC membranes have become increas-
ingly interesting for UF as well. One of the first examples of a commercial
membrane of this type is composed of a thin barrier layer from regenerated
cellulose on a porous polyolefine support [32]. Significant increase in selectivity in
protein UF via electrostatic exclusion in addition to size exclusion has been
achieved by introducing fixed charges into the barrier layer of a cellulose-based
TFC membrane [33].
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Similar to developments in NF and RO, solvent-resistant UF membranes could be
the basis for a wide range of novel applications. Cross-linked integrally anisotropic
membranes are explored with particular emphasis, and a very promising example are
membranes made from poly(acrylonitrile-co-glycidyl methacrylate) that after NIPS
had been cross-linked with ammonia or other tri- or difunctional amines [34].

Very uniform pore size leading to a more precise sieving would be interesting for
improving UF performance. One promising approach towards this goal is pore
formation via self-assembly of block-copolymers with “programmed” chemistry
and architecture (and one crucial precondition is a low polydispersity of chain
lengths). The feasibility of this approach has recently been demonstrated with the
preparation of a composite membrane with 20-nm pores via formation of an ordered
thin block-copolymer film on a macroporous support membrane and subsequent
selective dissolution of the polymeric pore “template” [35]. Very recent work indicated
that such tailored block-copolymers could also be processed via NIPS to integrally
anisotropic polymer membranes with rather regular pore morphology [36].

2.6.2
Reverse Osmosis and Nanofiltration

RO and NF membranes for aqueous applications are quite similar in chemical
composition and membrane preparation. However, mass transfer in NF is more
complex than in RO because — in addition to solution-diffusion mechanism - size
and charge exclusion are also usually involved. Ideally, polymeric membranes for
RO and NF should be hydrophilic, resistant to chemicals (especially cleaning agents
and chlorination) and microbial attack, and they should be structurally and
mechanically stable over the long time of operation. Membranes with integrally
asymmetric structure from the “first generation” material CA are currently still
available (e.g., for NF in common applications like water treatment). However, TFC
membranes dominate in the market (e.g., FI-30, SW30, ES10/ES15 for RO and
DESAL 5 and NF 270 for NF). Most of commercial RO and NF composite
membranes are polyamide-based although other composite membranes, for exam-
ple, with sulfonated polysulfone as selective material, are also found. Interfacial
polymerization is the standard method used for preparing the PA composite
structure (cf. Figure 2.5), coating is occasionally applied for other selective
polymers. For RO membranes, an ultrathin nonporous polymer layer (usually
crosslinked PA) is formed on the top of a highly porous membrane with very small
pores (e.g., from PES or PSf). Compared to PA-based materials, cellulosic
membranes have a higher chlorine tolerance, but they are less solvent resistant
and have only a narrow range of pH stability. Therefore, creating a selective
material that is stable towards chlorine is still a motivation in the field of RO. Ion-
exchange polymers, in particular copolymers of highly sulfonated polyethersul-
fone and polyethersulfone, originally developed as selective ion-conducting
materials for fuel cells (cf. Sections 2.3.2.3 and 2.6.4), have recently been identified
as promising candidates [37]. However, due to constraints in terms of low
membrane prices and extensive process validation it would be more and more
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complicated to replace the established materials with such potential novel
membranes.

Increasing the water flux considerably while keeping the selectivity high, is still a
great challenge in further development of RO and NF. A very attractive TFC NF
membrane with very high flux at promising rejection has been prepared via “layer-by-
layer” (LBL) deposition of polyelectrolytes on porous UF membranes [38]. A mixed
matrix RO membrane, composed of a water-selective zeolite in an ultrathin PA layer,
with improved permeability and unchanged high salt rejection, has been developed
recently [39]. A next generation of ultrahigh flux membranes could be based on
composite membranes with an array of regular carbon nanotubes in the barrier
layer [40].

In recent years, chemically stable membranes, which include oxidant and pH-
stable and (organic) solvent-resistant materials, have been intensively developed in
order to broaden application of NF or RO (for a review see [41]). PI and PAN
derivatives or polyether-based materials are often used for preparing chemically
stable NF membranes with integrally anisotropic structure. With composite mem-
branes (with PSf, PAN, PI or PVDF as typical support materials), the permeability
and selectivity for different solvents depend strongly on the barrier polymer.
Selective layers from PA, polyureas, polyphenylene oxide or sulfonated PES are
more suited for polar solvents, while silicone-based layers are preferred for
nonpolar solvents (in that regard, SRNF membranes can be very similar to PV
membranes; cf. Section 2.6.3). Mixed-matrix membranes are often proposed to
increase the membrane stability. For instance, filling PDMS with porous zeolite
yielded stable SRNF membranes with enhanced fluxes and selectivities allowing the
use in nonpolar solvents and at high temperature [41]. A first large-scale success
example for SRNF, with integrally anisotropic polyimide membranes, is the MAX-
DEWAX process for crude-oil dewaxing [42]. However, to be practically useful, long-
term stability and selectivity must be improved further. In addition, solvent-mem-
brane interactions must be investigated in more detail in order to come up with
satisfying and predictive models for transport and selectivity.

2.6.3
Pervaporation

Asfor RO and NF, most established PV membranes are composites with a nonporous
polymeric barrier. In order to assure selectivity, the polymer should have preferential
interactions with one of the components in the feed mixture. Integrity of the barrier is
very important when separations of organic substances are concerned, and cross-
linking is the preferred choice to limit swelling and improve stability. Three different
types of selective barriers can be distinguished [43]: (i) hydrophilic, (ii) organophilic
and (iii) organoselective ones. PAN is used as porous support for most PV
membranes. This is due to its thermal stability and pronounced resistance to most
organic solvents (cf. Table 2.2).

Hydrophilic polymers are used as selective barriers for dehydration of organic
liquids via PV. The selective layer is typically from a glassy polymer; chemically
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cross-linked PVA is the established material for commercial membranes [43, 44].
Furthermore, poly(acrylic acid), other polyelectrolytes, PI or chitosan have also been
explored.

In contrast, organophilic PV membranes are used for removal of (volatile) organic
compounds from aqueous solutions. They are typically made of rubbery polymers
(elastomers). Cross-linked silicone rubber (PDMS) is the state-of-the-art for the
selective barrier [1, 43, 44]. Nevertheless, glassy polymers (e.g., substituted poly-
acetylene or poly(1-(trimethylsilyl)-1-propyne, PTMSP) were also observed to be
preferentially permeable for organics from water. Polyether-polyamide block-copo-
lymers, combining permeable hydrophilic and stabilizing hydrophobic domains
within one material, are also successfully used as a selective barrier.

Organoselective membranes are used for separation of organic—organic liquid
mixtures. Typical applications are separations of azeotropes or mixtures of sub-
stances that have close boiling points. An example is the commercial membrane
PERVAP 2256, designed for the PV separation of methanol/MTBE or ethanol/ETBE.
It had been reported that the selective barrier of this membrane is most likely PVA
with incorporated polar moieties [45].

The challenge in further development of polymeric PV membranes is to create
materials which can increase both selectivity and permeability and have high overall
stability. To control swelling, many approaches have been proposed, for example, the
use of rigid-backbone polymers (e.g., PI or highly aromatic polyurea/urethane
copolymers), polymer blending or chemical cross-linking. Mixed-matrix membranes
may be an alternative; silica-based nanoparticles have been added to the polymer
matrix to reduce swelling and increase selectivity. Filling the membrane with an
organophilic adsorbent (zeolite) was also used to increase selectivity [46].

An interesting pore-filled composite membrane, made by photograft copolymeri-
zation onto a solvent-stable PAN UF membrane, has been established [47]. High flux
and selectivity for PV separation of organic—organic mixtures were achieved by a very
thin selective barrier and prevention of swelling of the selective polymer in the pores
of the barrier.

Novel polymers with “intrinsic microporosity” (PIMs) have recently been synthe-
sized and characterized [48]. Their highly rigid, but contorted molecular structure
leads to a very inefficient space filling. The polymers that are soluble in many
common organic solvents form rather robust solids — including flat-sheet mem-
branes — with very high specific surface areas (600-900 m?/g). The first examples for
their use as membrane materials, indicating a promising combination of high
selectivities and fluxes in organoselective PV, have been reported recently.

2.6.4
Separations Using lon-Exchange Membranes

Ion-exchange membranes are currently used not only for more or less “conventional”
separation processes like membrane electrolysis (mainly the chlor-alkali process),
electrodialysis, dialysis or electro-ultrafiltration (cf. Table 2.1), but also in various
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integrated processes such as fuel cells and catalytic reactors. The preparation of
ion-exchange membranes and novel developments have been reviewed in recent
publications [49-52].

Two types of membranes are distinguished, namely, homogeneous and heteroge-
neous ones. Heterogeneous ion-exchange membranes are prepared by dispersing
anion- or cation-exchange particles into a polymer matrix and subsequent extrusion
of the membrane film. Particle size significantly influences membrane swelling as
well as mechanical strength. However, currently, homogenous anion- or cation-
exchange membranes are preferred, composed of hydrocarbon (e.g., derivatives of
styrene-divinylbenzene copolymers) or fluorocarbon (e.g., Nafion) polymers posses-
sing ionic groups, and supported by backing materials. Such membranes can be
prepared by the following routes [50]: (i) copolymerization of a monomer containing
an ion-exchange group with a nonfunctionalized monomer, (ii) modification of a
polymer film by introducing ionic groups (e.g., by “grafting from” of ion-exchange
polymer or of nonfunctional polymer followed by chemical functionalization), and
(iii) film casting and phase separation of solution of an ion-exchange polymer or its
blend with another polymer.

Route (i) is most common for styrene-divinylbenzene copolymers. Route (ii) is
typically applied for hydrocarbon- (PE, PP) or fluorocarbon-based membranes
because it is difficult to find a suited solvent for the membrane polymers containing
also highly polar ion-exchange groups. Examples of route (iii) are functionalized poly
(ether ketone), polystyrene and PES; with these materials cross-linking is often
performed to improve chemical stability. Overall, at moderate temperatures, ion-
exchange functionalized perfluorocarbon polymers (e.g., Nafion) show still the best
performance. These ion-exchange membranes have hydrophobic domains (provid-
ing a nonswelling matrix) as well as polar, charged domains (providing ion-selective
water channels). In general, phase-separated polymers or polymer blends seem to be
superior to one-phase materials with respect to a high conductivity at not too high
water sorption (swelling), which leads to nonselective passage of solutes (e.g.,
methanol in fuel-cell systems) [53].

Hybrid organic-inorganic materials are promising to yield membranes with high
chemical and mechanical stability and excellent conductivity, and the sol-gel process
in conjunction with established membrane formation is the preferred preparation
method.

Ion-exchange membranes with special structure and function have also been
introduced. Amphoteric membranes consist of both positively (weak basic) and
negatively (weak acidic) fixed-charge groups, chemically bound and randomly
distributed to the polymer chains; the permselectivity of these membranes is pH
responsive. Charge mosaic membranes possess both cation- and anion-exchange
groups arranged in oriented parallel domains separated by neutral regions, each kind
of ion-exchange group provides a continuous pathway from one side of the mem-
brane to the other [49]. Bipolar membranes that contain cation-exchange groups at
one side and anion-exchange groups at the other side are interesting for several
applications, such as water splitting or chemical reactions [52].
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2.7
Conclusion and Outlook

A wide variety of polymeric membranes with different barrier properties is already
available, many of them in various formats and with various dedicated specifications.
The ongoing development in the field is very dynamic and focused on further
increasing barrier selectivities (if possible at maximum transmembrane fluxes) and/
or improving membrane stability in order to broaden the applicability. This
“tailoring” of membrane performance is done via various routes; controlled macro-
molecular synthesis (with a focus on functional polymeric architectures), develop-
ment of advanced polymer blends or mixed-matrix materials, preparation of novel
composite membranes and selective surface modification are the most important
trends. Advanced functional polymer membranes such as stimuli-responsive [54]
or molecularly imprinted polymer (MIP) membranes [55] are examples of the
development of another dimension in that field. On that basis, it is expected that
polymeric membranes will play a major role in process intensification in many
different fields.

List of Abbreviations

CA cellulose acetate
DMAc dimethyl acetamide
DMF  dimethyl formamide
DMSO  dimethyl sulfoxide

dp pore diameter

ED electrodialysis

EIPS  evaporation-induced phase separation
MF microfiltration

NF nanofiltration

NIPS  nonsolvent-induced phase separation
NMP  N-methyl pyrrolidone

PA polyamide

PAN  polyacrylonitrile

PC polycarbonate

PDMS  polydimethylsiloxane

PE polyethylene

PEG poly(ethylene glycol)

PES poly(ether sulfone)

PET poly(ethylene terephthalate)
PI polyimide

PP polypropylene

pSf polysulfone

PV pervaporation

PVA poly(vinyl alcohol)



PVDF  poly(vinylidene fluoride)

PVP poly(vinyl pyrrolidone)

RO reverse 0smosis

SRNF  solvent-resistant nanofiltration
TEP triethyl phosphate

TFC thin-film composite

T, glass transition temperature
THF tetrahydrofuran

T melting point temperature
TIPS thermally induced phase separation
UF ultrafiltration
VIPS  vapor-induced phase separation
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Fundamentals of Membrane Solvent Separation
and Pervaporation

Bart Van der Bruggen

3.1
Introduction: Separation Needs for Organic Solvents

Separation processes for product recovery and purification represent more than 40%
of the energy needs in chemical production processes. These include removal of
impurities from raw materials, separation of products and by-products after reaction,
and separation of pollutants from water and process streams. Classical solutions to
the former two are based on thermodynamic equilibria involving a phase transition;
distillation and liquid-liquid extraction are typical examples [1]. All these processes
use either energy (e.g., distillation) or mass (e.g., liquid-liquid extraction) as the
separating agent, which is usually not sustainable in terms of energy consumption
and/or waste generation. Membrane separations are a totally different class of
processes. Although some may argue that a membrane can be considered a
mass-separating agent, transport properties of compounds that have to be separated
always determine the process efficiency, not the equilibrium between two contacting
phases. This makes membrane processes a new and different class of separations.
Thermodynamic calculations confirm that membrane separations have intrinsically
asubstantially lower energy consumption and a higher exergetic efficiency [2—4]. This
requires the use of membranes as separating tools similar to the operating methods
of classical processes. Nevertheless, membranes are still mainly used in areas where
the profits that can be obtained (both the economical profits and the environmental
profits) are relatively small, compared to the challenges in the process industry.
Membranes are widely used in water treatment, for drinking-water production [5, 6],
desalination [7], wastewater treatment [8, 9] and process water recycling [10-12]. The
economical and environmental benefits are obvious for these applications. However,
in these applications membranes are used only for purification, that is, to remove
solutes from the (water) matrix. The desired purity determines which membrane is to
be used. In the context of increasing demands for purity — drinking water free of any
anthropogenic compound, wastewater purified to be reused — it is understandable
that most attention is devoted to those pressure-driven filtration processes delivering
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ahigh-purity product (reverse osmosis and, to a certain extent, nanofiltration). Energy
consumption is the main parameter to be optimized, low-pressure reverse-osmosis
membranes or nanofiltration membranes with low cutoff being the most interesting
compromise. In this context, nanofiltration is an exception since it is the only process
where separation is achieved on purpose, not as a side effect: nanofiltration
membranes should allow passage of monovalent salts and retain multivalent salts.

Separations between liquid matrix compounds is more challenging and less
developed, in spite of the large benefits that can be (theoretically) attained. Environ-
mental benefits of solvent separations are mainly in a drastic reduction of energy
consumption, although considerable effects on wastewater generation can be obta-
ined as well. The main reference process to achieve this is pervaporation [13]. This is
not a new process, but it had for a long time difficulties in finding its position.
Pervaporation is not the most suitable process for purification, butitis a powerful and
underestimated tool for separation between solvents. Separation factors in perva-
poration can be 100-200, whereas the separation factors between mono- and divalent
salts in nanofiltration are usually 4-6 and never above 10. For organic solutes in
solvents, both processes are surprisingly similar in terms of separation and transport,
in spite of different operating principles. This will be made clear from a discussion of
membrane materials and properties. The translation of operation principles to flux
and separation prediction in both cases will also be discussed.

3.2
Pervaporation and Nanofiltration Principles

Pervaporation is a concentration-driven membrane process for liquid feeds. It is
based on selective sorption of feed compounds into the membrane phase, as a result
of differences in membrane-solvent compatibility, often referred to as solubility in
the membrane matrix. The concentration difference (or, in fact, the difference in
chemical potential) is obtained by applying a vacuum at the permeate side, so that
transport through the membrane matrix occurs by diffusion in a transition from
liquid to vapor conditions (Figure 3.1). Alternatively, a sweep gas can be used to obtain
low vapor pressures at the permeate side with the same effect of a chemical potential
gradient.

The precise point of transition is undetermined; most theories assume that
this would occur inside the membrane during transport. This leads to a five-step

Feed Retentate
—P> >

Condenser > @ >

Vacuum pump

Permeate
Figure 3.1 Schematic diagram of the pervaporation process.
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description: sorption - liquid diffusion — vaporization — vapor diffusion — desorption.
The physical relevance of this description may be questioned since solvent molecules
permeating through the membrane are not a continuous phase but rather appear as
individual molecules, or as small groups of molecules. Therefore, it is incorrect to
consider the permeating substances as a liquid or a vapor; they are rather sorbed
molecules. Separation is determined by factors affecting sorption (polarity, hydro-
philicity/hydrophobicity differences, but also size) and molecular diffusion (sterical
hindrance, interaction effects, dragging, competition). Therefore, typical separations
in pervaporation are those where large differences in these parameters are present,
mainly separations between water and an organic solvent, the latter preferably large
and nonpolar. Hydrophilic pervaporation membranes are used for dehydration of
organic solvents; in this application, the combination of a solvent and a polymer
requires an optimal chemical stability. Hydrophobic membranes are used for the
removal of (small) organic contaminants from water; these compounds can also be
aggressive towards the membrane, in particular when present in relatively high
concentrations. Because the driving force in pervaporation is a partial vapor pressure
gradient, the process is only economical when the concentrations of contaminants to
be removed are sufficiently high (no trace impurities) or when their driving force is
high enough (possibly by operating at higher temperature), which again increases the
need for membrane stability.

Solvent-resistant nanofiltration is based on a pressure gradient as the driving force.
Pressure affects the chemical potential, so that the driving force again translates to a
difference in chemical potential between feed and permeate. Solution-diffusion,
similar to reverse osmosis and pervaporation, is often proposed as the determining
transport mechanism [14]. This implies that nearly the same parameters are of
importance as for pervaporation. Nevertheless, nanofiltration membranes may have
alarger free space available for transport — some may denote this free space as pores,
but this is probably incorrect, although there is no strict definition of a pore;
‘nanovoids’ is the scientifically correct description. When nanovoids become larger,
they come close to the micropores observed in ultrafiltration; in this case, transport
may be rather determined by viscous flow. Interactions with the membrane material
are less intense here, and molar size remains as the only parameter determining
separation.

Thus, (solvent resistant) nanofiltration is related to both pervaporation and
ultrafiltration. Molar size emerges as the parameter to be used as the main dis-
criminating factor in this case, although it is evident that other parameters will also
play a role for membranes with a low cutoff. When organic solutes are considered,
nanofiltration membranes are usually described by a single cutoff value, reflecting
the large influence of molar size, but ignoring other interactions. A major problem
that has been identified is the influence of the solvent itself on swelling, ‘pore’
solvation and solute solvation [15], leading to different cutoff values and fluxes
depending on the solvent used [16, 17]. Applications are to be found in separation of
relatively small organic solutes, in the range of 300-1000 g/mole, from any organic
solvent [18-20]. Large-scale applications have been in operation since 1998 [21], the
best known being the MAX-DEWAX process.
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3.3
Membrane Materials and Properties for Solvent Separation

3.3.1
Solvent-Stable Polymeric Membrane Materials

Traditional polymers for separations in water have a limited chemical resistance and
are not useful for solvent separations. Some may be applicable in nonaggressive
solvents such as methanol and ethanol due to crosslinking, additives or additional
interlayers, but not in any other solvent; modified polyamide membranes and poly
(ethersulfone) membranes are typical examples.

Pervaporation membranes have always been intended for use in demanding
conditions, including application in organic solvents. Therefore, a wide range of
solvent stable membranes has been studied, usually with asymmetric structure, a
dense top layer and several porous sublayers. Pervaporation membranes are prepared
by dip-coating, plasma polymerization or interfacial polymerization [22]. Swelling
can be a problem, because of the intense contact between liquid feed and the
membrane top layer. The permeate side of the membrane is under vacuum and
therefore not swollen. This results in an asymmetric structure that may cause stability
problems. Nevertheless, swelling is needed to some extent in view of obtaining high
fluxes, so thatamorphous polymers with a sorption value of 5-25% by weight are to be
preferred. Membrane thickness ranges from 100 nm to several pm, depending on
how defect free the top layer can be made; often a somewhat thicker structure is
preferred to avoid defects.

A list of typical commercial pervaporation membranes [23] is given in Table 3.1.
Commercial hydrophilic membranes are very often made of polyvinyl alcohol (PVA),
with differences in the degree of crosslinking. Commercial hydrophobic membranes
often have a top layer in polydimethyl siloxane (PDMS). However, a wide variety of
membrane materials for pervaporation can be found in the literature, including
polymethylglutamate, polyacrylonitrile, polytetrafluoroethylene, polyvinylpyrrolidone,
styrene-butadiene rubber, polyacrylic acid, and many others [24]. A comprehensive
overview of membrane materials for pervaporation is given by Semenova et al. [25].

Solvent resistant nanofiltration membranes are a much more recent evolution.
Historically, the membranes developed by Membrane Products Kyriat Weizmann
(Israel) — now Koch — (MPF 44, MPF 50, MPF 60) were the first nanofiltration
membranes intended for application in organic solvents, although other membranes
(e.g., PES and PA membranes) also have a limited solvent stability. The Koch
membranes are based on PDMS, similarly to pervaporation membranes, although
the level of crosslinking is quite different.

Other membrane materials include mainly polyimide, polyacrylonitrile and poly-
benzimidazole. An overview of commercially available membranes is given in
Table 3.2. These membranes are manufactured in procedures usually derived from
practical experience; by using high-throughput screening, it was shown that optimi-
zation is possible [26]. Many other membrane materials are described in the scientific
literature and in patents; an overview is given by Cuperus and Ebert [27].
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Table 3.1 Pervaporation membranes used in commercial applications [23].

Hydrophilic/
Brand name Manufacturer Material hydrophobic
PERVAP 2200 Sulzer Chemtech” PVA cross-linked/PAN support Hydrophilic
PERVAP 2201 Sulzer Chemtech”  PVA highly cross-linked/PAN Hydrophilic
PERVAP 2202 Sulzer Chemtech” PVA specially cross-linked/PAN Hydrophilic
PERVAP 2205 Sulzer Chemtech”  PVA specially cross-linked/PAN Hydrophilic
PERVAP 2210 Sulzer Chemtech”  PVA lightly cross-linked/PAN Hydrophilic
PERVAP 2510 Sulzer Chemtech®  PVA specially cross-linked/PAN Hydrophilic
CM-Celfa CM-Celfa® PVA cross-linked/PAN Hydrophilic
GKSS Simplex ~ GKSS° Complex polyelectrolytes/PAN Hydrophilic
PERVAP 1060 Sulzer Chemtech”  PDMS cross-linked/PAN support Hydrophobic
PERVAP 1070 Sulzer Chemtech®  PDMS cross-linked + silicalite/PAN  Hydrophobic
MTR 100 MTR? PDMS cross-linked/porous support Hydrophobic
MTR 200 MTR? EPDM/PDMS cross-linked/ Hydrophobic

porous support

GKSS PEBA GKSS* PEBA/porous support Hydrophobic
GKSS PDMS GKSS* PDMS cross-linked/porous support Hydrophobic
GKSS PMOS GKSS*® PMOS cross-linked/porous support Hydrophobic

“Sulzer Chemtech Ltd, Winterthur, Switzerland.

’CM-Celfa, Seewen-Schwyz, Switzerland.

‘GKSS, Geesthacht, Germany.

“Membrane Technology and Research Inc., Menlo Park, CA.

Among the various materials are crosslinked PAN, polyphosphazenes, polyphe-
nylenesulfide, polyetheretherketone, and various polymer blends [28-31]. Particu-
larly interesting is the use of zeolites as filler in organic polymers, which aims at
improving the performance of (silicone-based) membranes for separations in
nonpolar solvents, by adding more cross-links to the membrane material [32, 33].

332
Ceramic Membrane Materials

Ceramic membranes may overcome some of the disadvantages of polymeric
membranes, particularly the chemical resistance. The higher cost of ceramic
membranes may be compensated by the significantly higher fluxes, especially at
high temperatures. A full comparison of polymeric and ceramic membranes is
given in Table 3.3.

Some efforts have already been made to develop ceramic pervaporation mem-
branes, especially silica and zeolite membranes, which are both hydrophilic
membranes. Silica pervaporation membranes have been developed by ECN, The
Netherlands. The membranes were tested in a pilot installation of 1 m* membrane
surface at Akzo Nobel and other companies in the Netherlands [34, 35].

A-type zeolite pervaporation membranes have been developed by Mitsui
Engineering & Shipbuilding Co Ltd, which have been implemented in an industrial
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Table 3.2 Commercial solvent-resistant nanofiltration
membranes with characteristics as specified by the
manufacturers.

MWCO Toax L R
Membrane Manufacturer ~ Material  (Da) <) (Ifhm?bar) (%)
N30F Nadir® PES 400 95 1.0-1.8" 70-90"
NF-PES-010 Nadir® PES 1000 95 5-10" 30-50'
MPF-44 Koch? PDMS 250 40 1.3" 98"
MPF-50 Koch? PDMS 700 40 1.0° —
Desal-5-DK Osmonics® PA 150-300 90 5.4" 98"
Desal-5-DL Osmonics® PA 150-300 90 9.0" 96"
$5-030505 SolSep? nk. — 90 1.0/ >907
SS-169 SolSep? nk. — 150 10/ 957
$S-01 SolSep? nk. — 150 10/ 974
StarMem-120  MET® PI 200 60 1.0 —
StarMem-122  MET® PI 220 60 1.0 —
StarMem228 MET® PI 280 60 0.26F —

“Nadir Filtration GmbH, Wiesbaden, Germany,
bKoch Membrane Systems, Wilmington, MA, USA;
‘GE Osmonics, Vista, CA, USA;

dSolSep BV, Apeldoorn, The Netherlands;
8Membrane Extraction Technology, London, UK;
"pure-water permeability;

‘methanol permeability;

Jethanol permeability;

ktoluene permeability;

'4% lactose (MW 342);

"5% sucrose (MW 342);

"MgSOy;

PMW~500 in ethanol;

IMW~1000 in acetone;

n.k. not known;

— not specified.

Table 3.3 Comparison of polymeric and ceramic pervaporation membranes.

Polymeric membrane materials

Ceramic membrane materials

Low production cost

Production upscaling easy

Variation in module form easy
Stability at long term unknown
Limited versatility in organics
Vulnerable for unknown components

Thermal regeneration impossible
High-temperature applications impossible

High production cost
Production upscaling difficult
Variation in module form difficult
Stability at long term expected good
Good versatility in organics
Resistance to unknown component

in mixtures expected good

Thermal regeneration possible
High-temperature applications possible
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dehydration plant in Japan [36]. Pervaporation membranes with an active layer of
zeolite and amorphous silica on porous supports of alumina or stainless steel
have become commercially available [37]; research on other zeolite-type materials
(e.g., silicalite, ZSM-5, T-type zeolite) is going on, but so far only at the laboratory scale.

Ceramic membranes might also be a significant improvement in solvent-resistant
nanofiltration, although the cost of ceramic membranes is relatively high. To date,
only a few ceramic membrane types are commercially available, in spite of the good
performance of these membranes. Hydrophilic ceramic nanofiltration membranes
in asymmetric multilayer configurations have been successfully developed since the
late 1990s [38—40]. These consist of an open porous support, mesoporous interlayers,
and defectless microporous top layers. Supportlayers may combine an extruded body
containing coarse pores in the um range, and a slip-casted layer on top with pores of
the order of 50-100 nm. The most often used material is a-alumina, although titania
is tending to become more popular due to its higher chemical stability [41]. The
intermediate layers (usually more than one to prevent defects) are used to gradually
decrease the pore size and the surface roughness of the membrane. The interlayers
are prepared by the colloidal sol-gel procedure [42], often using alumina in the
v-alumina phase, or titania and even silica or zirconia. y-alumina interlayers are
relatively thick (about 2 um) while titania or zirconia interlayers are thinner (about
0.5 um). Therefore, y-alumina interlayers are more suitable to cover irregularities
and defects. The obvious disadvantage is that y-alumina layers lead to lower solvent
fluxes than titania layers, because of their higher fluid resistance. Furthermore,
v-alumina is chemically unstable in acid solutions (pH < 3) and in alkaline solutions
(pH > 11). The pore size of the interlayers depends on the hydrolyzing/peptisizing
process and the calcination temperature and should be about 3-5nm to obtain
nanofiltration membranes. Calcination temperatures should be below the phase-
transition temperature of the used metal oxide; for titania this involves the
anatase—rutile transition in the temperature region 500-700 °C [40].

The top layer contains the smallest pores and defines the membrane’s nanos-
electivity. Top layers can be made of alumina (boehmite), titania, zirconia, silica, or
mixtures of these. Pore diameters are in the order of 1nm and are obtained by
applying the polymeric sol-gel method [42]. The calination temperature applied
in this procedure should be low enough in order to avoid sintering effects, and
consequent pore growth. The calcination temperature does not only determine the
final pore size of the top layer, but also the phase structure of the top-layer material.
For example, when the calcination temperature for a titania top layer is 200 °C, titania
is amorphous with very small pores (1-2 nm), from 300 °C onwards titania is in an
anatase phase having pores in the range of 2-4 nm. Amorphous titania, however, is
less resistant to corrosion, and therefore has a smaller applicable pH range [40].

Metal oxides, used for manufacturing of ceramic nanofiltration membranes,
are intrinsically hydrophilic. This limits the use of these membranes to polar
solvents; filtration of nonpolar solvents (n-hexane, toluene, cyclohexane) usually
yields zero fluxes. Attempts have been made to modify the pore structure by adding
hydrophobic groups, for example, in a silane coupling reaction [38, 43]. This
approach is similar to modifications of ultrafiltration and microfiltration membranes
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using chloroalkylsilanes [44—48], phosphonic acids [49, 50] or fluoroalkylsilanes [51],
where the effect is twofold, that is, a combination of pore-size control and tuning of
hydrophobicity. However, the precise interaction between the chlorosilanes
and the membrane surface is very complex and there is in many cases no evidence
that it involves a chemical reaction rather than an adsorption reaction [52, 53].
Due to the lack of a real chemical reaction between organochlorosilanes and the
membrane surface, the stability of the modification with these reactants may be
limited, and to date no commercial hydrophobic ceramic nanofiltration membranes
have been developed.

333
Solvent Stability

A difficult problem that prevented the use of nanofiltration in organic solvents for a
long time was the limited solvent stability of polymeric nanofiltration membranes,
and the lack of ceramic nanofiltration membranes. For polymeric membranes,
different problems occurred: zero flux due to membrane collapse [54], ‘infinite’
nonselective flux due to membrane swelling [54], membrane deterioration [55], poor
separation quality [56], etc. In an early study of four membranes thought to be solvent
stable (N30F, NF-PES-10, MPF 44 and MPF 50), it was observed that three of these
showed visible defects after ten days exposure to one or more organic solvents, and
the characteristics of all four membranes changed notably after exposure to the
solvents [15]. This implies that these membranes should be denoted as semi-solvent-
stable instead of solvent stable.

Less information is available about the stability of ceramic membranes. It is
generally thought that ceramic membranes have excellent solvent stability. Acid
conditions may be more problematic; it was shown [57] that an alumina nanofiltra-
tion membrane was very sensitive to corrosion effects in dynamic experiments,
whereas the performance of a similar titania membrane was stable in the pH range
from 1.5 to 13.

3.34
Structural Properties for Membranes in NF and PV

Due to recent advances in membrane development, nanofiltration membranes are
nowadays increasingly used for applications in organic solvents [27, 58]. This narrows
the gap between pervaporation and nanofiltration. It is even possible that the require-
ments for membrane structures completely overlap for the two processes: whereas
membrane stability becomes more important for nanofiltration membranes, the
performance of pervaporation membranes could be improved by using an optimized
(thinner) structure for the top layers. It might even be possible to use the same
membranes in both applications. At this moment it is not possible to define which
membrane structure is necessary for nanofiltration or for pervaporation, and which
membrane is expected to have a good performance in nanofiltration, in pervaporation
or in both. Whereas pervaporation membranes are dense, nanofiltration membranes
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can be either dense or porous. For this reason, some nanofiltration and pervaporation
membranes might be interchangeable. This was suggested for polymeric membranes
[59]. Khayet and Matsuura [60] explored a similar relation between pervaporation and
membrane distillation using polyvinylidene fluoride membranes.

Similar trends are developing for ceramic membranes applied in pervaporation
and nanofiltration, although much slower because ceramic pervaporation and
nanofiltration membranes are still sparsely available; more experimental observa-
tions and experience with applications are needed in this field. Promising results
were obtained by Sekulic et al. [61] for titania membranes that can be used in
pervaporation as well as nanofiltration.

3.4
Flux and Separation Prediction

3.4.1
Flux Models in NF

For relatively porous nanofiltration membranes, simple pore flow models based on
convective flow will be adapted to incorporate the influence of the parameters
mentioned above. The Hagen—Poiseuille model and the Jonsson and Boesen model,
which are commonly used for aqueous systems permeating through porous media,
such as microfiltration and ultrafiltration membranes, take no interaction para-
meters into account, and the viscosity as the only solvent parameter. Itis expected that
these equations will be insufficient to describe the performance of solvent resistant
nanofiltration membranes. Machado et al. [62] developed a resistance-in-series model
based on convective transport of the solvent for the permeation of pure solvents and
solvent mixtures:

AP
O'[(ye—v1) +An] +m

J=

where f; and f, are solvent independent parameters characterizing the nanofiltration
and ultrafiltration sublayers, ¢’ a solvent parameter, Y. the critical surface tension of
the membrane material and v; the surface tension of the solvent. This model is also
based on the dependence of the flux on two parameters, namely the solvent viscosity
and the difference in surface tension between the solid membrane material and the
liquid solvent. However, this model does not cover the whole area of membranes and
solvents, as shown by Yang et al. [63]. The model is developed for hydrophobic
membranes, but seems inadequate for the description of fluxes through hydrophilic
membranes. Moreover, for each solvent-membrane combination an empirical
parameter ¢’ has to be determined as a measure for the interaction between a
solvent and the membrane material. It will be attempted to replace this parameter by a
combination of nonempirical parameters.

Polymeric membranes with a less porous structure, pervaporation membranes as
well as nanofiltration membranes, can be described by a solution-diffusion mecha-
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nism, possibly corrected for the influence of convective transport [64]. A description
of solvent transport in this case is necessarily based on the solution-diffusion (SD)
model [65]. With respect to flux modeling of organic solvents, a diffusion based model
was presented by Bhanushali et al. [66]:

7=(%) ()

This model combines different approaches of existing models by introducing at the
same time the solvent viscosity, the molar volume V;;, (as a measure for the molecular
size), the surface tension of the solid membrane material and a sorption value ¢ (as a
measure for membrane—solvent interactions). Other SD-based transport models
were presented by White [14], providing a predictive model for feed solutions with a
high concentration of aromatics, by Scarpello et al. [67] and by Gibbins et al. [68]. A
slightly modified equation was proposed by Geens et al. [69]:

Vi
o ———
J n-Ay

where Ay is the difference in surface tension (mN/m), 7 is the dynamic viscosity
(Pas), and V,, is the solvent molar volume (m?/mol).

Transport models for the description of solute transport in aqueous solution are
the Spiegler-Kedem model and the solution-diffusion model [65]. The former
model incorporates both viscous and diffusive flow, whereas the latter can only be
used for transport through dense membranes by solute diffusion. White [14]
presented an SD-based model for the permeation of several reference solutes,
dissolved in toluene, through dense membranes. Bhanushali et al. [66] succeeded
in describing experimental data with the Spiegler—-Kedem model. Gevers et al. [70]
and Vankelecom et al. [71] used the reformulated solution-diffusion model of Paul
and the Kedem—Katchalsky model to explain solute fluxes; it was shown that solutes
with a high molar volume were most influenced by diffusive transport, whereas
solutes with a low molar volume are dominantly transported by convection.
Matsuura and Sourirajan [72] developed a model for convective transport of
dissolved components, incorporating a solvent-dependent pore diameter. Gibbins
et al. [70] calculated the pore radii of MPF-50 and Desal-5-DK based on filtration
experiments carried out in methanol, using several models for convective flow
through porous membranes. The different attempts for the modeling of nonaque-
ous solute transport provide, however, models that are limited to specific experi-
mental data.

A new approach is the application of chemometrics (and neural networks) in
modeling [73]. This should allow identification of the parameters of influence in
solvent-resistant nanofiltration, which may help in further development of equations.
Development of a more systematic model for description and prediction of solute
transport in nonaqueous nanofiltration, which is applicable on a wide range of
membranes, solvents and solutes, is the next step to be taken. The Maxwell-Stefan
approach [74] is one of the most direct methods to attain this.
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3.4.2
Rejection in NF

Similar to the approach for solvents, both diffusive and convective transport of solutes
can be modeled separately. For dense membranes, a solution-diffusion model can be
used [14], where the flux J; of a solute is calculated as:

—Vi(P—P
(nyifcpj eXp %)

i = DiK;i
J Ax

with D; the diffusivity of the solvent in the polymer matrix, K; the partition
coefficient between component i and polymer, c; and ¢, ; the concentration of
component i in the feed or permeate (mol/l), V, the molar volume of component cat
the boiling point (m?/mol), Pr the feed side pressure (bar), P, the permeate-side
pressure (bar), R the universal gas constant (J/mol K), T the absolute temperature
(K), and Ax the membrane thickness (m). This equation yields a good description of
solute transport, but it is not possible to predict separations because diffusivities
and partition coefficients have to be related to measurable membrane/solvent
parameters.

The transport equations of Spiegler and Kedem combine both diffusion and
convection:

J = L(AP—GAR)

dc
Jo= PsAxa +(1-0)Jsc
The rejection of a given molecule can then be calculated as:

I R =
R= 1_GF with Ffexp< b, ]S>

The permeability Ps is a measure of the transport of a molecule by diffusion. The
reflection coefficient ¢ of a given component is the maximal possible rejection for
that component (at infinite solvent flux). Various models have been proposed for the
reflection coefficient [75-77]. In the lognormal model [78], alognormal distribution is
assumed for the pore size. No steric hindrance in the pores or hydrodynamic lag is
taken into account, but it is assumed that a molecule permeates through every pore
thatis larger than the diameter of the molecule. Moreover, the diffusion contribution
to the transport through the membrane is considered to be negligible. Therefore, the
reflection curve can be expressed as:

R A GG AN
G_Jsp\/ﬁr Xp( 282 )d

with r.=d /2. This equation comprises two variables, S, and 7, where S, is the
standard deviation of the distribution. This standard deviation is a measure for the
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Figure 3.2 Pore solvation solute solvation may influence the
rejection of solutes in organic solvents [80, 81].

distribution of the pore sizes. 7 is a mean pore size, namely the size of a molecule that
is retained for 50%.

However, it is clear that other parameters than only solute size determine transport
and rejection. Tarleton et al. [17, 79] showed that polarity has a major influence on
permeation. Geens et al. [80, 81] showed that interaction effects between solvents,
solutes and the membrane material determine the rejection of a given solute
(Figure 3.2). Differences in solvation may result in lower rejections; this explains
the differences in molecular weight cutoff that were observed.

These effects were observed for both polymeric and ceramic NF-membranes,
showing that differences in rejection are not due to swelling. Nevertheless, swelling
effects have been demonstrated by Tarleton et al. [82, 83] and are known to affect
transport in polymeric membranes.

343
Models for PV: from Solution-Diffusion to Maxwell-Stefan

The transport mechanism in polymeric pervaporation is generally understood as a
combined sorption-diffusion—desorption process. Simple sorption—diffusion mod-
els [84] can serve as a starting point for modeling the membrane separation. These
models give the flux of a component through the membrane as a function of
concentration or partial pressure differences over the membrane. This approach,
however, does not incorporate coupling and interaction effects that are possible
between the different components in a mixture. According to Lipnizki et al. [85],
coupling effects can be expected during all three stages in the pervaporation process
(sorption, diffusion, desorption). Current research focuses on thermodynamic
models to describe sorption of different components into the membrane, and on
the Maxwell-Stefan formulation for describing diffusion processes [86-88].
Pervaporation with ceramic membranes is less well understood in terms of transport
mechanisms. Consequently, modeling of ceramic pervaporation is still less mature,
although the performance of the process was reported to be good [89]. Nomura et al. [90]
studied the transport mechanism of ethanol/water through silicalite membranes in
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pervaporation and vapor permeation and carried out single component and binary
mixture adsorption experiments. It was shown that ethanol permeance was hardly
influenced by the presence of water, whereas the water flux decreased substantially in
the presence of ethanol. An adsorption—diffusion model was considered for the
transport through the membrane. The high-selective permeation of ethanol was
explained by the ethanol-selective adsorption to the silicalite membrane.

Krishna and Paschek [91] employed the Maxwell-Stefan description for mass
transport of alkanes through silicalite membranes, but did not consider more complex
(e.g., unsaturated or branched) hydrocarbons. Kapteijn et al. [92] and Bakker et al. [93]
applied the Maxwell-Stefan model for hydrocarbon permeation through silicalite
membranes. Flanders et al. [94] studied separation of C6 isomers by pervaporation
through ZSM-5 membranes and found that separation was due to shape selectivity.

344
Hybrid Simulations

In industrial applications, pervaporation has to compete with conventional separa-
tion processes, such as distillation, liquid-liquid extraction, adsorption, and strip-
ping. Pervaporation has attracted the interest of the chemical industry for separations
that are difficult to achieve by distillation, for example, separations giving azeotropic
mixtures and separations of components with a small difference in volatility.
Pervaporation as a standalone technique is still to be developed industrially, but as
part of a hybrid process, combined with for example, distillation (Figure 3.3), itis very
promising for difficult separations and may yield considerable energy savings.
Several authors have already developed methodologies for the simulation of hybrid
distillation—pervaporation processes. Short-cut methods were developed by Moganti
et al. [95] and Stephan et al. [96]. Due to simplifications such as the use of constant
relative volatility, one-phase sidestreams, perfect mixing on feed and permeate sides
of the membrane, and simple membrane transport models, the results obtained
should only be considered qualitative in nature. Verhoef et al. [97] used a quantitative
approach for simulation, based on simplified calculations in Aspen Plus/Excel VBA.
Hoémmerich and Rautenbach [98] describe the design and optimization of combined
pervaporation—distillation processes, incorporating a user-written routine for perva-
poration into the Aspen Plus simulation software. This is an improvement over most
approaches with respect to accuracy, although the membrane model itself is still quite
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Figure 3.3 Possible configurations for distillation—pervaporation hybrid processes.

57



58

3 Fundamentals of Membrane Solvent Separation and Pervaporation

limited. Furthermore, most authors analyze and optimize the performance of only a
particular, predetermined hybrid configuration. From the literature references cited
and deriving from one of the conclusions of Lipnizki et al. [85], it appears that more
adequate and accurate process design tools to optimize hybrid techniques involving
pervaporation are strongly needed.

3.5
Conclusions

Solvent-resistant nanofiltration and pervaporation are undoubtedly the membrane
processes needed for a totally new approach in the chemical process industry, the
pharmaceutical industry and similar industrial activities. This is generally referred
to as ‘process intensification’ and should allow energy savings, safer production,
improved cost efficiency, and allow new separations to be carried out.

Problems to be solved are related to membrane stability (of polymeric membranes,
but also the development of hydrophobic ceramic nanofiltration membranes and
pervaporation membranes resistant to extreme conditions), to a lack of fundamental
knowledge on transport mechanisms and models, and to the need for simulation
tools to be able to predict the performance of solvent-resistant nanofiltration and
pervaporation in a process environment. This will require an investment in basic and
applied research, but will generate a breakthrough in important societal issues such
as energy consumption, global warming and the development of a sustainable
chemical industry.
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Fundamentals of Membrane Gas Separation
Tom M. Murphy, Grant T. Offord, and Don R. Paul

4.1
Introduction

Research and technology innovations in the 1960s and 1970s led to the significant
commercial practice of gas separations by membranes that exist today. These
advances involved developing membrane structures that could produce high fluxes
and modules for packaging large amounts of membrane area per unit volume. The
discovery of asymmetric membrane structures for reverse osmosis was a key step in
this evolution [1, 2J; such structures were eventually created in hollow fibers using
solution spinning technology. Typical asymmetric membranes exhibit defects upon
drying that limit their value for gas separations; however, this problem was eventually
solved by the discovery that the defects could be effectively sealed by coating
the membrane with a highly permeable polymer, such as silicone rubber [3, 4].
Composite membranes consisting of a thin separating layer coated onto a porous
substrate or an intermediate layer have also been developed, which has expanded the
types of materials that can be converted into high-flux membranes. For commercial
use, high-flux flat-sheet membranes are packaged into spiral wound modules, while
hollow-fiber membranes are assembled into modules resembling shell and tube heat
exchangers. Today, such membrane modules are sold commercially by a number of
companies for separating nitrogen from air, recovery of hydrogen from process
streams, natural-gas processing, dehydration of gas streams, recovery of vapors from
gases, and so on. A number of recent books summarize these developments and their
industrial uses [5-8].

Most of the more recent research has focused on developing membrane materials
with a better balance of selectivity and productivity (permeability) as that seems the
most likely route for expanding the use of this technology. There appear to be natural
upper bounds [9, 10] on this tradeoff that limit the extent of improvement that can be
realized by manipulating the molecular structure of the polymer used for the selective
layer of high-flux membranes, at least in many cases. This has led to interest in
nonpolymeric and so-called mixed-matrix materials for membrane formation [8];
however, at this time, polymers remain the materials of choice for gas-separation
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membranes. The purposes of this chapter are to review briefly the fundamentals of
gas permeation in polymeric materials and to explore in some detail two very
different material issues of current interest. One of these relates to the physical
aging of glassy polymer membranes that results from their nonequilibrium character.
The other relates to the search for membrane materials that have exceptional selectivity
for CO, relative to other gases, and it turns out that some of the most promising
polymers are in the rubbery state.

4.2
Polymer Structure and Permeation Behavior

Most polymers that have been of interest as membrane materials for gas or vapor
separations are amorphous and have a single phase structure. Such polymers are
converted into membranes that have a very thin dense layer or skin since pores or
defects severely compromise selectivity. Permeation through this dense layer, which
ideally is defect free, occurs by a solution—diffusion mechanism, which can lead to
useful levels of selectivity. Each component in the gas or vapor feed dissolves in the
membrane polymer at its upstream surface, much like gases dissolve in liquids, then
diffuse through the polymer layer along a concentration gradient to the opposite
surface where they ‘evaporate’ into the downstream gas phase. In ideal cases, the
sorption and diffusion process of one gas component does not alter that of another
component, that is, the species permeate independently.

For rubbery polymers, that is, above the glass-transition temperature, T, the
sorption of simple gases follows the relationship known as Henry’s law

C=Sp (4.1)

where Cis the equilibrium concentration of the gas dissolved in the polymer when its
partial pressure in the gas phase is p and S is the solubility coefficient. At steady state,
the diffusion process is described by a simple version of Fick’s law

_ DAC _ DSAp  PAp
R

where [ is the dense layer thickness, AC is the concentration difference of gas in the
upstream and downstream faces of the dense layer and D is the diffusion coefficient.
Since by Equation 4.1, AC= SAp, we can see that the permeability coefficient P is
given by

P=DS (4.3)
Polymers above their T, are in a state of equilibrium much like simple liquids.
However, upon cooling below T, polymers are not able to achieve an equilibrium
state since the polymer chain segments lack sufficient mobility to reach this state in
realizable time scales. Thus, glassy polymers exist in a nonequilibrium state thatis a
function of the prior history of the sample. It is useful to think of simple volumetric
thermal expansion where at equilibrium the specific volume at a given temperature
and pressureis Veq(T, p); the specific volume of a rubbery polymer is given by Veq. The

Flux (4.2)
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observed specific volume of a glassy polymer, V;, will always be larger than Veq; the
excess volume of the glass (Vg — Vo) affects many of the characteristics of the
material and depends on the prior history of the sample. Because of the difference in
segmental mobilities, glassy polymers are more than 10° times stiffer than rubbery
polymers.

The sorption of simple gases in glassy polymers follows a more complex relation
and is well described by the so-called dual sorption model [11-17]

(4.4)

where kp, C'y and b are parameters of the model. The second term on the right in
Equation 4.4 represents an additional mode of sorption that can be linked quantita-
tively to the excess volume of the glassy state (V, — Vo) while the first term may be
thought to represent an extension of the Henry’s law mode seen above T, [13, 14].
Thus, the extent of sorption of gases in glassy polymers is actually significantly
greater than in rubbery polymers, which is counterintuitive considering that glasses
are orders of magnitude more stiff than rubbers. In addition, the amount of sorption
in the glass depends on the history of the sample; both effects being attributable to the
nonequilibrium character [15-17].

The permeation of simple gases in glassy polymers is more complex than in
rubbery polymers. An extension of the dual sorption model of permeation leads to a
relation, when the downstream pressure is small, of the following form

C'ybDy

P =kpD
pDp + 1+bp2

(4.5)

where Dp and Dy are diffusion coefficients for gas molecules sorbed by each of the
modes of sorption and p, is the upstream gas pressure [11-17]. This model predicts
that the permeability coefficient decreases slightly as the upstream pressure is
increased and generally describes experimental data quite well. Later, we will return
to the issue of how history affects permeation behavior of glassy polymers of the type
used to make gas-separation membranes like those shown in Table 4.1.

For gases or vapors that are quite soluble in polymers some of the simple relations
described above break down. For example, the sorption isotherm for vapors in
rubbery polymers may show upward curvature from the simple linear prediction of
Henry’s law, Equation 4.1, and this effect is actually expected from thermodynamic
theories like the well-known Flory—Huggins equation [8]. In addition, the presence of
the penetrant at high enough concentrations will affect the mobility of the polymer
segments, which will be reflected as an increase in the penetrant diffusion coeffi-
cient; this is referred to as plasticization [8]. Similar effects can also be seen in glassy
polymers; but as might be expected, they are even more complex to describe. In
addition to plasticization, sorbing sizable quantities of penetrant into a glassy
polymer alters the state of the glass such that after removal of the penetrant the
glass does notreturn to its original state; this has been referred to as conditioning [17].

For now it is useful to take a more global view and not concern ourselves with the
nonlinear effects described by Equations 4.4 and 4.5 or those caused by plasticization.
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Table 4.1 Three glassy polymers used to form gas-separation membranes.

Polysulfone (PSF)
M e Ua W
n
o} o 0
Matrimid® 1N O O N O
_ Pl
) o)
CH

3

Poly(2,6-dimethyl- ] O%
1,4-phenyl id - !
phenylene oxide) CcH

(PPO) 3

Thus, we can use Equation 4.3 as representative of the solution—diffusion mecha-
nism where S and D may not be constants but depend on the external conditions in
the gas phases. With this in mind for a pair of gases A and B, we can construct the
following useful relationship

2- @)

The ratio P/ Py is often referred to as the permselectivity of the membrane, and in
simple cases allows one to determine the extent of separation that a given membrane
can achieve in a given situation. It is a property of the membrane material and does
not depend on the thickness of the separating layer. This permselectivity is the
product of the ‘diffusion selectivity’ and the ‘solubility selectivity.” To understand
these terms, it is useful to know that in the simplest of cases, the diffusion coefficient
of a penetrant in a given polymer decreases as the size of the penetrant molecule
increases and that the solubility coefficient increases as the ‘condensability’ of the
penetrantincreases. This is illustrated schematically in Figure 4.1. Various molecular
diameters, the van der Waals volume and the critical volume have been used to
characterize penetrant size [7, 8]. The propensity of the penetrant to condense, that s,
its condensability, may be characterized by its boiling point, critical temperature, or
the Lennard-Jones potential well depth, €/k. It is now well established that the
dependence of D on penetrant size is much stronger for glassy polymers than for
rubbery polymers, as suggested in Figure 4.1; that is, glasses may be said to be more
size selective. Thus, glassy polymers like those shown in Table 4.1 have become the
materials of choice for membranes to separate certain gas pairs. However, as we will
explore more fully later, there are cases where rubbery polymers are more selective.

In many cases, but not all, the condensability of penetrants increases as size
increases. This is the case for the gas pair i and j suggested in Figure 4.1. In the case
shown there, the diffusion selectivity favors i over j but the solubility selectivity favors j
over i.
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(b)

log D

i

' rubbery

glassy

log S

Penetrant Size

Figure 4.1 Schematic illustration of how the (a) diffusion

coefficient of penetrants depend on their size in rubbery and
glassy polymers and (b) solubility coefficients for penetrants

depend on their condensability.

Penetrant Condensability

Table 4.2 illustrates the various selectivity factors for some typical rubbery poly-
mers, that is, silicone rubber, poly(dimethyl siloxane), and natural rubber, polyiso-
prene, and a glassy polymer, polysulfone. Here, we consider the important O,/N, pair
and several pairs involving CO, that will be our focus later. In all the cases, the
solubility selectivity is greater than unity and there is not a large difference between
rubbery and glassy polymers. For most of these pairs, the diffusion selectivity is
greater than unity, but there are some exceptions for CO,/O, and CO,/N, that reflect

Table 4.2 Permselectivity characteristics of selected rubbery and glassy polymers.

A/B Pa/Pg SalSe Da/Dg T°C Reference
Poly(dimethyl siloxane)

0,/N, 2.0 1.6 1.3 35,25 [18, 19]
CO,/0, 49 3.4 1.4 35,20 [18, 19]
CO,/N, 7.4 8.1 0.91 35 [18, 20]
CO,/CH, 3.1 2.9 1.1 35 [18]
Natural rubber

0,/N, 2.9 2.0 1.4 25 (19]
C0,/0, 5.6 8.0 1.4 25 [19]
CO,/N, 16 16 1.0 25 [19]
CO,/CH, 45 3.6 12 25 [19]
Polysulfone

0,/N, 5.6 1.6 35 35 6]
CO,/0, 40 8.8 0.45 35 [6]
CO,/N, 2 14 1.6 35 6]
CO,/CH, 2 3.7 5.9 35 [6]
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subtle shape issues that become important when the sizes are similar and will not be
pursued here. The important point is to see the much greater diffusion selectivity for
0,/N, and CO,/CH, in polysulfone than in the two rubbery polymers; this translates
into greater permselectivity of the glassy material than of the rubbery ones.

When the gas or vapor feed stream contains a component that is highly soluble in
the polymer membrane and causes plasticization, then the selectivity as defined by
Equation 4.6 will depend on the partial pressure or the amount of the plasticizing
component sorbed into the membrane. Furthermore, pure-gas permeation mea-
surements are generally not a good indicator of the separation performance, and
mixed-gas permeation measurements will be needed [21-23]. Often, the mixed-gas
selectivity is less than predicted from pure-gas measurements [8]; however, the
opposite has been observed [24]. Competitive sorption effects can also compromise
the prediction of mixed-gas behavior from pure-gas measurements [25]. For gas pairs
where each component is less condensable than CO,, like O,/N,, itis generally safe to
conclude that the selectivity characteristics can be accurately judged from pure-gas
permeabilities at all reasonable pressures. When the gas pair involves a component
more condensable than CO,, plasticization is likely to be a factor and pure-gas data
may not adequately reflect mixed-gas selectivity. When CO, is a component, the
situation depends on the partial pressures and the nature of the polymer.

Generally, polymers that crystallize are not considered good candidates for
membrane materials; however, there are some exceptions [26, 27]. The presence of
crystallinity reduces permeability [28, 29] and good membranes should be capable of
high fluxes. The usual physical picture is to think of a semicrystalline polymer in
terms of a simple two-phase model; one phase being amorphous and the other being
crystalline. In the typical case, the crystals do not sorb or transmit penetrant
molecules; the following relationship has been proposed [28, 29] to describe the
extent to which crystallinity reduces permeability from that if the polymer were
amorphous

P. = Pa(129) (4.7)

B

where P. is the penetrant permeability in the semicrystalline polymer, P, is the
permeability of the completely amorphous polymer, ¢ is the volume fraction of
crystals, T is the tortuosity factor to account for a more elongated path a penetrant
molecule must take through the amorphous phase since it cannot go through the
crystals, and B is the chain-immobilization factor that reflects the reduction in
mobility that occurs in the amorphous phase caused by the presence of crystallites.
Ideally, neither ¢ nor t will depend on what the penetrant is; however, B clearly can
[29, 30]. Thus, itis possible that in addition to reducing permeability, crystallinity can
alter selectivity, that is,

(Pe)a/(Pe)g = [(Pa)a/ (P)s] (%) (48)

Polymer blends and block-copolymers have been considered as membrane
materials as mentioned later. If the components are miscible and a single-phase
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material results, then no special considerations are needed for applying the concepts
outlined above. However, these systems usually consist of separate phases of the
components. In this case, the materials need to be treated as a composite and, then,
their morphology becomes an importantissue [31, 32]. Usually, the continuous phase
dominates the permeation process, so if we want to build into a membrane material
the permeation characteristics of one component, then this component must have
some degree of phase continuity in the material [33].

4.3
Membranes from Glassy Polymers: Physical Aging

Glassy polymers are usually the preferred materials for practical gas-separation
membranes because of their inherently better permeability/selectivity balance than
is typically the case for polymers above their glass-transition temperature [5, 9]. In
addition, the structural rigidity provided by the glassy state is essential for mem-
branes that must be self-supporting (e.g., asymmetric hollow fibers) [5]. Glasses are
not in a state of equilibrium; therefore, their properties are dependent on the details
of their fabrication and time—temperature history [34-36]. Thus, itis not surprising to
observe some variance in the reported properties, such as density, refractive index,
gas permeability, and so on, of glassy polymers. At least for macroscopic specimens,
the variability seems to be within a range small enough that meaningful property
tabulations can be made for glassy polymers, as recorded in many handbooks [37].
However, recent research has shown that this variability may be considerably more
pronounced for thin films because of their significantly more rapid evolution toward
the equilibrium state, a process known as physical aging, most often observed in
terms of volume relaxation or densification [38]. This densification, or physical aging,
affects properties that are sensitive to free volume, such as permeability, and the
associated changes can be quite significant, on time scales of weeks to years [38-52].

Practical membranes must be very thin to achieve the high fluxes needed for
economical productivity; typically, ‘skins’ or separating layers with thicknesses of the
order of 0.1 um (or 100 nm) or less with minimal defects are essential for a viable
technology. However, such thin layers of glassy polymers can be greatly affected by
the physical aging issues mentioned previously. This brings into question the widely
practiced approach of using relatively thick films for screening or selecting polymers
as membrane materials. Indeed, the permeation properties of thick films are often
used to calculate the effective thickness of the skin layer of asymmetric or composite
membrane structures from observed fluxes.

Figure 4.2 is an attempt to classify glassy polymer films into different regimes of
behavior according to thickness. To the far right of the thickness scale is the familiar
case where properties, including those related to the departure from an equilibrium
state, are expected to be independent of specimen size. This is clearly the expectation
on the millimeter or centimeter scale and probably extends down to several micro-
meters; we might call this the ‘bulk’ regime. On the other extreme are ultrathin films
where the thickness is of the same order of magnitude as the dimensions of the
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Figure 4.2 Approximate thickness regimes for the behavior of
glassy polymer films [52]. Reproduced with permission of the
American Chemical Society.

polymer chain coils (<100 nm, typically). In this region, the conformations of the
polymer chains are perturbed by the boundaries imposed by the surfaces of the films,
which results in the so-called ‘confinement effects.” The recent literature on polymer
physics contains many experimental and theoretical studies of such ‘ultrathin films’
[53-56]. The glass-transition temperature (T,) and other characteristics of ultrathin
films have been reported to be dependent on thickness; certain differences in
behavior have been attributed to whether the film is freestanding or supported on
some substrate, which may influence the polymer. It is beyond the scope of this
chapter to review or explain this regime. It is sufficient for current purposes to note
that characteristics such as T, seem to reach a plateau or bulk value prior to
thicknesses of the order of 100 nm, which is on the order of the thickness of the
separating ‘skin’ layer of some commercial asymmetric membranes.

There is a region of ‘thin films’ with thicknesses between the two previously
described extreme limits, ranging from ~100nm to several micrometers, where
volume relaxation processes —and, hence, the change in gas-permeability properties
with time — are much more rapid than that expected based on observations of ‘bulk’
specimens as shown below.

The results shown next are for thin films prepared over a range of thicknesses from
the polymers shown in Table 4.1 by spin casting that were then heated above T, briefly
to erase prior history and then cooled to 35 °C where aging was observed for more
than a year [45]. Ellipsometry was used to measure the film thickness and refractive
index accurately [38, 45]. Figure 4.3 shows how the permeability of O, in PPO
decreases with aging time at 35 °C for films that range in thickness from 400 nm to 1
mil. The dashed line shows the single ‘bulk’ value for O, permeability reported in the
literature for PPO measured on thick films. At short aging times, the permeability
values reported lie well above the so-called bulk value. This is believed to reflect the
state of relatively high free volume captured by the protocol of film preparation used
in this work. At longer aging times, the current permeability values decrease well
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Figure 4.3 Oxygen permeability coefficients of poly (2,6-dimethyl-
1,4-phenylene oxide) (PPO) films of various thicknesses, as a
function of aging time at 35 °C [52]. Reproduced with permission
of the American Chemical Society.

below the bulk values except for some thick films. Similar results have been observed
for the other polymers shown in Table 4.1 as well as several novel polyimides [49, 50].

Thus, the central conclusion is that the bulk values may differ from the time-
dependent values for thin films by very significant amounts. This results from the
well-known fact that the state of a glassy polymer is dependent on its prior history, and
the lesser-known fact that the rate of physical aging of thin films can be quite
significant at temperatures well below the T, value; in the present case, PSFis 150 °C,
PPOis 175 °C, and Matrimid is 275 °C below their respective T, values. The aging rate
is clearly dependent on film thickness as shown in Figure 4.4. The thinnest films
examined here are of the order of 0.4 um (or 400 nm) in thickness. One would expect
even faster rates at 100 nm; however, current techniques have not yet permitted
probing such thin samples because of issues of manipulating such fragile structures.
The present results are not due to any alteration of the T, value by thickness because
such effects seem to be significant only well below 100 nm [45, 53, 54]. Thus, it seems
that different issues are at play here than in the regime we labeled ‘ultrathin films’ in
Figure 4.2.

The rate of change in permeability during aging is dependent on the size of the gas
molecule; the rate of change for all the polymers studied follows the order O, <N,
CH, [48]. This is understandable because the underlying issue is the loss of free
volume during aging and this has a larger effect on the permeation of larger
molecules. Thus, the selectivity should increase on aging that is demonstrated to
be the case in Figure 4.5 for PSF; the rate of increase is greater the thinner the film.
Clearly, the use of ‘bulk’ values of gas permeability provides only a first-order
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approximation to the productivity/selectivity balance observed in thin films because
of the aging phenomenon.

In addition to thickness, ellipsometry techniques also give the refractive index of
thin films [38, 45], which provides another useful way of tracking aging since
refractive index can be related to density via relations like the Lorentz—Lorenz
equation [38]. Figure 4.6 illustrates the change in refractive index (normalized by
the initial value for thin films (~400 nm) of the three glassy polymers from Table 4.1.
The increase in refractive index confirms that the aging process involves densifica-
tion of the glass polymer. Itis clear from these results that the aging rate of these three
polymers is PPO > Matrimid>PSF, which is consistent with the results in Figure 4.4
where the aging response was tracked in terms of oxygen permeation. A more formal
way to make the comparison between aging responses by permeation and optical
properties is to define an aging rate as follows

1 /0V olnp

- (ﬁ> - <m) (49)
where V=specific volume and p = density of the polymer. The refractive-index data
can be used to compute this aging rate using the Lorentz-Lorenz equation [38, 57].
Figure 4.7 compares the oxygen, nitrogen, and methane permeability reduction rates
vs. the corresponding volumetric relaxation rate for thin films of the 6FDA-based
polyimides aged at 35 °Cwith other thin glassy polymer films, viz., polysulfone (PSF),
the commercial polyimide Matrimid, and poly (2,6-dimethyl-1,4-phenylene oxide)
(PPO). Clearly, there is a strong correlation between the two measures of aging rate
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Figure4.6 Normalized refractive indices for thin films (~400 nm)

of three glassy polymers as a function of aging time [38].

Reproduced with permission of the American Chemical Society.
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thatis consistent among all these polymers. Note that the multiple points for the latter
three polymers from the literature correspond to films of different thickness.
Interestingly, the 6FDA-based polyimide thin films show much larger aging rates
than the other materials, which is consistent with the higher free volume of these
polyimides.

The experimental results described above show that the gas-permeability proper-
ties of thin glassy polymer films (submicrometer in thickness) are more time- or
history-dependent than much thicker films (the bulk state; for example, 50 um or
thicker) seem to be. This is manifested in terms of physical aging over a period of 1
year and more. The observed permeability values for the current thin films are all
initially greater than the reported bulk values but approach or become less than these
values after a few days or weeks, depending on the thickness. After a year, the thin
films may be as much as four times less permeable than the reported bulk values.
Selectivity increases with aging time, as might be expected from a densification
process.

These observations have several practical consequences for membrane processes
where the selective layers are as thin as or even thinner than the low end of the range
studied here. First, it is clear that use of thick film data to design or select membrane
materials only gives a rough approximation of the performance that might be realized
in practice. Second, because the absolute permeability of a thin film may be several-
fold different than the bulk permeability, use of the latter type of data to estimate skin
thickness from flux observations on asymmetric or composite membranes structures
is also a very approximate method. Finally, these data indicate that one could expect
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the productivity of commercial membrane modules to decline measurably over their
lifetime of several years because of physical aging effects. Although there seems to be
no published data showing such effects for gas-separation membranes based on
polymer glasses, this is certainly the anecdotal experience of membrane suppliers
and users. There is at least one documented report of such declines in reverse-
osmosis membranes [58]. Often, these declines for asymmetric membranes have
been attributed to ‘compaction’ of the porous substructure over time due to stress,
effectively making the skin thicker; however, itis quite likely that at least some portion
of this can be attributed to the more fundamental issue of physical aging of the glassy
polymer skin. It should be said that one cannot precisely compare data such as that
shown here to membrane module performance because the thin layers probably have
experienced very different histories. In the present case, the films were heated above
the glass-transition temperature (T,) and then cooled to ambient conditions to give a
well-defined starting state for the aging process. The skins of practical membranes
are formed by a more complex process, and, generally, the online flux monitoring
begins after considerable aging has already occurred.

4.4
Membranes from Rubbery Polymers: Enhanced CO, Selectivity

There are many examples of gas streams containing CO, as an impurity that must be
removed from lighter gases like CH,4, N,, and H,. Examples include natural gas,
where CH, is the desired product, refinery and reforming streams, where H, is the
valued product, flue gases, where CO, needs to be removed from N, and sequestered,
and others [59]. In these cases, membranes are needed that are much more
permeable to CO, relative to these light gases than can be found in conventional
polymers (see the data in Table 4.2). Membranes are also useful in modified
atmosphere packaging of fruits and vegetables for extending shelf life, and there
is a need in certain applications for membranes that are more permeable to CO,,
relative to O, and Ny, than current membrane materials [60]. This application will be
explained more fully later.

One strategy for designing membranes that are more selective to CO, is to take
advantage of its potential quadrapole interaction with the polymer to increase its
solubility selectivity relative to the light gases, which cannot interact in this manner
[59]. However, the advantages gained by building in this form of CO, selectivity would
not be fully realized if it were counterbalanced with a large size selectivity favoring the
light gas; that is, one can expect glassy polymers to favor the light gas because of their
larger diffusive selectivity as illustrated in Figure 4.1. For rubbery polymers, the size
selectivity is minimal, as shown in Table 4.2, which gives the solubility selectivity a
chance to dominate. As it turns out, poly(ethylene oxide), PEO, segments have an
excellent affinity for CO, relative to O,, N,, CHy, and so on [20, 24, 59, 61-79];
however, poly(ethylene oxide) itself is highly crystalline, which reduces its perme-
ability to all gases, it has a low melting point, ~65 °C, and it is water soluble. Thus,
PEO is not directly useful for most of the applications mentioned, but there has been
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Table 4.3 Infinite dilution permselectivity characteristics of
semicrystalline poly(ethylene oxide) at 35°C [76].

A/B Pa/Pg SalSe Da/Dg
0,/N, 2.7 1.14 24
CO,/0, 18 9 1.9
CO,/N, 48 10.3 4.7
CO,/CH, 20 47 43
CO,/H, 6.8 — —

considerable research over the years directed at taking advantage of its desirable
attributes, while minimizing its undesirable features [20, 24, 59, 61-79].

The various approaches to the problem outlined above have included blending
PEO with polymers with which it may be miscible [61, 66], making block-copolymers
of PEO with oligomers or polymers where the other segments were polyimides [64,
65, 67, 68], polyurethanes [71], polyamides [62, 70, 72-74] and polyesters [75], and
making highly crosslinked structures containing ethylene oxide units [24, 76, 78, 79].
In general, these approaches can suppress PEO crystallization, prevent solubility in
water, increase strength, and some lead to structures that can be converted to high-
flux composite hollow-fibers [68] and flat-sheet [62] membranes. The block-copoly-
mers were designed to have high PEO contents to give a PEO continuous phase.
Selected results from these studies are presented here to show how effective this
approach can be.

Table 4.3 shows the permselectivity characteristics of pure, semicrystalline PEO
films [76]. The selectivity characteristics for O,/N, are rather similar to those for
silicone rubber and natural rubber shown in Table 4.2. However, the values of
permselectivity for CO, relative to the various light gases shown are all much higher
than Table 4.2 shows for the rubbery polymers listed there and even for polysulfone
except for CO,/CH,. Comparison of the data in Tables 4.2 and 4.3 makes it clear that
this high permselectivity of PEO stems from its high solubility selectivity for CO,
versus other gases; this is augmented by modest values of diffusivity selectivity. Data
in Table 4.4 for the CO, /N, pair illustrate that this effect can be translated into various
block-copolymer structures when the PEO content is high enough to ensure it is the
continuous phase. In fact, nearly all these materials have higher permselectivity and
solubility selectivity for CO,/N, than does pure PEO (see Table 4.3); however, the
diffusion selectivity for these copolymers is much closer to, or even less than, unity
than seen for pure PEO. Furthermore, the copolymers all have much higher absolute
permeability coefficients than does PEO.

Figure 4.8 shows graphically how the permselectivity for CO,/N, is much higher
for any other gas relative to N, in a poly(butylene terephthalate) block-copolymer
containing 56 wt.% PEO segments [75]. The gas-solubility data in a polyamide block-
copolymer containing 57 wt.% PEO given in Figure 4.9 clearly demonstrate the
unusually high CO, solubility in these materials relative to other gases [70]. In fact,
the CO, data fall higher than expected based on the trend line set by the other gases by
a factor of about 6. Apparently this effect is unique to ethylene oxide segments since
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Table 4.4 Carbon dioxide (A)/nitrogen (B) permselectivity
characterization for polyimide, polyurethane and polyamide
block-copolymers containing polyether segments.

Polymer [PE]” wt% Pa/Pg Sa/Se D,/Dg T°C Reference
BP-ODA/DABA/PEO 57 69 77 0.92 25 [65]
BP-ODA/DABA/PPO 57 28 33 0.84 25 [65]
BP-ODA/DABA/PTHF 58 29 — — 25 [65]
MDI-BPA/PEO 60 47 41 1.15 35 [71]
N6/PEO 70 71 26 28 25 (73]
N6/PEO 57 56 88 0.63 35 [72]
N12/PEO 55 51 63 0.81 35 (72]

“Weight per cent polyether in copolymer.

PEO = poly(ethylene oxide).

PPO = poly(propylene oxide).

PTHF = poly(tetramethylene oxide).

BP-ODA/DABA =polyimide (see Ref. 65 for structure).
MDI-BPA = polyurethane (see Ref. 71 for structure).
N6 = polyamide 6.

N12 = polyamide 12.

the data in Table 4.4 suggest that propylene oxide or tetramethylene oxide segments
do not lead to such high CO,/N, permselectivity characteristics.

Next, we show how membranes with very high CO, permselectivity relative to O,
and N, would have value in preserving the shelf life of fruits and vegetables. It is well
known that controlling the CO, and O, atmosphere around produce combined with
refrigeration can extend the post-harvest viable life of produce; see Table 4.5 for
recommended atmospheres for selected items of produce. The inset in Figure 4.10
illustrates how membranes are used to create a modified atmosphere inside a
package of respiring produce. The produce consumes O, and gives off CO, in a

T T T
100 | co F
2
*
—-
o
P_"_ He Gh,
z 10 M
2 H,
3
] o ¢ *CH,
[77]
1F N ¢ E
2
25 3 3.5 4 4.5

Kinetic Diameter [ A ]

Figure 4.8 Selectivity for various gases relative to oxygen at 20°C
for a PBT-PEO block-copolymer [75].
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Figure 4.9 Gas solubility in a polyamide-PEO block-copolymer containing 57 wt.% PEO units [70].

certain molar ratio or respiratory quotient (RQ) that normally is about 1.2; a high-flux
membrane patch affixed to the package regulates the inflow of O, and outflow of CO,.
A theory for this process shows that at steady state the content of O, and CO, will lie
on a line like those illustrated in Figure 4.10 that depend only on the permselectivity
characteristics of the membrane and RQ [60]. Figure 4.10 shows lines for membranes
that are nonselective and ones that have the properties of silicone rubber and poly
(ethylene oxide). Exactly where on these lines the atmosphere in a given package will
lie depends on the ratio of respiration to permeation rates and is a design parameter
controlled by factors like membrane area and permeance plus the type and amount of
produce in the package. Clearly, a silicone-rubber membrane combined with some
nonselective perforations will meet the optimum requirement for many items of
produce in Table 4.5 [60]. However, some items, like apples and pears, require a lower
content of CO, in the steady-state atmosphere than can be generated by such
membranes. In these cases, a more CO,-selective membrane is needed, and those
based on PEO segments in a suitable form to meet other requirements appear
promising.

Table 4.5 Recommended atmospheres for prolonging viable life of selected fruits and vegetables.”

Produce T°C % O, % CO,
Broccoli 0-5 1-2 5-10
Cabbage 0-5 2-3 3-6
Celery 0-5 1-4 3-5
Oranges 5-10 5-10 0-5
Strawberries 0-5 5-10 15-20
Carrots (sliced) 0-5 2-5 15-20
Lettuce (Iceberg, chopped) 0-5 0.5-3 10-15
Apples (Braeburn) 0.7 1.8 1.0
Pears (Bartlett) -1-0 1-2 0-1.5

“From http://postharvest.ucdavis.edu.
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4.5
Summary

The chemical structure and physical state of the polymer has a considerable effect on
how a membrane formed from it performs for gas separations. The glassy state is
preferred for high selectivity when there are considerable differences in penetrant
sizes; however, thin, glassy polymer layers or skins may undergo substantial decline in
permeability over time owing to physical aging that is much more rapid than observed
in bulk. Rubbery polymers allow the opportunity to base selectivity on penetrant
solubility, as illustrated for CO, relative to other gases. Polymers containing poly
(ethylene oxide) segments have attractive CO, selectivities because of their interac-
tions with the CO, quadrapole. However, to achieve practical membranes from such
materials, itis necessary to suppress PEO crystallization (to achieve high fluxes) and to
retard swelling by water using crosslinking, blending, or block-copolymer structures.
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5
Fundamentals in Electromembrane Separation Processes

Heinrich Strathmann

5.1
Introduction

Electromembrane processes such as electrolysis and electrodialysis have experienced
a steady growth since they made their first appearance in industrial-scale applications
about 50 years ago [1-3]. Currently desalination of brackish water and chlorine—alka-
line electrolysis are still the dominant applications of these processes. But a number
of new applications in the chemical and biochemical industry, in the production of
high-quality industrial process water and in the treatment of industrial effluents,
have been identified more recently [4]. The development of processes such as
continuous electrodeionization and the use of bipolar membranes have further
extended the range of application of electromembrane processes far beyond their
traditional use in water desalination and chlorine-alkaline production.

The term ‘electromembrane process’ is used to describe an entire family of
processes that can be quite different in their basic concept and their application.
However, they are all based on the same principle, which is the coupling of mass
transport with an electrical current through an ion permselective membrane.
Electromembrane processes can conveniently be divided into three types: (1)
Electromembrane separation processes that are used to remove ionic components
such as salts or acids and bases from electrolyte solutions due to an externally applied
electrical potential gradient. (2) Electromembrane synthesis processes that are used
to produce certain compounds such as NaOH, and Cl, from NaCL due to an
externally applied electrical potential and an electrochemical electrode reaction.
(3) Eletectromembrane energy conversion processes that are to convert chemical
into electrical energy, as in the H,/O, fuel cell.

In this chapter only electromenbrane separation processes such as electrodialysis,
electrodialysis with bipolar membranes and continuous electrodeionization will be
discussed.

Membrane Operations. Innovative Separations and Transformations. Edited by Enrico Drioli and Lidietta Giorno
Copyright © 2009 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim
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5.2
The Structures and Functions of lon-Exchange Membranes

The key components in electrodialysis and related processes are the ion-exchange
membranes. There are three different types of ion-exchange membranes: (1) cation-
exchange membranes that contain negatively charged groups fixed to the polymer
matrix, (2) anion-exchange membranes that contain positively charged groups fixed
to the polymer matrix, and bipolar membranes that are composed of an anion- and a
cation-exchange layer laminated together.

In a cation-exchange membrane, the fixed negative charges are in electrical
equilibrium with mobile cations in the interstices of the polymer as indicated in
Figure 5.1, which shows schematically the structure of a cation-exchange membrane
with negative charges fixed to the polymer matrix, and mobile cations and anions.

The mobile cations are referred to as counterions and the mobile anions that carry
the same electrical charge as the polymer membrane that are more or less completely
excluded from the membrane are referred to as co ions. Due to the exclusion of the co
ions, a cation-exchange membrane is more or less impermeable to anions. Anion-
exchange membranes carry positive fixed charges and exclude cations. Thus, they are
more or less impermeable to cations. To what extent the co ions are excluded from an
ion-exchange membrane depends on membranes as well as on solution properties.
Bipolar membranes enhance the dissociation of water molecules into H* and OH ™~
ions and are used in combination with monopolar membranes for the production of
acids and bases from the corresponding salts [5].

The most desired properties of ion-exchange membranes are: high permselec-
tivity, low electrical resistance, good mechanical and form stability, and high chemical
and thermal stability. In addition to these properties bipolar membranes should have
high catalytic water dissociation rates.

(=) fixed ions # counter-ions @ co-ions

~ polymer matrix

Figure 5.1 Schematic drawing illustrating the structure of a cation-exchange membrane.



5.2 The Structures and Functions of lon-Exchange Membranes

5.2.1
lon-Exchange Membrane Materials and Structures

Many of today’s available membranes meet most of these requirements. In particular,
the Nafion-type cation-exchange membrane has quite satisfactory properties for
applications in the chlorine—alkaline electrolyses as well as in electrodialysis [6].
Anion-exchange membranes often show lower stability in strong alkaline solutions
than cation-exchange membranes.

The properties of ion-exchange membranes are determined by two parameters, that
is, the basic material they are made from and the type and concentration of the fixed ionic
moiety. The basic material determines to a large extent the mechanical, chemical, and
thermal stability of the membrane. Ion-exchange membranes are made today from
hydrocarbon or partially halogenated hydrocarbon and perfluorocarbon polymers|7, 8].

The type and the concentration of the fixed ionic charges determine the perms-
electivity and the electrical resistance of the membrane, but they also have a significant
effect on the mechanical properties of the membrane. The degree of swelling,
especially, is effected by the type of the fixed charges and their concentration.

The following moieties are used as fixed charges in cation-exchange membranes:

-S0; —COO~ —PO;" —PHO, -—AsO; —SeO;.

In anion-exchange membranes fixed charges may be:

+ + + + +
—NH,R —NHR, —NR; —PR; —SR,.

Thesulfonicacid groupis completely dissociated over nearly the entire pH range, while
the carboxylic acid group is virtually undissociated in the pH range <3. The quaternary
ammonium group again is completely dissociated over the entire pH range, while the
secondary ammonium group is only weakly dissociated. Accordingly, ion-exchange
membranes are referred to as being weakly or strongly acidic or basic in character.

Ion-exchange membranes can also be divided, according to their structure and
preparation procedure, into homogeneous and heterogeneous membranes [4].

In homogeneous ion-exchange membranes the fixed-charged groups are evenly
distributed over the entire membrane polymer matrix. Homogeneous membranes
can be produced, for example, by polymerization or polycondensation of functional
monomers such as phenolsulfonic acid, or by functionalizing a polymer such as
polysulfone dissolved in an appropriate solvent by sulfonation.

Heterogeneous ion-exchange membranes have distinct macroscopic domains of
ion-exchange resins in the matrix of an uncharged polymer. They can be produced by
melting and pressing a dry ion-exchange resin with a polymer powder such as
polyvinylchloride, or by dispersion of the ion-exchange resin in a polymer solution.

5.2.2
Preparation of lon-Exchange Membranes

Ion-exchange membranes are ion-exchange resins in sheet form. There are, however,
significant differences between ion-exchange resins and membranes as far as the
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mechanical properties and especially the swelling behavior are concerned. Ion-
exchange resins are mechanically weak or tend to be brittle. Changes in the electrolyte
concentration of an electrolyte in equilibrium with the ion-exchange resin may cause
major changes in the water uptake and hence in swelling. These changes can not be
tolerated in ion-exchange membranes that have to fit an apparatus under very
different electrolyte concentrations and temperatures. The most common solution
to this problem is the preparation of a membrane with a backing of a stable
reinforcing material that gives the necessary strength and dimensional stability.
Preparation procedures for making ion-exchange membranes are described in great
detail in the literature [8-10] and are quite different for heterogeneous and homoge-
neous membranes.

5.2.2.1 Preparation Procedure of Heterogeneous lon-Exchange Membranes
Ion-exchange membranes with a heterogeneous structure consist of fine ion-ex-
change particles embedded in an inert binder polymer such as polyethylene, phenolic
resins, or polyvinylchloride. Heterogeneous ion-exchange membranes are charac-
terized by the discontinuous phase of the ion-exchange material. The efficient
transport of ions through a heterogeneous membrane requires either a contact
between the ion-exchange particles or an ion-conducting solution between the
particles. Heterogeneous ion-exchange membranes can easily be prepared by mixing
an ion-exchange powder with a dry binder polymer and extrusion of sheets under the
appropriate conditions of pressure and temperature or by dispersion of ion-exchange
particles in a solution containing a dissolved film-forming binder polymer, casting
the mixture into a film and then evaporating the solvent.

Heterogeneous ion-exchange membranes with useful low electrical resistances
contain more than 65% by weight of the ion-exchange particles. Membranes that
contain significantly less than 65wt% ion-exchange particles have high electric
resistance and membranes with significantly more resin particles have poor me-
chanical strength. Furthermore, heterogeneous membranes develop water-filled
interstices in the polymer matrix during the swelling process that affects both the
mechanical properties as well as the permselectivity.

The ion-exchange capacities of heterogeneous membranes are in the range of 1-2
equivalent per kilogram dry membrane and thus significantly lower than that of
homogeneous membranes, which is between 2 and 3 equivalent per kilogram dry
resin. In general, heterogeneous ion-exchange membranes have higher electrical
resistances and lower permselectivity than homogeneous membranes.

5.2.2.2 Preparation of Homogeneous lon-Exchange Membranes
Homogeneous ion-exchange membranes can be prepared by polymerization of
monomers that contain a moiety that either is or can be made anionic or cationic,
or by polymerization of a monomer that contains an anionic or a cationic moiety, or by
introduction of anionic or cationic moieties into a polymer dissolved in a solvent by a
chemical reaction, or grafting functional groups into a preformed polymer film [10].
A method of preparing both cation- and anion-exchange membranes, which is
used for the preparation of commercial cation-exchange membranes, is the poly-
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merization of styrene and divinylbenzene and its subsequent sulfonation according
to the following reaction scheme:

CH
P
\H 2CH

c
H,C=CH
H,C=CH o
polymerization
+ SO,H
sulfonation
H,C=CH O
SO,H

In a first step styrene is partially polymerized and cross-linked with divinylbenzene
and then in a second step sulfonated with concentrated sulfuric acid. The obtained
membranes show high ion-exchange capacity and low electrical resistance. To
increase the mechanical strength the membrane is cast on a support screen.

A homogeneous anion-exchange membrane can be obtained by introducing a
quaternary amine group into polystyrene by a chloromethylation procedure followed
by an amination with a tertiary amine according to the following reaction scheme:

rosed” T e o N o o e
CH,CH,OCH,CI (CHYN
» b
oI
| CH,
CH,CI CH, 1\(\ CH,
CH,

The membrane structures and their preparation described above are just two
examples. There are many variations of the basic preparation procedure resulting in
slightly different products. Instead of styrene, often substituted styrenes such as
methylstyrene or phenyl-acetate are used instead of divinylbenzene monomers such
as divinylacetylene or butadiene are used.

One of the technically and commercially most important cation-exchange
membranes developed in recent years is based on perfluorocarbon polymers.
Membranes of this type have extreme chemical and thermal stability and they are
the key component in the chlorine—alkaline electrolysis as well as in most of today’s
fuel cells. They are prepared by copolymerization of tetrafluoroethylene with
perfluorovinylether having a carboxylic or sulfonic acid group at the end of a side
chain. There are several variations of a general basic structure commercially
available today [11]. The various preparation techniques are described in detail in
the patent literature.
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Today’s commercially available perfluorocarbon membranes have the following
basic structure:

—(CFo—CF)—CF—CFRyj
(OCF, — (IJF)m—O— (CFp)nX
CF,
k =5-8,1=600-1200, m=1-2, n = 1-4, X = SO;3~, COO~

The synthesis of the perfluorocarbon membranes is rather complex and requires a
multistep process.

In addition to the various perfluorinated cation-exchange membranes an anion-
exchange membrane has also been developed. The anion-exchange membrane has
similar chemical and thermal properties to the perfluorinated cation-exchange
membrane.

More recently cation-exchange membranes with good mechanical and chemical
stability and well-controlled ion-exchange capacity are prepared by dissolving and
casting a functionalized polymer such as sulfonated polysulfone, or sulfonated
polyetheretherketone in an appropriate solvent, followed by casting the mixture into
a film and then evaporation of the solvent [12].

To obtain membranes with different ion-exchange capacity the sulfonated poly-
etheretherketone or polysulfone can be mixed with unsulfonated polymer in a solvent
such as N-methylpyrrolidone. By changing the ratio of the sulfonated to unsulfonated
polymer the fixed-charge density can easily be adjusted to a desired value.

The sulfonated polysulfone as well as polyetheretherketone can be cast as a film on
a screen. After the evaporation of the solvent a reinforced membrane with excellent
chemical and mechanical stabilities and good electrochemical properties is obtained.

The anion-exchange membrane based on polysulfone can be prepared by halo-
methylation of the backbone polymer and subsequent reaction with a tertiary amine

5.2.2.3 Special Property Membranes

In addition to the monopolar membrane described above a large number of special
property membranes are used in various applications such as low-fouling anion-
exchange membranes used in certain wastewater treatment applications or compos-
ite membranes with a thin layer of weakly dissociated carboxylic acid groups on the
surface used in the chlorine-alkaline production, and bipolar membranes composed
of a laminate of an anion- and a cation-exchange layer used in the production of
protons and hydroxide ions to convert a salt in the corresponding acids and bases. The
preparation techniques are described in detail in numerous publications [13-15].

5.3
Transport of lons in Membranes and Solutions

The transport rate of a component in a membrane and a solution is determined by its
concentration, its mobility in a given environment and by the driving force or forces
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acting on the component. The concentration and mobility of a component are
determined by its interaction with other components in its surrounding. The driving
forces for the transport are gradients in the electrochemical potential. In electrolyte
solutions the electrostatic forces must always be balanced, that is, the electroneu-
trality prevails on a macroscopic scale. For applying an electrical potential in an
electrolyte solution two electron conductors must be in contact with an electrolyte. At
the electrode/electrolyte interface the electron conductance is converted to an ionic
conductance by an electrochemical reaction.

5.3.1
Electric Current and Ohm’s Law in Electrolyte Solutions

In electromembrane processes the anions move towards the anode where they are
oxidized by releasing electrons to the electrode in an electrochemical reaction.
Likewise, the positively charged cations move towards the cathode where they are
reduced by receiving electrons from the electrode in an electrochemical reaction.
Thus, the transport of ions in an electrolyte solution and ion-exchange membrane
between electrodes results in a transport of electrical charges, that is, an electrical
current which can be described by the same mathematical relation as the transport of
electrons in a metallic conductor, that is, by Ohm’s law that is given by:

U=RI (5.1)

Here, Uis the electrical potential between two electron sources, for example, between
two electrodes, I is the electrical current between the electron sources, and R the
electrical resistance.

The resistance Ris a function of the specific resistance of the material, the distance
between the electron sources, and the cross-sectional area of the material through
which the electric current passes. It is given by:

!
R=p- 5.2
pq (5.2)

Here, R is the overall resistance, p is the specific resistance, ! is the length, and g the
cross-sectional area of the conducting material.

The reversal of the resistance and of the specific resistance, respectively, is the
conductivity and the specific conductivity, thus is:

1 1
Szﬁ and « :B (53)

Here, S is the conductivity and « the specific conductivity.

The conductivity of electrons in metal conductors, however, is generally 3-5
orders of magnitude higher than that of ions in electrolyte solutions. Furthermore,
the conductivity of metals is decreasing with increasing temperature, while the
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conductivity of electrolyte solutions is increasing with temperature. The most
important difference between electron and ion conductivity, however, is the fact
that ion conductivity is always coupled with a transport of mass while, due to the
very small mass of an electron, virtually no mass is transported in an electron
conductor.

The conductivity of electrolyte solutions depends on the concentration and the
charge number of the ions in the solution. It is expressed as the molar or equivalent
conductivity or molar conductivity, which is given by:

K

c. (zavanr ZcVe)

K
Amol ==

c and Aegq =

(5.4)

Here, Amol and A¢q are the molar and the equivalent conductivity, C is the molar
concentration of the electrolyte in the solution, z, and z. are the charge numbers of
the anion and cation, respectively, and v, and v, are the stoichoimetric coefficients of
the anion and cation, respectively.

The stoichoimetric coefficient gives the number of anions and cations in a mole
electrolyte and the charge number gives the number of charges related to an ion. For
example, for NaCl v, and v, are identical and 1 and also z, and z. are 1. However, for
MgCl, v is 1 and v, is 2, and z. is 2 and z, is 1.

The number of electrical charges carried by all the ions of an electrolyte under the
driving force of an electrical potential gradient through a certain area A in the
direction of transport is given by:

Zzlulv CF ZZLF], Zzlv cxeq A (5.5)

Here, J.. is the flux of electrical charges and J; that of the individual ions, z, u, and v are
the charge number, the ion mobility, and the stoichiometric coefficient, respectively,
Cis the concentration of the electrolyte, Ap and Az are the potential difference and the
distance between two points in the z direction, F is the Faraday constant, which is
F=96485 [C eq '], and A, is the equivalent conductivity.

Thus, the flux of electrical charges represents an electrical current, which is
according to Ohm’s law given by:

YV N AQ A9,
Ifszi:lejl Zzlvc l K- =iA (5.6)

Here, I is the current, U is the applied voltage, R is the resistance, A is the area
through which the current passes, A@ is the voltage difference between two points,
and [ is the distance between the two points, k is the conductivity, A is the cross-
sectional area of the conducting media, and i is the current density
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5.3.2
Mass Transport in Membranes and Solutions

To describe the mass transport in an electrolyte solution or in an ion-exchange
membrane, three independent fluxes must be considered, that is, the fluxes of the
cations the flux of anions, and the flux of the solvent [16]. The transport of ions is the
result of an electrochemical potential gradient and the transport of the solvent
through the membrane is a result of osmotic and electro-osmotic effects.

5.3.2.1 The Driving Force and Fluxes in Electromembrane Processes
The driving force for the flux of a component in electromembrane processes is a
gradient in their electrochemical potential which is given at constant temperature by:
‘;‘;‘:i‘; %: Vij—i+RTd$“‘+ziF% (5.7)
Hered[y;, dn;, du;, dIn a;, dg and dp are the gradients of the electrochemical potential,
the chemical potential, the activity, the electrical potential and of the hydrostatic
pressure, F is the Faraday constant and R the gas constant, and T the temperature.
The mass transport in electromembrane processes at constant pressure and
temperature can be described as a function of the driving force by a phenomenologi-
cal equation [17], that is,:

o ' oy, , dlng; @
Ji= Z: Li—q = Z L, <RTTZ +zLFdZ> (5.8)

Here, Ly is a phenomenological coefficient relating the driving force to the corre-
sponding flux, the subscripts i and k refer to various components in the system.

Assuming an ideal solution in which the activity of a component is identical to
its concentration and no kinetic coupling occurs between individual fluxes,
Equation 5.8 becomes identical with the Nernst-Planck flux equation [18], which
is given by:

],' _ —Di (dC,- 4 ZiFCi d(P) (5‘9)

dz ' RT dz

Here, D; is the diffusion coefficient of the component i which is related to the
phenomenological coefficient by: D;= (L;;/RT).

The first term D;(dC;/dz) represents the diffusion, the second term D;(z;C;F/RT)
(dp/dz) the migration of a component. Thus, the Nernst-Planck equation is an
approximation of the more general phenomenological equation.

5.3.2.2 Electrical Current and Fluxes of lons

The electric current in an electrolyte solution is transported by ions only. as described
in Equation 5.6:

i:é:FZziji (5.10)
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Here, i is the current density, I the current, A the membrane surface, F the Faraday
constant, J the flux, and z the valence, the subscript i refers to cations and anions.
Introducing Equation 5.8 and 5.9 and rearranging leads to:

CD; ( RT dC; do
. T 2 2 i bt s
i=F Z:ZJL F Zi:zl RT (ZiCiF dZ + dz) (5.11)

Here, iis the current density, Cis the concentration, Fis the Faraday constant, @ is the
electrical potential, z is the valence, D is the ion diffusivity, R is the gas constant, T'is
the absolute temperature, and the subscript i refers to anions and cations.

The term (RT]z;C;F)(dC;/dz) has the dimensions of an electrical potential gradient
and represents the concentration potential that is established between two electrolyte
solutions of different concentrations.

5.3.2.3 The Transport Number and the Membrane Permselectivity
In an electrolyte solution the current is carried by both ions. However, cations and
anions usually carry different portions of the overall current. In ion-exchange
membranes the current is carried preferentially by the counterions.

The fraction of the current that is carried by a certain ion is expressed by the ion
transport number, which is given by:

T; = ;ZJ‘J (5.12)

Here, T; is the transport number of the component i, J; is its flux, and z; its valence.

The transport number T; indicates the fraction of the total current that is carried by
the ion i, the sum of the transport number of all ions in a solution is 1.

The membrane permselectivity is an important parameter for determining the
performance of a membrane in a certain ion-exchange membrane process. It
describes the degree to which a membrane passes an ion of one charge and retains
an ion of the opposite charge. The permselectivity of cation- and anion-exchange
membranes can be defined by the following relations [4]:
_TM-T, Tam T,

and P =-2

\Pcm
T, Te

(5.13)
Here, V¥ is the permselectivity of a membrane, T is the transport number, the
superscripts cm and am refer to cation- and anion-exchange membranes, and the
subscripts ¢ and a refer to cation and anion, respectively.

An ideal permselective cation-exchange membrane would transmit positively
charged ions only, that is, for a transport number of a counterion in a cation-exchange
membrane is T =1 and the permselectivity of the membrane is W =1. The
permselectivity approaches zero when the transport number within the membrane is
identical to that in the electrolyte solution, that is, for T"™ = T, is ¥ = 0. For the
anion-exchange membrane the corresponding relation holds.

The transport number of a certain ion in the membrane is proportional to its
concentration in the membrane that again is a function of its concentration in the
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solutions in equilibrium with the membrane phase, due to the Donnan exclusion.
Thus, the selectivity of ion-exchange membranes results from the exclusion of coions
from the membrane phase.

The concentration of a coion in an ion-exchange membrane can be calculated from
the Donnan equilibrium. For a monovalent salt and a dilute salt solution and
assuming the activity coefficients of the salt in the membrane and the solution to
be 1, the co ion concentration in the membrane is given to a first approximation by:

sC2
MCeo= &
Cax (5.14)
Here Cis the concentration, the subscripts co, s and fix refer to co ion, salt and fixed
ion of the membrane, the superscripts s and m refer to membrane and solution.
Equation 5.14 indicates that the co ion concentration in the membrane and with
that the permselectivity of the membrane is decreasing with salt concentration in the
solution and will vanish when the salt concentration in the solution is identical to the
fixed ion concentration of the membrane.

5.3.2.4 Membrane Counterion Permselectivity
The transport number of counterions in an ion-exchange membrane is always quite
high compared to that of the co-ionco-ions. But the transport number of different
counterions can be quite different, too. The transport rates of ions in a solution or
through a membrane are determined by their concentration and mobility in the
membrane. The concentration of the counterions is always close to the concentration
of the fixed charges of the membrane. The mobility of the ions in the membrane
depends mainly on the radius of the hydrated ions and the membrane structure. The
mobility of different ions in an aqueous solution does not differ very much from each
other. An exception is the H* and OH ™ ions. Their mobility is about a factor 5 to 8
higher than that of other ions. This exceptionally high mobility of the H* ion can be
explained by the transport mechanism of protons and hydroxide ions. Because of the
molecular interaction of water dipoles with electrical charges, protons form hydroni-
um ions. Common salt ions move with their hydrate shell through the solution. The
proton, however, is transported mostly via a so-called tunnel mechanism from one
hydronium ion to the next water molecule. This explains not only the extraordinarily
high mobility of protons but it is also one of the reasons for the high permeability of
anion-exchange membranes for protons, while these membranes generally have a very
low permeability for salt cations. The same mechanism also holds true for the transport
of hydroxide ions and thus the permeability of hydroxide ions in an aqueous solution
and also in a cation-exchange membrane is much higher than that of other salt anions.
Because protons and hydroxide ions are transported only to a small extent as individual
ions surrounded by a hydration shell they contribute very little to the electro-osmotic
transport of water, and their water-transport number is always quite low.

The permselectivity of an ion-exchange membrane for different counterions is
determined by the concentration and the mobility of the different ions in the
membrane as indicated earlier. The concentration of the different counterions in
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the membrane is determined mainly by electrostatic effects referred to as
‘electroselectivity’ [9]. The mobility depends on the size of the hydrated ion.

A typical counterion-exchange sequence of a cation-exchange membrane contain-
ing SO;™ group as fixed charge is:

Ba’t > Pb*" > Sr*f > Ca**t > Mg*t > Agh > K" > NH{ > Na® > Lit

A similar counterion-exchange sequence is obtained for anions in an anion-
exchange membrane containing quaternary ammonium groups as fixed charges:

I" >NO; >Br >Cl” >S0; >F"

The permselectivity is the product of ion-exchange selectivity and mobility
selectivity. The mobility of different ions is determined mainly by steric effects,
that is, the size of the ions and the cross-linking density of the membrane [4].

5.3.2.5 Water Transport in Electrodialysis
Water transport in electrodialysis from the diluate to the concentrate process stream
can affect the process efficiency significantly. If a convective flux as a result of
pressure differences between flow streams can be excluded there are still two sources
for the transport of water from the diluate to the concentrate solution. The first one is
the result of osmotic-pressure differences between the two solutions, and the second
is due to electro-osmosis that results from the coupling of water to the ions being
transported through the membrane due to the driving force of an electrical potential.
Each of the two fluxes may be dominant depending on the permselectivity of the
ion-exchange membrane, the concentration gradient, and the current density. In a
highly permselective membrane and with moderate differences in the salt concen-
tration in the two solutions separated by the membrane the electro-osmotic flux is
dominating and generally much higher than the osmotic solvent flux. In electrodial-
ysis the water flux due to electro-osmosis can be expressed by a solvent transport
number which gives the number of water molecules transported by one ion:

Jw="T, Z Ji (5.15)

Here, " T, is the water transport number, J,, is the water flux, and J; is the flux of ions
through a given membrane.
The water transport number thus is:

m ]W
T =
w Z,]t

The water-transport number refers to the number of water molecules transferred
by one ion through a given membrane. It depends on the membrane and on the
electrolyte, that is, on the size of the ions, their valence, and their concentration in
the solution. In aqueous salt solutions and commercial ion-exchange membranes the
water transport number is of the order of 4-8, that is, one mole of ions transports
about 4-8 moles of water through a typical commercial ion-exchange membrane.

(5.16)
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5.4
The Principle of Electromembrane Processes

In this chapter only electromembrane separation processes such as electrodialysis,
electrodialysis with bipolar membranes, and continuous electrodeionization will be
discussed.

5.4.1
Electrodialysis

Electrodialysis is the most important electromembrane process and one of the first
membrane processes used for desalination of brackish water to produce high-quality
potable water at acceptable costs on a large commercial scale. Today, the process has
found a multitude of applications in preconcentration of seawater for the production
of table salt or in recovering valuable constituents from industrial effluents [19]. The
principle of electrodialysis is illustrated in Figure 5.2 which shows a schematic
diagram of an electrodialysis stack consisting of a series of anion- and cation-
exchange membranes arranged in an alternating pattern to form individual cells
between an anode and a cathode. If an ionic solution such as an aqueous salt solution
is pumped through these cells and an electrical potential is established between the
anode and cathode, the positively charged cations migrate towards the cathode and
the negatively charged anions towards the anode. The cations permeate the cation-
exchange membrane but are retained by the anion-exchange membrane. Likewise,
the negatively charged anions permeate the anion-exchange membrane and are

retained by the cation-exchange membrane. The overall result is an increase in the

4 Cathode
o]
Figure 5.2 Schematic diagram illustrating the principle of

desalination by electrodialysis in a stack with cation- and anion-
exchange membranes in alternating series between two
electrodes.
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ion concentration in alternate compartments, while the other compartments simul-
taneously become depleted. The depleted solution is generally referred to as the
diluate and the concentrated solution as the brine or the concentrate. The driving
force for the ion transport in the electrodialysis process is the applied electrical
potential between the anode and cathode. The total space occupied by the diluate and
the concentrated solution and the anion- and cation-exchange membranes separating
the solutions make up a cell pair that represents a repeating unit between the
electrodes.

5.4.1.1 Electrodialysis System and Process Design

The efficiency of electrodialysis is determined to a large extent by the properties of the
membranes. But it is also affected by the process and system design that determine
the limiting current density, the current utilization, the concentration polarization
and the overall efficiency and costs [20, 21].

Theelectrodialysis stack A key element in electrodialysis is the so-called stack, which
is a device to hold an array of membranes between the electrodes that the streams
being processed are kept separated. A typical electrodialysis stack used in water
desalination contains 100-300 cell pairs stacked between the electrodes. The elec-
trode containing cells at both ends of a stack are often rinsed with a separate solution
which does not contain Cl™ ions to avoid chlorine formation.

The membranes in an electrodialysis cell are separated by spacer gaskets as
indicated in Figure 5.3, which shows schematically the design of a so-called sheet
flow electrodialysis stack. The spacer gasket consists of a screen that supports the
membranes and controls the flow distribution in the cell and a gasket that seals the
cell to the outside and also contains the manifolds to distribute the process fluids in

lon-exchange
Electrode membrane

Concentrate
Diluate

Electrode
rinse solution

Feed solution

Feed solution

Electrode

Diluate ch

Spacer  Concentrate cell

Figure 5.3 Exploded view of a sheet-flow-type electrodialysis stack
arrangement indicating the individual cells and the spacer gaskets
containing the manifold for the distribution of the different flow
streams.
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the different compartments. To minimize the resistance of the solution in the cell the
distance between two membranes is kept as small as possible and is in the range of
0.5-2 mm in industrial electrodialysis stacks. A proper electrodialysis stack design
provides a maximum effective membrane area per unit stack volume and ensures
uniform flow distribution and mixing of the solutions to minimize concentration
polarization at the membrane surfaces, but also minimizes the pressure loss of the
solution flow in the stack.

concentration polarization and limiting current density The limiting current density is
the maximum current that may pass through a given cell pair area without
detrimental effects. If the limiting current density is exceeded, the electric resistance
in the diluate will increase and water dissociation may occur at the membrane surface
that can lead to pH changes in the solutions and effect the current utilization.

The limiting current density is determined by concentration-polarization effects at
the membrane surface in the diluate containing compartment that in turn is
determined by the diluate concentration, the compartment design, and the feed-
flow velocity. Concentration polarization in electrodialysis is also the result of
differences in the transport number of ions in the solution and in the membrane.
The transport number of a counterion in an ion-exchange membrane is generally
close to 1 and that of the co ion close to 0, while in the solution the transport numbers
of anion and cations are not very different.

At the surface of a cation-exchange membrane facing the diluate solution the
concentration of ions in the solution is reduced because of the lower transport
number of the cations in the solution than in the membrane. Because of the
electroneutrality requirements the number of anions is reduced in the boundary
layer by migration in the opposite direction. The net result is a reduction of the
electrolyte concentration in the solution at the surface of the membrane and a
concentration gradient is established in the solution between the membrane
surface and the well-mixed bulk. This concentration gradient results in a diffusive
electrolyte transport. A steady-state situation is obtained when the additional ions
that are needed to balance those removed from the interface due to the faster
transport rate in the membrane are supplied by the diffusive transport. The other
side of the cation-exchange membrane is facing the concentrate solution and here
the opposite effect occurs and the electrolyte concentration at the membrane
surface is increased accordingly. The concentration polarization is limited to the
laminar boundary layer at the membrane surface, which is very thin due to
turbulent mixing of the bulk solution. The effect of concentration polarization is
illustrated in Figure 5.4 which shows the salt concentration profiles and the fluxes
of cations and anions in the concentrate and diluate solution at the surface of a
cation-exchange membrane.

The symbols Jand Cin Figure 5.5 denote the fluxes and the concentration of ions,
the superscripts mig and diff refer to migration and diffusion, the superscripts d and
c refer to diluate and concentrate solution, and the superscripts b and m refer to bulk
phase and membrane surface, respectively, the subscripts a and c refer to anion and
cation.
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Figure 5.4 Schematic drawing illustrating the concentration
profiles of a salt in the laminar boundary layer on both sides of a
cation-exchange membrane and the flux of ions in the solutions
and the membrane.

The concentration polarization occurring in electrodialysis, that is, the concentra-
tion profiles at the membrane surface can be calculated by a mass balance taking into
account all fluxes in the boundary layer and the hydrodynamic conditions in the flow
channel between the membranes. To a first approximation the salt concentration at
the membrane surface can be calculated and related to the current density by applying
the so-called Nernst film model, which assumes that the bulk solution between the
laminar boundary layers has a uniform concentration, whereas the concentration in
the boundary layers changes over the thickness of the boundary layer. However, the
concentration at the membrane surface and the boundary layer thickness are
constant along the flow channel from the cell entrance to the exit. In a practical
electrodialysis stack there will be entrance and exit effects and concentration

Concentrate or diluate outlet

Concentrate or diluate outlet

e e

Feed inlet

Feed inlet
Figure 5.5 Schematic drawing illustrating the sheet-flow and a tortuous-path spacer concept.
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differences between the solutions in the entrance and exit region of the cell, and the
idealized model hardly exists. Nevertheless, the Nernst model provides a very simple
approach to the mathematical treatment of the concentration polarization, which
results in an expression for the current density as a function of the bulk solution
concentration, the transport number of the ions, the diffusion coefficient of the
electrolyte and the thickness of the laminar boundary layer [20].

z,FD; ACY

') Az

(5.17)

Here, Tis the transport number of the counterion, AC is the concentration difference
between the solution in the diluate at the membrane surface and in the bulk, D is the
diffusion coefficient, T is the transport number, F is the Faraday constant, z is the
charge number, and Az is the boundary layer thickness, the subscript i refers to
cations or anions; the superscripts d, m and s refer to diluate, membrane and
solution, respectively.

When the flow conditions are kept constant the boundary layer will be constant and
the current density will reach a maximum value independent of the applied electrical
potential gradient if the counterion concentration and thus the salt concentration at
the membrane surface become 0. The maximum current density is referred to as the
limiting current density. Thus is i = i}, for mC‘Si — 0 and

. o ZiFDS bC(s:1
Uim = m <Az (5.18)

Here, i}y, is the limiting current density, b CS is the salt concentration of the diluate in
the bulk solution, Az is the thickness of the laminar boundary layer, T™ and T® are the
transport numbers in the membrane and the solution, Dy is the salt diffusion
coefficient in the solution, Fis the Faraday constant, z is the charge number, and the
subscript i refers to cation and anion.

Exceeding the limiting current density in practical applications of electrodialysis can
affect the efficiency of the process severely by increasing the electrical resistance of the
solution and causing water dissociation, which leads to changes of the pH values of the
solution causing precipitation of metal hydroxide on the membrane surface.

Since the thickness of the laminar boundary in an electrodialysis stack is difficult to
determine in an independent measurement, the limiting current density in practical
application is generally not calculated by Equation 5.18 but by an experimentally
determined relation which describes the limiting current density as a function to the
feed-flow velocity in the electrodialysis stack [4]. The limiting current density is
expressed by:

iim = a u’FCY (5.19)

Here, Cg is the concentration of the solution in the diluate cell, u is the linear flow
velocity of the solution through the cells parallel to the membrane surface, F is the
Faraday constant, and a and b are characteristic constants for a given stack design and
must be determined experimentally. This is done in practice by measuring the
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limiting current density in a given stack configuration and constant feed solution salt
concentrations as a function of the feed-flow velocity.

Current utilization In practical application electrodialysis is affected by incomplete
current utilization. The reasons for the incomplete current utilization are poor
membrane permselectivity, parallel current through the stack manifold, and water
transport by convection and due to osmosis and electro-osmosis. In a well-designed
stack with no pressure difference between diluate and the concentrate convective
water transport is negligibly low and also the current through the manifold can be
neglected. Under these conditions the overall current utilization is given by:

&= n(y T+ TE) (1- [T+ T2 Vi (CS—CY)) (5.20)

Here, & is the current utilization, y is the membrane permselectivity, T is the
transport number, n is the number of cell pairs in the stack, Vy, is the partial molar
volume of water, and C is the concentration, a, ¢, s and w refer to anion, cation,
solution and water, respectively, and the superscripts cm, am, ¢, and d refer to cation-
exchange membrane, anion-exchange membrane, concentrate and diluate.

Electrodialysis equipment and process design The performance of electrodialysis in
practical applications is not only a function of membrane properties but is also
determined by the equipment and overall process design. As far as the stack design is
concerned there are two major concepts used on a large scale. One is the sheet-flow
concept, which is illustrated in Figure 5.3 and the other is the so-called tortuous path
concept, which is illustrated in Figure 5.5.

The main difference between the sheet-flow and the tortuous-path flow spacer is
that in the sheet-flow spacer the compartments are vertically arranged and the
process path is relative short. The flow velocity of the feed is between 2 and 4 cm/s and
the pressure loss correspondingly low, that is, between 0.2 and 0.4 bars. In the
tortuous-path flow stack, the membrane spacers are horizontally arranged and have a
long serpentine cut-out that defines a long narrow channel for the fluid path. The
feed-flow velocity in the stack is relatively high, that is, between 6 and 12 cm/s, which
provides a better control of concentration polarization and higher limiting current
densities, but the pressure loss in the feed-flow channels is quite high, that is,
betweenl and 2 bars. However, higher velocities help to reduce the deposition of
suspended solids such as polyelectrolytes, humic acids, surfactants, and biological
materials on the membrane surface.

In the practical application of electrodialysis there are two main process operation
modes. The first one is referred to as the unidirectional electrodialysis and the second
as electrodialysis reversal [22]. In a unidirectional operated electrodialysis system the
electric field is permanently applied in one direction and the diluate and concentrate
cells are also permanently fixed over the period of operation. Unidirectional operated
electrodialysis plants are rather sensitive to membrane fouling and scaling and often
require a substantial feed-solution pretreatment and stack-cleaning procedures in
the form of periodical rinsing of the stack with acid or detergent solutions.
The unidirectional operating concept is mainly used today for applications in the
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Figure 5.6 Schematic drawing illustrating the removal of
deposited negatively charged colloidal components from the
surface of an anion-exchange membrane by reversing the electric
field.

food and drug industry where often solutions contain valuable components that must
be recovered in the concentrate or in the diluate. In desalination of brackish or surface
waters generally electrodialysis reversal is applied, which always results in some loss
of the product water. In the electrodialysis reversal operating mode the polarity of the
electric field applied to the electrodialysis stack is reversed in certain time intervals.
Simultaneously the flow streams are reversed, that is, the diluate cell becomes the
concentrate cell and vice versa with the result that matter being precipitated at the
membrane surface will be redisolved and removed with the flow stream passing
through the cell [22].

The principle of the electrodialysis reversal operating mode is illustrated in
Figure 5.6 that shows an electrodialysis cell formed by a cation- and anion-exchange
membrane between two electrodes. If an electric field is applied to a feed solution
containing negatively charged particles or large organic anions these components
will migrate to the anion-exchange membrane and be deposited on its surface to form
a so-called ‘fouling layer’ that can increase the resistance of the membrane dramati-
cally. If the polarity is reversed the negatively charged components will now migrate
away from the anion-exchange membrane back into the feed stream and the
membrane properties are restored. This procedure has been very effective not only
for the removal of precipitated colloidal materials but also for removing precipitated
salts and is used today in almost all electrodialysis water-desalination systems.

However, reversing the polarity of a stack has to be accompanied with a reversal of
the flow streams. This always leads to some loss of product and requires a more
sophisticated flow control. The flow scheme of an electrodialysis plant operated with
reversed polarity is shown in Figure 5.7. In the reverse-polarity operating mode, the
hydraulic flow streams are reversed simultaneously, that is, the diluate cell will
become the brine cell and vice versa. In this operating mode, the polarity of the
current is changed at specific time intervals ranging from a few minutes to several
hours.
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Figure5.7 Flow scheme of electrodialysis reversal in a continuous
operating mode with the feed solution also used as electrode
rinse.

The advantage of the reverse-polarity operating mode is that precipitation in the
brine cells will be re-dissolved when the brine cell becomes the diluate cell in the
reverse operating mode. During the reversal of the polarity and the flow streams, there
is a brief period when the concentration of the desalted product exceeds the product
quality specification. The product water outlet has a concentration sensor that controls
an additional three-way valve. This valve diverts highly concentrated product to waste
and then, when the concentration returns to the specified quality, directs the flow to the
product outlet. Thus, in electrodialysis reversal there is always a certain amount of the
product lost to the waste stream. This is generally no problem in desalination of
brackish water. It might, however, be not acceptable in certain applications in the food
and drug industry when feed solutions with high value products are processed.

The degree of desalination that can be achieved in passing the feed solution
through a stack is a function of the solution concentration, the applied current
density, and the residence time of the solution in the stack. If the flow rates of diluate
and concentrate through the stack are relatively high the degree of desalination or
concentration that can be achieved in a single path is quite low and often not sufficient
to meet the required product qualities.

Ifthis is the case the electrodialysis can be operated as a process with feed and bleed
in which the diluate or the concentrate or both are partially recycled as shown in
Figure 5.8. In the feed and bleed mode both the brine and the product concentration
can be determined independently and very high recovery rates can be obtained.

5.4.1.2 Electrodialysis Process Costs

The total costs in electrodialysis are the sum of fixed charges associated with the
amortization of the plant capital costs and the plant operating costs. Both the capital
costs as well as the plant operating costs per unit product are proportional to the
number of ions removed from a feed solution, that is, the concentration difference
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Figure 5.8 Flow scheme of an electrodialysis stack operated in a
feed and bleed mode, that is, with partial recycling of the diluate
and concentrate solutions.

between the feed and the product solution. But they are also strongly affected by the
plant capacity and location and the composition of the feed water and the overall
process design [23].

Capital-related costs The capital costs are determined mainly by the required
membrane area for a certain plant capacity and feed and required product concen-
tration. Other items such as pumps and process control equipment are considered as
afraction of the required membrane area. This fraction depends on the plant capacity.
The same is true for the required land that also depends on the location of the plant.

The required membrane area for a given capacity plant can be calculated from the
current density in a stack that again depends on feed and product solution concen-
tration. It can be calculated for a solution containing a single monovalent salt such as
NaCl from the total current passing through the stack which is given by:

I = chellF(Cficd)

=Ai 5.21
gcell ( )

Thus:
Q4 F(ct =Y
i&cell

Here, I and i are the electric current and the current density passing through a cell
pair, A is the cell area, Q is the volume flow, C is the concentration expressed in
equivalent per volume, F is the Faraday constant, and § the current utilization. The
subscripts cell refers to the diluate cell, and the superscripts d and f refer to diluate
and feed solution, respectively.

The voltage drop across a cell pair is constant over the entire length of a cell pair from
the feed entrance to the product exit while the resistance of the cell pair is changing from
the feed inlet to the product exit due to a decrease of the resistance of the diluate
concentration. Therefore, the current density is also decreasing along the length of a cell
pair.

The current density is related to the resistance and the voltage by:

A (5.22)

Here, Uis the voltage drop across a cell pair A and R is the average resistance in a cell
pair.
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The voltage drop in an electrodialysis cell pair is the result of the resistances of the
membranes and the solutions and the concentration potential between the concen-
trate and diluate, which generally can be neglected. Most electrodialysis stacks used
in practical applications consist of geometrically identical cells that are operated in
cocurrent flow [23]. If, furthermore, it is assumed that to a first approximation
the conductivity is independent of the concentration in the range of interest and the
salt activity can be replaced by the concentration the voltage drop at any point for a
single mono-valent salt solution across a cell pair length is given by.

o A 1 1 am cm
UZ‘{X(E*E)” +r ] (5.24)

Here, A is the cell thickness, A is the equivalent conductivity of the salt solution, r is

the area resistance, the superscripts d, ¢, am and cm refer to the diluate, the

concentrate, and the anion- and the cation-exchange membranes, respectively.
The electrical resistance at any point along the cell length is given by:

U 1]a/1 1
R=—=~ [X (E’L 5) + M4 rcm} (5.25)

The average resistance over the entire length of the flow channel is determined by
the integral average of the solution concentrations. Thus is:
Cfd Cce
Aln——

1 Ckcd | am, .om
Bl (RO O 5.26
N A(Cfdicd)w +r (5.26)

R=
Here, R is the average resistance and A the area of a cell pair, C™ and C? are the salt
concentrations of the diluate at the inlet and outlet of the cell, C* and C° are the salt
concentrations of the concentrate cell at the inlet and outlet, 7™ and r*™ are the area
resistances of the anion- and cation-exchange membranes. The membrane area
required for a certain plant capacity as a function of the feed and product concentra-
tion of a single mono-valent salt is obtained by combination of Equations 5.22-5.26
and rearranging:

lnc_fdg A(ram+ rcm) (Cfd_cd)
Cfe cd A ch F Cd
At = Neen . ell (527)
c ACY HimE,
— 41+ (ram+ rcm) Tim Geell
Cc A

Here A is the total membrane area in a stack and Ny is the number of cell pairsina
stack and ij;,, is the limiting current density that determines the maximum voltage that
can be applied. All other symbols are identical as the ones in the Equations 5.21-5.27.

The total investment-related costs depend on the price of the membranes and their
usefullife under operating conditions, which is in practical application 5-8 years, and
on the price of the additional plant components and their life.
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Operating costs  The operating costs are composed of labor cost, the maintenance of
the plant and energy costs. The labor costs are general directly proportional to the size
of the plant and usually calculated as a certain percentage of the investment related
costs. The energy required in an electrodialysis process is an additive of two terms: (1)
the electrical energy to transfer the ionic components from one solution through
membranes into another solution and (2) the energy required to pump the solutions
through the electrodialysis unit. Depending on various process parameters, partic-
ularly the feed-solution concentration, either one of the two terms may be dominat-
ing, thus determining the overall energy costs. The energy consumption due to
electrode reactions can generally be neglected since more than 200 cell pairs are
placed between the two electrodes in a modern electrodialysis stack. The energy
required for operating the process control devices can be neglected.

The total energy required in electrodialysis for the actual desalination process is
given by the current passing through the electrodialysis stack multiplied with the total
voltage drop encountered between the electrodes:

Edes = I Ustt = Is4NeenUeen t = 12 Ncellpt (528)

Here, Ey. is the energy consumed in a stack for the transfer of ions from a feed to a
concentrate solution, I is the current passing through the stack, Ug and U, are the
voltage applied across the stack, thatis, between the electrodes, and across a cell pair; ¢
is the time of operation.

The total current through the stack is given by Equation 5.21 and the average
resistance is given by Equation 5.26. Combination of the two Equations and
multiplication by the number of cell pairs in the stack gives the desalination energy:

Cfd ce
Aln—— fd_ 2
_ Neent cfe cd Qc 1 (C )
E — IZt _ _'ce I Tl Ol am cm | | Keellm\ s s/
des cell Rcell A A(Cfd— Cd) +r+r E_,

(5.29)

The specific desalination energy, thatis, the energy used per unit product volume is
given by:

Cfd Cc
— 2
E4 _ Neell Reent I*t _ Neent Aln CfC 4 pAm pom |: de]JF(ngCsd):|
e,spc Vpro A Vpro ( A(Cfd— Cd) &

(5.30)

Here, Eges and Egeg spc are the desalination energy and the specific desalination, Iis the
total current, ¢ is the time of operation; C™® and C are the equivalent concentrations of
the diluate and the concentrate at the cell inlet, C* and C° are the concentrations of the
diluate and the concentrate at the cell outlet, A is the equivalent conductivity of the salt
solution, ™ and r*™ are the area resistances of the anion- and cation-exchange
membrane, A is the cell thickness, £ is the current utilization, and QY is the diluate
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Figure 5.9 Schematic diagram illustrating the various cost items
in electrodialysis as a function of the applied current density.

flow rate in a cell, Ris the average resistance of a cell pair, A is the cell pair area, N is
the number of cell pairs in a stack, and Vj,,, is a volume product water.

Equation 5.30 shows that the energy dissipation due to the resistance of the
solutions and membranes is increasing with the current density, since the electrical
energy for a given resistance is proportional to the square of the current, whereas
the salt transfer is directly proportional to the current. Hence, the power necessary for
the production of a given amount of product increases with the current density. The
higher the current density the more power is needed to maintain a given production
rate. However, the higher the current density the lower is the required membrane
area for a given capacity installation, as illustrated in Figure 5.9, which shows the total
costs of desalination and the membrane area and current density related costs as a
function of the current density. Figure 5.9 shows that at a certain current density and
in the installed membrane area the total desalination costs reach a minimum that
must be experimentally determined for a given stack design and feed, diluate, and
concentrate. However, the upper limit for the current density of any given installation
is determined by the limiting current density that should not be exceeded.

The operation of an electrodialysis unit requires one or more pumps to circulate
the diluate, the concentrate, and the electrode rinse solution through the stack. The
energy required for pumping these solutions is determined by the volumes of the
solutions to be pumped and the pressure drop. It can be expressed by:

Ey (Q*Ap'+ Q°Ap*+ Q°Ap°)
Ep,spe = @ = keff Qd (531)
Here, E, oec is the total energy for pumping the diluate, the concentrate, and the
electrode rinse solution through the stack per unit diluate water, k. is an efficiency
term for the pumps, Q%, Q%, and QF are the volume flow rates of the diluate, the
concentrate, and the electrode rinse solution through the stack.

The energy consumption due to the pressure loss in the electrode rinse solution
can be neglected in most practical applications because the volume of the electrode
rinse solution is very small compared to the volumes of the diluate and concentrate.

The pressure losses in the various cells are determined by the solution flow
velocities and the cell design. The energy requirements for circulating the solution
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Figure 5.10 Schematic diagram illustrating the acid and base
production from the corresponding salt by electrodialysis with
bipolar membranes.

through the system may become a significant or even dominant portion of the total
energy consumption for solutions with rather low salt concentration.

5.4.2
Electrodialysis with Bipolar Membranes

Electrodialysis with bipolar membranes has gained increasing attention as an
efficient tool for the production of acids and bases from the corresponding salts.
This process is economically attractive and has many potential applications [24, 25]. A
typical arrangement of an electrodialysis stack with bipolar membranes is illustrated
in Figure 5.10, which shows the production of an acid and a base from the
corresponding salt in a repeating cell unit that consists of three individual cells
containing the salt solution, the acid and the base, and three membranes, that is, a
cation-exchange, an anion-exchange, and a bipolar membrane. In industrial-size
stacks 50-100 repeating cell units may be placed between two electrodes.

The key element in electrodialysis with bipolar membranes is the bipolar mem-
brane. Its function is illustrated in Figure 5.11(a), which shows a bipolar membrane
consisting of an anion- and a cation-exchange layer arranged in parallel between two
electrodes.

If a potential difference is established between the electrodes, all charged compo-
nents will be removed from the interphase between the two ion-exchange layers. If
only water is left in the solution between the membranes, further transport of
electrical charges can be accomplished only by protons and hydroxyl ions thatareina
bipolar membrane are regenerated due to the water dissociation taking place in a very
thin, that is, 4-5-nm thick transition region between the cation- and anion-exchange
layers as shown in Figure 5.11(b). The water dissociation equilibrium is given by:

2H,0 < H;0"+0OH™
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Figure 5.11 Schematic diagram illustrating the function of a
bipolar membrane showing (a) a bipolar membrane and (b) the
4-5-nm thick transition region at the interphase of the two cation-
and anion-exchange layers.

The energy required for the water dissociation can be calculated from the Nernst
equation for a concentration chain between solutions of different pH values. It is
given by:

AG = FAQ = 2.3 RTApH (5.32)

Here, AG is the Gibbs free energy, Fis the Faraday constant, the R is the gas constant,
T is the absolute temperature and ApH and A¢ are the pH value and the voltage
difference between the two solutions separated by the bipolar membrane. For
1molL™" acid and base solutions in the two phases separated by the bipolar
membrane AG is 0.022 [kWhmol '] and Ag is 0.828 [V] at 25 °C.

The transport rate of H* and OH ™ ions from the transition region into the outer
phases cannot exceed the rate of their generation. However, the generation rate of
H™* and OH™ ions in a bipolar membrane is drastically increased compared to the
rate obtained in water due to a catalytic reaction [26, 27]. Therefore, very high
production rates of acids and bases can be achieved in bipolar membranes.

5.4.2.1 Electrodialysis with Bipolar Membrane System and Process Design
The design of an electrodialysis process with bipolar membranes is closely related to
that of a conventional electrodialysis desalination process.

Stack design in bipolar membrane electrodialysis The key component is the stack
which in general has a sheet-flow spacer arrangement. The main difference between
an electrodialysis desalination stack and a stack with bipolar membranes used for the
production of acids and bases is the manifold for the distribution of the different flow
streams. As indicated in the schematic diagram in Figure 5.10 a repeating cell unitin
a stack with bipolar membranes is composed of a bipolar membrane and a cation- and
an anion-exchange membrane and three flow streams in between, that is, a salt
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Salt solution

Water

Figure5.12 Schematicdiagram indicating the production of acids
and bases from the corresponding salt in a stack with feed and
bleed operation - See below for new figure.

solution, a base and an acid flow stream. Since in most practical applications high acid
and base concentrations are requested the stack is usually operated in a feed and
bleed concept as shown Figure 5.12

Because of the relatively high concentrations of the acid and base as well as the salt
solution the limiting current density is in general no problem and a bipolar
membrane stack can generally be operated at very high current densities compared
to an electrodialysis stack operated in desalination. However, membrane scaling due
to precipitation of multivalent ions such as calcium or heavy-metal ions is a severe
problem in the base-containing flow stream and must be removed from the feed
stream prior to the electrodialysis process with a bipolar membrane.

Problems in the practical application of bipolar membrane electrodialysis In addition
to the precipitation of multivalent ions in the base containing flow stream and the
stability of the ions in strong acids and bases a serious problem is the contamination
of the products by salt ions that permeate the bipolar membrane. In particular, when
high concentrations of acids and bases are required the salt contamination is
generally high [28] as illustrated in Figure 5.13 that illustrates the conversion of

(a) (b)
H* [ OH" T 0.04
so2 [ a* 5 O Na* in H,80
4 - . © 290,
i Desired £ 0031 0SO 7 inNaOH — — = =- - -
HSO, [ NaOH c
_____ . 2002+ -------—---4“-—-—--
il Nat fg
80, i Undesired g 00T ----- K-
BN é .
H ~[t N H T T T T T
250, - NaO = "9 1 2 3 4 5 6
Na,S0, Nay,S0, ?  Goncentration of H,S0, and NaOH [eq L™']

Figure5.13 (a) Schematic diagram illustrating the contamination
of acids and bases by salt due to the incomplete permselectivity of
the bipolar membrane for saltions; (b) experimentally determined
salt concentration as a function of the acid and base
concentration.
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Na,SO, into H,SO4 and NaOH by electrodialytic water dissociation. Figure 5.13(a)
shows the ion transport in the bipolar membranes.

What is desired is a fluxof H* and OH ™ ions from the transition region due to the
applied voltage into the outer phases. However, there is also an undesired transport of
Na™ and SO,*" ions through the bipolar membrane due to the incomplete perms-
electivities of the ion-exchange layers of the bipolar membrane. Since the perms-
electivity of the ion-exchange layers of the bipolar membrane decreases with
increasing acid and base concentration due to the Donnan exclusion effect the
contamination of the products is increasing with their concentration as demonstrat-
ed in Figure 5.13(b) that shows experimentally determined salt concentrations in the
acid and base as a function of their concentration.

The saltleakage through the bipolar membrane also effects the current utilization to
some extent. However, the current utilization is mainly determined by the properties
of the anion-exchange membrane, which has very poor retention for protons due to the
tunneling mechanism of the proton transport as illustrated in the schematic drawing
of Figure 5.14(a) that shows the undesirable transport of protons through the anion-
exchange membrane. The same is true for the hydroxide ions that can permeate the
cation-exchange membrane. The net result is that H " and OH ™ ions generated in the
bipolar membrane neutralize each other and thus reduce the current utilization. The
fluxes of the protons and hydroxide ions depend on their concentration. At high acid
and bases concentrations the current utilization can reach uneconomically low values
of less than 30% as indicated in Figure 5.14(b) that shows experimentally determined
current utilization as a function of the acid and base concentration.

5.4.2.2 Electrodialysis with Bipolar Membrane Process Costs

The determination of the costs for the production of acids and bases from the
corresponding salts follows the same general procedure as applied for the costs in
electrodialysis desalination. The contributions to the overall costs are the investment-
related cost and the operating costs.

(a) (b)
' + o . _. 100
o HT I oHT = 907 0 H,S0,
M M | Desired 5 807
iH SO 3| NaOH |- .5
+| 2 4—+ — :;:;)
5
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+ [+ | g —
H I _|{Undesired =
M H* M OH™ |- 8
+| —|t+ —| T T T T T

0
0 1 2 3 4 5 6
Concentration of H,SO,/NaOH [mol L™

Figure 5.14 (a) Schematic diagram illustrating the decrease of
the current utilization during the acid and base production due to
the poor acid blocking capability of the anion-exchange
membrane; (b) experimentally determined current utilization as
function of the acid and base concentration.
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Investment costs in electrodialysis with bipolar membranes Investment costs include
nondepreciable items such as land and depreciable items such as the electrodialysis
stacks, pumps, electrical equipment, and monitoring and control devices. The
investment costs are determined mainly by the required membrane area for a
certain plant capacity. The required membrane area for a given capacity plant can
be calculated from the current density in a stack thatis in electrodialysis with a bipolar
membrane not limited by concentration-polarization effects. The required mem-
brane area for a given plant capacity is given by:

A=2"C (5.33)
1§
Here, A is the required membrane area, i is the current density, Q , is the product
volume flow, F is the Faraday constant, § is the current utilization and C, is the
concentration of the product.

The required membrane area A refers actually to a unit cell area that contains a
bipolar membrane, and a cation- and an anion-exchange membrane. Since in strong
acids and bases the useful life of the bipolar membrane as well as the anion-exchange
membrane is rather limited, the stack-related investment costs are dominating the
total investment costs.

Operating cost in electrodialysis with bipolar membranes The operating costs in
electrodialysis with bipolar membranes are strongly determined by the energy
requirements that are composed of the energy required for the water dissociation
in the bipolar membrane and the energy necessary to transfer the salt ions from the
feed solution, and protons and hydroxide ions from the transition region of the
bipolar membrane into the acid and base solutions. The energy consumption due to
the pumping of the solutions through the stack can generally be neglected.

The total energy for the production of an acid and a base from the corresponding
saltis as in electrodialysis desalination that has been discussed earlier given the total
current passing through the stack and the voltage drop across the stack. The total
energy required in electrodialytic water dissociation in a practical process is given by
the current passing through the stack multiplied with the total voltage drop
encountered between the electrodes.

Epo = IAUt (5.34)

Here, E,,, is the energy consumed in a stack for the production of an acid and a base, I
is the current passing through a stack or a series of stacks, AU is the voltage applied
across the stack, that is, between the electrodes, and t is the time of operation.

The current passing through the stack can be derived by rearranging Equation 5.33.
It is:

F Cin_cout
[— Ai — QP%

Here, Aisacell unitarea. iis current density, Iis the current, Q,, is the flow rate of the
product, C, is the concentration of the product, F is the Faraday constant, & the

(5.35)

1
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current utilization and the superscripts in and out refer to the in- and outlet of the
stack.

The voltage drop across the stack is the result of the electrical resistance of the
membranes, thatis, that of the cation- and anion-exchange membranes and the bipolar
membranes and the resistances of the acid, the base- and the salt-containing flow
streams in the stack. In addition to the voltage drop required to overcome the various
electrical resistances of the stack additional voltage drop is required to provide the
energy for the water dissociation which is given by Equation 5.32. Assuming that the
three cells of a cell unitin the stack have the same geometry and flow conditions the total
energy consumption in an electrodialysis stack is given by:

B A am  cm . _bm NcellAcelli 2.3 RT ApH
Epro = NeelAcell W+ P Qp (Cgut—Cin) P2
i
Q,pF (Cout Cin .
PP )
X | —————= |t 5.36
NcellAcellE.; ( )

Here, Ey,, is the energy for the production of a certain amount of acid and base, Iis the
current passing through the stack, N is the number of cell units in a stack, Ao is the
cell unitarea, Cand C are the concentration and the average concentration inacell, A is
the thickness of the individual cells, and A is the equivalent conductivity, r is the area
resistance, & is the current utilization, R is the gas constant, T the absolute tempera-
ture, F the Faraday constant, and ApH is the difference in the pH value between the
acid and base, the subscript p refers to product and the subscript i refers to salt, acid
and base, The superscripts am, cm, and bm refer to the cation-exchange, the anion-
exchange, and the bipolar membrane, the superscript outand in refer to cell outlet and
inlet, Q is the total flow of the acid or base through the stack and ¢ is the time.

The term Q ,F (C;‘”— C;”) /Acen Ngt§ is identical to the current density. This means
that for a given stack design the acid and base production energy E,, is proportional
to the i%.

The average concentrations of the acid, the base, and the salt in the bulk solutions
are the integral average of the solutions given by:

C(?ut
1
) ln< o )
— 1
Ci = E W (537)
1 1 1

The total costs of the electrodialytic water dissociation with bipolar membranes are
the sum of fixed charges associated with the amortization of the plant investment
costs and of the operating costs which include energy and maintenance costs and all
pre- and post-treatment procedures. The total costs are a function of the membrane
properties, of the feed-solution composition, the required acid and base concentra-
tions, and several process and equipment design parameters such as stack construc-
tion and operating current density.
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543
Continuous Electrodeionization

Continuous electrodeionization is widely used today for the preparation of high-
quality deionized water for the preparation of ultrapure water in the electronic
industry or in analytical laboratories. The process is described in some detail in the
patent literature and company brochures [29]. There are also some variations of
the basic design as far as the distribution of the ion-exchange resin is concerned. In
some cases the diluate cell is filled with a mixed bed ion-exchange resin, in other cases
the cation- and anion-exchange resins are placed in series in the cell. More recently,
bipolar membranes are also being used in the process.

5.4.3.1 System Components and Process Design Aspects

The process design and the different hardware components needed in electrodeio-
nization are very similar to those used in conventional electrodialysis. The main
difference is the stack construction. In a continuous electrodeionization stack the
diluate cells and sometimes also the concentrate cells are filled with an ion-exchange
resin. The different concepts used for the distribution of the cat- and anions in the cell
are illustrated in Figures 5.15(a) and (b). In the conventional electrodeionization
process the diluate cell is filled with a mixed-bed ion-exchange resin with a ration of
cation- to anion-exchange resin being close to 1 as shown in Figure 5.15(a). The
mixed-bed ion-exchange resin in the diluate cells of the stack removes the ions of a
feed solution. Due to an applied electrical field the ions migrate through the ion-
exchange bed towards the adjacent concentrate cells and highly deionized water is
obtained as a product. The ion-exchange resin increases the conductivity in the
diluate cells to such an extent that the stack resistance is significantly lower and the
limiting current density higher than in a conventional electrodialysis stack. Com-
pared to the deionization by a conventional mixed-bed ion-exchange resin the
continuous electrodeionization has the advantage that no chemicals are needed for
the regeneration of the ion-exchange resins, which is time consuming, labor
intensive, and generates a salt-containing wastewater.

But the continuous electrodeionization using a stack with mixed-bed ion-
exchange resins in the diluate has also disadvantages. The most important one
is the poor removal of weak acids and bases such as boric or silicic acid [30]. Much
better removal of weakly dissociated electrolytes can be obtained in a system in
which the cation- and anion-exchange resins are placed in a stack in separate beds
with a bipolar membrane placed in between, as illustrated in Figure 5.15(b), which
shows a diluate cell filled with a cation-exchange resin facing towards the cathode
separated by a bipolar membrane from a diluate cell facing the anode. A cation-
exchange membrane, a cation-exchange resin, a bipolar membrane, an anion-
exchange resin, an anion-exchange resin, and a concentrate cell form a repeating
unit between two electrodes.

The main difference between the electrodeionization system with the mixed-bed
ion-exchange resins and the system with separate beds is that in mixed-bed electro-
deionization systems anions and cations are simultaneously removed from the feed
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Figure 5.15 Schematic drawing illustrating different stack
concepts used in continuous electrodeionization, (a) conventional
stack with diluate cells filled with a mixed-bed ion-exchange resin,
(b) stack with cation-exchange and anion-exchange resins in
different diluate cells and regeneration of the ion-exchange resins
by H™ and OH ™ ions generated in a bipolar membrane.
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while the solution leaving the diluate cell is neutral. In the electrodeionization system
with separate ion-exchange beds and bipolar membranes the cations will first be
exchanged by the protons generated in the bipolar membrane with the result that the
solution leaving the cation-exchange bed is acidic. This solution is then passed
through the cell with the anion-exchange resin where the anions are exchanged by the
OH™ ions generated in the bipolar membrane and the solution is neutralized, and at
the exit of the anion-exchange-filled cell the solution is also neutral. Both the mixed
and the separate bed ion-exchange continuous electrodeionization systems are
widely used today on a large industrial scale.

5.4.3.2 Operational Problems in Practical Application of Electrodeionization

In addition to the problems of removing weak acids or bases in the electrodeioniza-
tion system the mixed bed ion-exchange resin there are problems of uneven flow
distribution in the ion-exchange resin beds that lead to poor utilization of the ion-
exchange resins. The fouling of the ion-exchange resins by organic components
such as humic acids, and bacterial growth on the surface of the resin is a problem
that requires a very thorough pretreatment of the feed solution to guarantee a long-
term stability of the system. The effect of the cell geometry, that is, the ratio of its
length to width and thickness has been studied extensively and is described in
various patents.

5.4.4
Other Electromembrane Separation Processes

In addition to the processes discussed so far there are two more electromembrane
separation processes in which the driving force is not an externally applied electrical
potential but a concentration gradient. The processes are referred to as diffusion
dialysis and Donnan dialysis. Diffusion dialysis is utilizing anion- or cation-exchange
membranes only to separate acids and bases from mixtures with salts. Donnan
dialysis can be used to exchange ions between to solutions separated by an ion-
exchange membrane. Both processes have so far gained only limited practical
relevance [4] and will not be discussed in this chapter.
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6
Fouling in Membrane Processes
Anthony G. Fane, Tzyy H. Chong, and Pierre Le-Clech

6.1
Introduction

This chapter reviews membrane fouling with particular reference to the pressure-
driven liquid-phase membrane processes where the solvent is water. The processes
of interest are low-pressure microfiltration (MF) and ultrafiltration (UF) and high-
pressure nanofiltration (NF) and reverse osmosis (RO). Fouling presents as a
decrease in membrane performance with a loss in solvent permeability and changes
to solute transmission. Fouling is caused by deposition of feed components, or
growth (as in biofouling and scale formation) onto or into the membrane; it is a
widespread and costly problem. The foulant-membrane interaction depends on the
nature of the foulant, the membrane and the operating environment. This section
provides an overview of fouling and describes various ‘generic’ fouling mechanisms.
It compares the fouling profiles of constant pressure vs constant flux and crossflow
vs. deadend. The concepts of critical and sustainable flux are introduced. Fouling
aspects of low-pressure microporous membranes and high-pressure ‘nonporous’
membranes are described in Sections 6.2 and 6.3, respectively.

6.1.1
Characteristics of Fouling

The basic relationship between flux and driving force is given in Equation 6.1
(Table 6.1). When fouling occurs an additional resistance, Ry, is imposed and in some
cases (with NF and RO) it may increase AIl in Equation 6.1 (see Sections 6.1.3
and 6.3.4). Increasing Rrand/or AIT causes a flux decline at constant AP (transmem-
brane pressure, TMP) (Figure 6.1(a)) or causes TMP to rise at constant flux
(Figure 6.1(b)). The flux-time profile (Figure 6.1(a)) can be misleading. For mem-
brane M1, with initial flux J; an increment of resistance ARpreduces flux to 0.5 J;, then
for similar ARg to 0.33 J;, 0.25 J;, and so on so flux decline ‘appears’ to be slowing
down. A clearer picture emerges by calculating the changes in ARy. Figure 6.1(a) also

Membrane Operations. Innovative Separations and Transformations. Edited by Enrico Drioli and Lidietta Giorno
Copyright © 2009 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim
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Table 6.1 Fouling and polarization relationships

Description Relationship Equation
Flux-driving force resistances J= ﬂ (6.1)
H(Rm + Rp)
Membrane resistance Ry = f {Npore, dpore7 €m, Lpore} (6.2)
Cake resistance R. = molc (6.3)
) ) 180(1—¢,)
Specific cake resistance O =——5—— (6.4)
CP film model (for Cy
condition of complete J=kln <?> (6.5)
retention of solute) b
Cw ]
— =exXp| T 6.6
o —en(}) 9

illustrates that the low flux membrane M2, seems to decline less dramatically for the
same ARg. An intrinsically ‘highflux’ membrane appears more sensitive to fouling
than a ‘low flux’ membrane. To make a fair comparison the membranes need to be
tested at similar fluxes (see Section 6.1.4) and fouling quantified as changes in ARg or
TMP (at fixed flux). Figure 6.1(b) shows a steady fouling (i) and an example with a
sudden TMP jump (ii) , which is characteristic of MBRs (see Section 6.2.4.2).

The other detrimental effect of fouling is that it changes the separation properties
of the membrane. For microporous membranes that transmit some species and
retain others the effect of fouling is usually to increase retention of partially
transmitted species. This is because fouling leads to pore closure or blockage (see
Section 6.1.3), making the membrane ‘tighter” In some cases, such as water

T™MP

Time Time

(2) Flux vs time for membranes M1,2 (b) Press. vs time (ii shows TMP jump)

Figure 6.1 Fouling profiles. (a) Constant pressure (b) Constant flux.
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treatment and membrane bioreactors, this can be beneficial, giving a greater removal
of virus or organic species. In other cases, such as the food and biotechnology
industries, this ‘tightening’ can be a problem if membrane fractionation of species is
desired. For ‘nonporous’ membranes the fouling is a surface layer or cake (see
Section 6.1.3) that increases polarization of retained and partially retained species at
the membrane surface. The partially retained species then tend to show a higher
concentration in the permeate, so observed retention decreases due to fouling. Thisis
opposite to the trend for microporous membranes.

6.1.2
Causes of Fouling

Most dissolved or suspended species have the potential to foul membranes.
Fouling interactions could be physicochemical adsorption from solution, precipi-
tation of sparingly soluble salts, growth of biofilms and deposition of suspended
matter onto and into the membrane. Table 6.2 lists generic foulants and foulant
control by pretreatment or feed-adjustment strategies. Examples of the various
forms of fouling are given in Sections 6.2 and 6.3. The factors that encourage or
exacerbate fouling are inadequate pretreatment, inadequate fluid management
(hydrodynamic environment), excessive flux and unsuitable membrane properties.

Pretreatment. Most feed streams are mixtures with varying characteristics. In many
cases there are foulants present that can be minimized by pretreatment. For example,
seawater fed to RO desalination plant usually contains turbidity and micro-organ-
isms, which can be partially mitigated by prefiltration (media or membranes) and

Table 6.2 Foulants and foulant control.

Generic foulant Type of fouling Membrane  Control of foulant
Inorg. Ions Scale NF Concentration, pH, antiscalant
Insoluble salts RO
(Ca etc.)
Inorg. Ions NOM binding MF/UF Concentration, pH, coagulants
Calcium and so on NF
Organics
NOM, humics Cake & biofilms NF, RO Adsorb, biotreatment,
MF/UF + coagulants
NOM, humics Cake & pore fouling ~ MF, UF Coagulant
Protein (food) Cake & pore fouling UF pH
Protein & Cake & pore fouling MF, UF MBR bioprocess control
polysaccharide MBR
Particulates
Colloids(<1 pm) Cake NF, RO Coagulant + media filter
or + MF/UF
Colloids(<1 um) Cake & pore fouling ~ MF, UF Coagulant
Biological solids Biofilm NF, RO Chlorination, nutrient removal,

coagulant + MF/UF
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chlorination (followed by dechlorination) respectively. If scale formers are present
they can be suppressed by addition of antiscalants. MBR membranes handling
municipal wastewater are susceptible to damage and this can be avoided by fine-
screen pretreatment. In some cases, such as water treatment, the foulants can be
controlled by chemical pretreatment so that filtration is of large floc, rather than
macrosolutes or colloids. Where pretreatment is inadequate fouling usually results
and leads to frequent cleaning or system upgrade.

Fluid Management.Concentration polarization (CP) at the membrane surface is a
result of the separation of feed and permeate (mainly water) at the interface. Fouling
is a consequence of CP. The concentration of species at the surface (Cy) depends on
the imposed flux () and the boundary layer mass-transfer coefficient (k) as indicated
by the CP film model (Equations 6.5 and 6.6 in Table 6.1). Tangential crossflow is used
to limit CP, and does so by increasing k. If fluid management is inadequate for
the feed serious CP can lead to fouling. The reasons for inadequate fluid manage-
ment include badly selected operating conditions, loss of feed flow due to permeate
removal or flow maldistribution due to poorly designed membrane module or
blockages. In deadend flow (Section 6.1.5), which is applied to dilute feeds, there
is no crossflow but it is still important to ensure homogeneous flow distribution and
flux to avoid localized fouling.

Flux. The film model (Equation 6.6) illustrates that increasing flux has an
exponential effect on CP. If we accept that fouling is a consequence of CP the
impact of excessive flux is obvious. As a result ‘high flux’ membranes tend to be short
lived and foul unless improved fluid management is able to enhance k. Selection of
the appropriate flux and crossflow velocity is a trade-off between capital and operating
costs (see cost of fouling below).

Membranes. The interactions between the membrane and the potential foulants
influence the degree of fouling. For example, if the pore size of a microfilter and
particulate foulants overlap the particles can enter the membrane and block pores
(see Section 6.1.3), and this can cause irreversible fouling. If the surface charge of the
membrane and the dominant feed species are opposite it is likely that fouling will
occur. Similarly, hydrophobic membranes are prone to fouling by hydrophobic
components, including proteins and lipids. A useful rule of thumb is that mem-
branes that are smooth, hydrophilic, of low net charge and narrow pore-size
distribution are less susceptible to fouling. However, there are many exceptions to
this rule and membrane selection may involve comparison trials.

The cost of fouling has at least 4 components, represented by,

CFouling = CCleaning + CPower extra + CProduction loss + CMembrane replace (67)

Ccleaning includes cost of chemicals, disposal and labor. cpower extra T€presents the
effect of increased operating pressure. Cproduction loss includes the effect of flux
decline on throughput as well as down time for cleaning. In respect of cyvembrane
replace it should be noted that cleaning events may be the harshest environment for
the membrane and replacement tends to increase with cleaning frequency. Fouling
costs are application specific but could range from a few % to 10s of % of processing
costs.
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Figure 6.2 Membrane-fouling mechanisms.

6.1.3
Fouling Mechanisms and Theory

Figure 6.2 depicts 3 ways in which microporous membranes can foul; (a) pores can
suffer closure or restriction, (b) pores or porosity can be blocked or plugged and (c) a
surface cake or layer can cover the membrane. All three mechanisms could apply,
probably in sequence (a) then (b) followed by (c). Nonporous membranes are fouled
by cake or surface layers (c).

It may be possible to do a membrane autopsy to identify the foulant(s) and fouling
mechanism. For microporous membranes the blocking law analysis [1], which
uses permeate volume (V) vs. time (t) data, can supplement the observations. The
generalized relationship at constant pressure and in dead-end filtration mode gives,

d’t de\"

=K (W) (68)
where n = 0 for cake filtration, n = 1.5 for pore closure (‘standard blocking’) and n =2
for pore plugging (complete blocking). Linearized forms of the blocking laws have
been used to investigate fouling [2].

Some useful relationships describing fouling are given in Table 6.1 with the
basic relationship in Equation 6.1. Fouling can increase membrane resistance Ry,
(Equation 6.2), particularly for microporous membranes where loss of pores (Npore)
due to plugging and reduction in pore size (dyore) due to restriction may cause
‘irreversible’ fouling. If fouling is ‘irreversible’ it implies a resistance not readily
removed by cleaning. Fouling due to cake formation adds resistance, Rf, (Equa-
tion 6.3) and this depends on the foulantload (m) and specific cake resistance (o) that
is increased as particle size (dp) and cake voidage (e.) decrease (Equation 6.4). Fouling
can also increase AIT and diminish the driving force. This is known as cake-enhanced
osmotic pressure (CEOP) and occurs when retained solutes, such as salts in RO, have
hindered backdiffusion in the cake layer so that CP increases and local osmotic
pressure rises. CEOP is a feature of fouling in NF and RO and is discussed in
Section 6.3.

6.1.4
Critical and Sustainable Flux

The concept of critical flux ( Jcrrr) was introduced by Field et al. [3] and is based on the
notion that foulants experience convection and back-transport mechanisms and that
there is a flux below which the net transport to the membrane, and the fouling, is
negligible. As the back transport depends on particle size and crossflow conditions
the Jcriris species and operation dependent. It is a useful concept as it highlights the
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role of flux as a driver of fouling. However, in many practical cases Jcgyris very low or
difficult to identify. The sustainable flux is an alternative concept and refers to the flux
below which the rate of fouling is economically acceptable. A recent review [4]
examines these two concepts.

6.1.5
Fouling and Operating Mode

The pressure-driven membrane processes can be operated at fixed pressure (FP)
or fixed flux (FF), and FP tends to be lab and small scale and FF is large-scale
commercial. Fouling for FP shows as a flux decline and for FF as TMP rise
(Figure 6.1(b)). The fouling kinetics differ since FP becomes ‘self-limiting’ as
flux-driven fouling slows down, whereas for FF it is ‘self-accelerating’ as foulants
steadily accumulate and concentration polarization accelerates. These differences
mean that extrapolation of FP trends to FF requires caution.

As noted in Section 6.1.2, in most applications the control of CP, and fouling,
dictates the use of crossflow. However, for dilute feeds and low-pressure membranes
it has been accepted that batch cycles of deadend operation with solids accumulation
removed by periodic backwash requires potentially lower energy. Usually, deadend is
at FFand the TMP cycles from a minimum to maximum or over a specified cycle time
during the batch. If fouling occurs it is evident through a steady rise in TMP i, or Ryy,.
Occasional chemical cleaning may restore R,

6.2
Low-Pressure Processes

In the context of this review low-pressure membranes include the microporous
MF and UF processes. Applications of MF include beverage clarification, cell harvest-
ing, wastewater treatment by membrane bioreactors (MBRs), water treatment and
pretreatment prior to RO. UF covers similar applications plus protein concentration
(food and dairy) and other macrosolute separations. Crossflow, supplied by pumping,
stirring or two-phase flow, is generally applied, except when very low solids content
permits deadend filtration with frequent backwash, as in water treatment, RO pre-
treatment and clarification processes. The liquid streams to be treated by membrane
processes usually contain a complex mixture of particulate, colloidal and soluble
materials. Before considering two complex feeds (activated sludge and surface water)
in Section 6.2.4, general trends observed during the filtration of specific compounds
are discussed.

6.2.1
Particulate Fouling

Examples of particles to be filtered through low-pressure membranes include casein
micelles from milk, lattices from paint, biomass flocs from activated sludge, bacteria
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from cell broth and suspended solids from water or wastewater. In the early stages of
the filtration, the particles with sizes much smaller than the pores can enter and block
the pores (Figure 6.2). Particles larger than the pores of the membrane are totally
rejected and may be partially transported back to the bulk. However, the formation of
a cake layer on the membrane surface gradually occurs as the filtration proceeds,
provided the local flux exceeds the ‘critical flux’ of the particle (see Section 6.1.4).
A high concentration of solids in the feed to be treated can be responsible for an
increase in viscosity and a decrease in the translational diffusion coefficient (and the
resulting Brownian backdiffusion), both leading to higher concentration polarization
and fouling propensity [5]. Brownian diffusion is more applicable to fine colloids
(Section 6.2.2) and decreases with particle size, being low for particles larger
than about 0.5 um. However other mechanisms have been proposed for the back
transport of larger particles in crossflow microporous membrane processes for both
laminar and turbulent conditions. These mechanisms include shear-induced diffu-
sion (migration of interacting retained particles in the direction of decreasing particle
concentration), inertial lift (motion of particles across a nonuniform shear field to an
equilibrium position away from the channel wall) and flowing cake [5]. The key aspect
of these ‘particulate’ back-transport models is the prediction of more significant
fouling in the cases of small particles and at lower crossflow velocities.

Because of their generally reversible nature, fouling by large particles is usually
efficiently removed by physical methods such as membrane relaxation (filtration is
paused) and backwashing (permeate is pumped in the reverse direction through the
membrane). Furthermore, many studies have reported the efficient and optimized
use of aeration for fouling limitation in submerged low-pressure membrane pro-
cesses. Finally, improved pretreatment of the feed by coarse filtration or by coagula-
tion to increase particle size can also be considered to reduce the fouling potential of
the particle-based compounds.

6.2.2
Colloidal and Macrosolute Fouling

There is a general consensus that colloidal solutions are composed of small
particles whose size could range from 1 nm to 1 um. Colloids experience double-
layer interactions. For example, when silica particles (0.14 um) were used as model
colloids, the ionic strength of the feed strongly influenced the fouling characteristics
by increasing the cake packing density, leading to a lower efficiency of the backwash
process used to remove the fouling layer [6]. McDonogh et al. [7] showed experimen-
tally and by modeling that the limiting fluxes and cake resistances of colloidal
suspensions in UF varied significantly with ionic environment as this alters parti-
cle—particle interaction through the zeta potential. More discussion of colloidal
species is given in Section 6.3.1.

With the majority of MF/UF processes based on the filtration of aqueous solutions,
the unavoidable presence of dissolved solutes (salts, organic macromolecules of
various nature and sizes) in the feed strongly affects the membrane performances.
They can be directly responsible for membrane fouling through mechanisms like
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adsorption of macromolecular substances or precipitation and deposition of inor-
ganic salts on the membrane surface [5]. Due to their changing nature and large
diversity, the naturally occurring polymers (e.g., proteins, carbohydrates and humic
substances) present significant complexity to the fouling mechanisms (see case
studies in Section 6.2.4), and their filtration through MF/UF have been extensively
studied in the literature [8, 9]. Interaction with ions, such as calcium, can also
exacerbate the fouling by these macrosolutes. Overall, when considering the effect of
dissolved material on membrane fouling, the osmotic pressure of the dissolved
compounds has to be taken into consideration, along with the interactions they may
have with the particles and colloids in the suspension.

6.2.3
Biofouling and Biofilms

During the early stages of filtration of biomass suspensions, attachment of soluble
microbial products (SMP) on the membrane surface through adhesive forces can be
observed. This phenomenon has also been reported during passive adsorption when
no filtration occurs. The initial conditioning film participates in the reduction of the
hydraulic performance, and facilitates further cohesive attachment of colloids and/or
particles (including bacteria) on the SMP-covered membrane. The newly immobi-
lized bacteria are then able to grow and colonize the membrane surface, forming a
biofilm layer [10]. As permeation continues, the soluble compounds in the feed are
transferred through the biofilm structure, providing a constant supply of nutrients
and dissolved oxygen (when available) to the growing biofilm. The biofilm formation
on the membrane surface highlights the significant role played by the strong
interactions existing between particulates and macromolecular components, which
can be observed in any multicomponent feed. Biofouling in RO is discussed in
Section 6.3.2.

6.2.4
Case Studies

6.2.4.1 Water Treatment and Membrane Pretreatment

As more potable-water treatment plants rely on NF/RO technologies, pretreatment
systems able to efficiently and reliably remove suspended solids from the feed water
are a critical feature of the overall plant design. A similar requirement pertains to
water reclamation plant (used water to high-quality/indirect potable water). Conven-
tional pretreatment processes include coagulation, followed by sedimentation and/or
sand filtration, and more recently membrane technology like MF/UF. Indeed, the
number of plants based on the use of MF/UF for this application tends to rise as low-
pressure membranes remain the only technology able to remove pathogens and
bacteria (and decrease biofouling downstream) more effectively than other conven-
tional processes without the need for chemical addition [11]. These applications of
low-pressure membranes are characterized by low solids feeds and the trend to use
deadend filtration with backwash (Section 6.1.5).
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The presence of NOM in surface water and its effect on fouling of low-pressure
membranes has been discussed in numerous publications (see recent review [12]).
The complex and labile nature of these compounds remains a challenge for
researchers to fully understand their fouling mechanisms. As expected, most of
the parameters defining the filtration process (membrane and feed characteristics
and operating conditions) can influence the propensity of NOM fouling. Within this
long list, ionic strength, pH of the feed and presence of divalent cations, such as
calcium, have been listed as the main factors affecting the degree of NOM fouling.
Due to the wide size distribution of NOM species, fouling mechanisms include
membrane adsorption, leading to pore closure and restriction, and cake formation.

For water-treatment applications, MF or UF membranes are configured in sub-
merged or contained (pressurized) systems and usually operated in deadend mode.
Cleaning involves hydraulic backwashing (for example, 1 min every 30 min [11] often
accompanied by air scouring. During the filtration of a water source containing traces
of bacteria, a direct relationship between EPS levels in the feed and the required
frequency of backwashing was observed [13]. This study also highlighted that the
characteristics of the colloidal fouling were dependent on the value of the applied
pressure, which determined maximum flux, rather than the mode of deposition
(i-e., constant flux or constant TMP operation).

Through advanced characterization of the temporal changes in the fouling nature
observed with submerged MF used for surface water, Yamamura and coworkers [11]
proposed a detailed fouling mechanism where the membrane pores are first covered
and narrowed by large biopolymer species, followed by humic substances and
divalent cations that further block the narrowed pores. After that a cake layer builds
up on the membrane surface. The size of the particles to be filtered plays a significant
role in the type of fouling obtained in the deadend mode: small particles at around
0.1um creating a more compact cake with higher specific resistance (Table 6.1,
Equation 6.4) compared to those obtained with larger particles up to 1um [14].
As for any membrane process, the applied flux has a crucial role, and has been found
to specifically determine the backwashing frequency in dilute feed deadend MF
applications. Based on filtration theory the cycle time from low to high TMP is
proportional to (1/flux)?[15]. Since energy use depends on backwash frequency and
membrane area depends on imposed flux, there is a trade-off between operating and
capital costs and an optimal flux can be obtained [15].

6.2.4.2 Membrane Bioreactor (MBR)

The idea of placing a microporous membrane in direct contact with activated sludge
may have been considered pioneering and risky 40 years ago, but the recent widespread
application of the MBR has since been proven sustainable, when proper operating
conditions are applied. The complex and labile nature of the microbial population
present in the MBR process presents new challenges for membrane operators.
Activated sludge is composed of suspended solids (large biological flocs, individual
micro-organisms and inert particles), colloids and soluble materials (dissolved matter
from the wastewater and soluble microbial products (SMP) excreted from biomass
activities). A comprehensive review of MBR fouling is available [16].
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Over recent years, the methods used to characterize the biomass have been
diversified, allowing an improved understanding of the interaction between the
compounds present in the activated sludge and the membrane. However, recent
efforts to relate the EPS and SMP fractions (generally given in terms of protein and
carbohydrate) to the MBR fouling propensity have not been universally successful in
explaining the fouling mechanisms in MBRs [16]. Fouling mechanisms in the MBR
are likely to include all 3 mechanisms in Figure 6.2 as well as biofouling. A 3 stage
history for TMP rise, involving initial membrane fouling by adsorption and pore
closure followed by a period of slow (‘sustainable’) rise and finally a TMP jump
(Figure 6.1(b)), has been described [17].

Many membrane suppliers have developed filtration products specifically de-
signed for MBR applications. Low-cost polymeric hydrophilic microporous mem-
branes used in submerged configurations are generally suggested; their pore sizes
range from 0.4 um to 40 kDa [18]. While the large-pore MBRs rely on the formation of
a fouling layer to produce high product quality, the intrinsic retention of UF-based
systems are not filtration-time dependent and show good performances from the
early stage of the filtration. The MBR operating conditions (SRT, HRT) are related to
the quantity and quality of the wastewater to be treated and have a strong influence
on the nature of the activated sludge [18]. Whilst their direct effect on the fouling
propensity is still unclear there are indications that very short or very long SRT are
more fouling prone. Air scour is universally used to control fouling in MBRs and the
effect of air sparging on membranes has been reviewed in detail [19]. It has been
frequently reported that once a certain air flow rate is exceeded, no further significant
fouling limitation is observed and the rate of aeration is generally optimized.

Membrane-cleaning strategies are numerous and generally remain proprietary
information. Physical cleaning by relaxation or backwashing is used on a frequent
basis but the efficiency tends to decrease with filtration time. As irreversible fouling
accumulates on the surface, chemical cleanings of various intensities (i.e., cleaner
concentration used) can be applied on a weekly to yearly basis [20].

6.3
High-Pressure Processes

The processes of interest are NF and RO where the membranes are either ‘nanoporous’
or essentially nonporous. In these processes the fouling is a surface layer, the effects of
which may be exacerbated by the high retention of solutes by the membrane. Operation
is with crossflow and in industry fixed flux is commonly used. This section considers
particulate fouling, biofouling and scale formation and then discusses the implications
of ‘cake enhanced’ concentration polarization on fouling outcomes.

6.3.1
Particulate and Colloidal Fouling

Particulate fouling in RO is most likely to be colloidal due to the formation of a
colloidal deposit layer on the membrane surface. Examples of colloidal particles
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include clay, iron oxide, silica, macromolecules (protein, polysaccharides and natural
organic matters), and biocolloids (bacteria and viruses). These colloids are usually in
the size range of 1-1000 nm (or 0.001-1 um) and have an upper bound of 1-10 um,
but there is no strict margin [21]. In practice, the particulate fouling tendency of feed
waters for RO is characterized by fouling indices, namely the silt density index (SDI)
and the modified fouling index (MFI) [22, 23]. These methods are limited because
they are based on the retention of colloids by MF/UF membranes under test
conditions that differ from the actual RO process. Importantly these indices only
predict the hydraulic resistance of the particulate cake layer, but do not measure the
cake-enhanced osmotic pressure effect (refer to Section 6.3.4), which can be experi-
enced in RO and NF.

Colloidal fouling involves the transport of the foulant from the bulk fluid to the
membrane surface, followed by the particle-attachment process. In a crossflow RO
system, particles are convected to and retained on the membrane surface due to the
permeation flux, J (perpendicular to the surface) while the crossflow (tangential to
the surface) induces particles to be back transported from the membrane surface
and into the bulk solution due to the concentration gradient. A particle-polarization
layer is formed on the membrane surface that is similar to the concentration-
polarization (CP) layer of solute (dissolved ions) in RO. As noted above, the back-
transport mechanisms in RO operation include Brownian diffusion (BD) and
shear-induced diffusion (SID) [5]. Generally, for submicrometer size particles
(typically < 0.1 pm), BD is important and Jpp o 1/ a%,/ } whereas SID applies to
micrometer-sized particles (typically > 0.2 pm) and Jsip ag/ ?. When a particle is
in the vicinity of the membrane/solution interface, colloid-membrane interactions
could determine the attachment of the particle onto the membrane surface. The
interactions may be attractive (e.g., van der Waals or hydrophobic attraction) or
repulsive (e.g., electrical or steric repulsion), which are best described by the
classical and extended Derjaguin-Landau-Verwey—Overbeek (DLVO) theory for
colloid stability [21]. In general, the nature of the interaction is greatly dependent on
the nature of the particle, membrane surface and solution chemistry such as
particle size, zeta potential, ionic strength of the solution, and membrane surface
roughness [24, 25].

Most RO applications are in a high or raised salinity environment (seawater,
brackish water and reclaimed water) where the charge interactions are greatly
suppressed. Therefore, the controlling phenomena in membrane fouling are mainly
the particle transport step that is a function of convection (permeation drag) and the
back-transport mechanisms BD and SID. The concept of critical flux (Section 6.1.4)
was introduced from observations in MF and UF [3], but intuitively it should also
apply in a RO system. For colloidal fouling the onset and build up of a deposit layer is
dependent on the net flux, which is the difference between the operating flux, J, and
the critical flux, Jei of (J — Jerit) [26]-

In RO, a colloidal deposit on the membrane introduces an additional resistance,
R, and could also cause cake-enhanced concentration osmotic pressure (CEOP)
[24]. The CEOP phenomenon is discussed in Section 6.3.4. Large-scale RO plants
tend to be operated at a fixed production rate, requiring a fixed average flux.
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To compensate for fouling (Rr and CEOP) it is necessary to increase transmem-
brane pressure (Figure 6.1(b)). The constant flux strategy has important implica-
tions. Firstly, if J> J. of foulant species, that species will continue to deposit.
Secondly, as CP is (exponentially) flux-driven (see Equation 6.6 in Table 6.1) it will
rise due to CEOP in a self-accelerating fashion. This is in contrast to a fixed-pressure
strategy where the flux declines, net convection of foulant drops and CEOP become
self-limiting.

6.3.2
Biofouling

Biofouling in RO is a problem of formation of an unwanted biofilm [27]. A biofilm is
defined as, ‘a surface accumulation, which is not necessarily uniform in time or
space, which comprises cells immobilized at a substratum and frequently embedded
in an organic polymer matrix of microbial origin’ [28]. Biofouling has long been
recognized as one of the most problematic types of fouling in the RO process. Even
after a 99.9-99.99% removal of bacteria by the use of microfiltration as the pre-
treatment step, biofouling in RO cannot be eliminated as it only requires a few initial
colonies on the membrane surface to eventually form a mature biofilm [27]. In fact, it
has been suggested that the majority of the bacterial population involved in biofilm
formation are viable but non culturable (VBNC) and are about 0.2 pm in size, making
them difficult to remove [29]. In order to survive, these recalcitrant bacteria adhere to
the membrane surface, resuscitate (convert from a nonculturable state to a culturable
form), multiply and secrete extracellular polymeric substances (EPS), and eventually
form a mature biofilm. EPS provides sorption sites for water, inorganic and organic
solutes and particles and therefore could induce other types of fouling such as
particulate fouling.

In terms of biofilm formation the major difference between RO and other systems
is the presence of permeation flux and the complex hydrodynamic conditions, for
example, the use of feed spacers in the flow channel. The challenge is to establish a
relationship between biofilm formation and flux-mass transfer in a RO system. In
general, the biofouling process can be divided into five stages: (1) the formation of a
conditioning film, (2) bacteria transport and adhesion, (3) biofilm development and
accumulation, and (4) biofilm detachment. The first step in biofilm formation is the
adsorption of macromolecules (e.g., humic substances, lipopolysaccharides, or other
products of microbial turnover) onto the membrane surface, which is aided by the CP
effect. The thin-film organic layer is known as the conditioning film. These adsorbed
macromolecules can mask the original surface properties of the membrane and
facilitate the attachment of micro-organisms onto the surface. Since most bacteria
have an average size of about 1um, bacteria cell transport and adhesion is often
treated equivalently to particle transport and attachment. Experimental studies that
relate the initial stage of bacteria deposition onto the membrane surface with the
transport models, for example, the shear-induced diffusion model, and the surface
interaction forces, for example, DLVO and acid-base interactions have been dem-
onstrated using direct observation methods [30, 31]. However, this may oversimplify
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the transport and adhesion process as the actual bacteria cells are semisolid (some
have an overall irregular shape due to the flagella) and are surrounded by EPS. Once
attached, bacteria cells may grow and proliferate into microcolonies, excreting EPS,
colonizing free surface areas, and forming a mature biofilm. Since the attached
bacteria multiply at the expense of nutrients, so biofilm growth could be significantly
accelerated at high CP level (under high J or low k conditions), which in turn controls
the amount of nutrients at the membrane wall [32]. Detachment is an interfacial
transfer process, which transfers cells from the biofilm back to the bulk liquid. It was
observed that biofilm detachment increases with both fluid shear stress and biofilm
mass [33]. Other factors such as the availability of nutrients can also determine the
detachment of the biofilm [34]. If the nutrients in the biofilm are consumed, the
situation will be unfavorable for the growth of micro-organisms. In natural-water
systems, the biofilm layer is limited by the balance between diffusion of nutrient
and the rate of consumption of nutrient [35]. In RO, due to the presence of CP, the
nutrient supply may be increased in the microenvironment near the membrane
surface.

The buildup of biofilm on the membrane surface means an additional resistance to
solvent flow as well as the possibility of enhancement of CP level by the biofilm, which
is similar to the case of colloidal fouling [32, 36]. In general, the diffusivity is linked to
the tortuosity factor of the biofilm [37]. Hence, it is likely that the backdiffusion of
solutes in the biofilm on RO is hindered. The enhanced CP is important for two
reasons. Firstly, the elevated concentration of solutes at the membrane wall means an
increase in the osmotic pressure (CEOP) and hence a loss in the effective TMP.
Secondly, the nutrient level is also enhanced and this will further accelerate the
growth of the biofilm [32, 36]. So, biofouling in RO becomes an interplay between CP
and biofilm development.

6.3.3
Scale Formation

Due to the retention of solutes by an RO membrane, the concentration of sparingly
soluble mineral salts such as calcium carbonate, calcium sulfate, calcium phosphate,
barium sulfate and so on can exceed the saturation level and cause scaling of the
membrane surface. There are two pathways for membrane-scale formation, namely
surface (heterogeneous) crystallization and bulk (homogeneous) crystallization [38].
In surface crystallization, the concentration of sparingly soluble salt at the membrane
surface exceeds the solubility limit due to the CP effect. As a result, the membrane
surface is blocked by the lateral growth of scale deposit, which greatly reduces
the effective area for permeation [39]. Thus, for fixed-flux operation, the local flux
increases in order to achieve the same average flux, so the local CP level is greatly
enhanced due to the exponential relationship of flux and CP (Equation 6.6 in
Table 6.1). This means scaling can be exacerbated due to the higher degree of
supersaturation. Alternatively, crystal particles form in the bulk phase through
homogeneous crystallization when concentrations of salts surpass the saturation
level due to high recovery of feed waters. The crystal particles are then transported by
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Table 6.3 Crystallization and scaling relationships.

Description Relationship Equation
C

Supersaturation ratio s==X (6.9)
Cs

Induction time for o3

i i log(ting) x | —— (6.10)
nuclei formation Ing T3 (log 5)2
dmcry

Rate of crystal growth = kay(Cw—Cs)" (6.11)

the permeation flux and eventually form a porous cake layer on the membrane
surface, which can be characterized by an increase in the hydraulic resistance [40],
similar to particulate fouling. Furthermore, it should be noted that both scaling
mechanisms could occur simultaneously in a RO system. This would be most likely if
cake-enhanced concentration polarization was caused by a porous cake layer. CEOP
effects could also contribute to fouling.

Membrane-scaling phenomena can be well explained by the concept of crystalli-
zation; the relevant equations are given in Table 6.3. The supersaturation ratio is
defined in Equation 6.9, where C, and C; are the wall concentration (taking into
account the effect of CP) and solubility limit of salt, respectively. So when S > 1, the
salt has a potential to form a scale deposit. However, according to the classical
nucleation theory, it takes time for the generation of nuclei, which is a precursor to
crystal growth [41]. This time is called the induction time, t;,4, and it is related to the
supersaturation ratio, as shown in Equation 6.10, where T'is the temperature and 6,,
is the surface energy. After the induction period, once stable nuclei have been
formed, they begin to grow into crystals of finite size. The rate of crystal growth is
commonly represented by Equation 6.11, where k., and # are the rate constant and
order of reaction, respectively.

One of the strategies to control scaling is through control of the supersaturation
level of the salts [42] and RO systems are operated at a recovery that limits the
increase in the bulk concentration of salts. The concentration at the membrane wall
can be manipulated by the ratio of J/k of the RO system (Equation 6.6). Other
methods include, (1) the injection of acid into the feed stream to reduce the
dissolved carbonate ions in order to control scaling due to calcium carbonate, (2)
shifting the ion species to precipitate as a more soluble form of salts, for example,
calcium forms more soluble complexes with EDTA than calcium carbonate, (3)
altering the scale morphology by forming a rather thin deposit layer with less
tenacity [43], which could have a lower hydraulic resistance, (4) retarding the
crystallization process through extending the induction period of nucleation [44]
and adding antiscalants.
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Figure 6.3 (a) CP for clean membrane (b) CECP for fouled membrane.

6.3.4
Cake-Enhanced Osmotic Pressure

As mentioned earlier, the CEOP phenomenon arises due to cake-enhanced concen-
tration polarization CECP. Backdiffusion of retained solutes is hindered because
the solutes now need to diffuse through the tortuous paths within the cake layer.
The solutes in this ‘unstirred’ deposit layer are not exposed to crossflow and the
concentration and osmotic pressure at the membrane surface are greatly enhanced.
The concept is depicted in Figure 6.3 and the relevant equations are given in
Table 6.4. Figure 6.3 also explains how fouling in RO (and NF) can decrease solute
retention (see Section 6.1.1). The CECP phenomenon causes Cy, to rise from Cy; to
Cw2 and this can raise permeate concentration Cp, from Cp; to Cp. Thus fouling in RO
reduces both water permeability and permeate quality.

Equation 6.12 relates CP to flux (J) and the effective mass-transfer coefficient (kes)
for retained solute. For a clean membrane k.g= k, which is the boundary layer mass-
transfer coefficient from Sherwood correlations [45, 46]. However, for a membrane

Table 6.4 Cake-enhanced CP relationships.

Description Relationship Equation
. o Cw J
Concentration polarization — = exXp(— (6.12)
G kefr
ffe fe ! ! + !
Effecti =+ 1
ective mass transfer ke k@ ke (6.13)
D
Cake mass transfer ke = 5 (6.14)
C
6.15)
De. (
Diffusion in cake D ="
Te

Cake tortuosity T ~ (1-Ing?) (6.16)
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with a cake layer the backdiffusion is hindered. Equation 6.13 shows how kg is
related to the unfouled surface k and the mass transfer in the cake (k.). The cake mass
transfer (Equation 6.14) is given by the diffusion in the cake, D, and the cake height,
&, where cake diffusion is the free solution diffusion modified by cake voidage, €,
and tortuosity, T.. An empirical relationship [47] relates tortuosity and voidage. For a
typical value of voidage of 0.3 the value of D, is only about 10% of D. For such a cake
with 8. = 20 um the k. value would be about 20% of the typical k values, so for fouling
conditions k tends to be >k, and kg — k..

Thus, kegrdecreases as the fouling layer height 8. grows, and hence CPincreases. It
should be noted that for a linear increase in fouling layer thickness, CP increases
exponentially due to the form of Equation 6.12. For constant-flux operation of
large-scale RO the fouling continues and the required pump pressure (Equation 6.1,
Table 6.1) will rise. In practice the pump delivery pressure will have an upper limit
(APpax) and once this is reached the flux will not be sustainable. As flux declines, net
convection of foulant drops and concentration and CEOP become self-limiting. A
pseudosteady state could be achieved with AP at APy, and §. constant. However
further flux decline would tend to occur due to cake consolidation, accumulation of
other foulants (NOM, fine colloids) within the cake, biofilm development or scale
formation.

The relative contribution to performance loss (TMP rise at constant flux) of
resistance Rp or CEOP depends on the particle size. For particles >0.5um the
resistance is relatively small (see effect of particle size in Equation 6.4) and CEOP due
to cake height, J., is the major effect [48]. It is also observed that biofilms can
contribute substantial CEOP effects as well as resistance, and in a recent biofouling
study more than 50% of the required TMP rise was due to CEOP effects [32].

6.4
Conclusions

Fouling is a major factor in the application of membranes. For both low-pressure and
high-pressure membranes the degree of fouling is a complex function of feed
characteristics, membrane properties and operating conditions. However, much is
now known about fouling and how it can be controlled. The key to low-fouling
operation involves effective pretreatment of feed, careful selection of the membrane
and good hydrodynamics within the module, as well as an appropriate flux.
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Energy and Environmental Issues and Impacts
of Membranes in Industry

William J. Koros, Adam Kratochvil, Shu Shu, and Shabbir Husain

7.1
Introduction

Short-term economics favor rapid deployment and guaranteed reliability, so energy
efficiency and environmental sustainability are often secondary considerations in
implementation of new processes. Options with lower energy efficiency and higher
environmental impact may be favored over membrane processes, which tend to be
less familiar to design engineers and may even require some development time and
risk. Moreover, while government regulations can encourage adoption of environ-
mentally beneficial approaches such as membranes, global regulations are difficult to
implement. Nevertheless, over the longer run, practitioners can seize a competitive
advantage by moving forward ahead of regulations to define the technological
landscape. In the early 1970s, Japanese automotive innovations in fuel efficiency
enabled a very strong position to be captured in automotive production three decades
later. A similar early stage opportunity exists now with regard to large-scale separa-
tions processes for production of commodity chemicals, fuels, and water. In many
ways, the water-purification sector is more advanced than the other two sectors, and
understanding why the broader nonaqueous separation sector has lagged behind is
useful. Such understanding provides a framework to efficiently extend the advan-
tages of the membrane platform across the spectrum of separations pertinent to
commodity production. While some of this information has already been reported,
this chapter provides updated information and significant expansion on the future of
membrane separations [1].

Linkage exists between separation energy efficiency and long-term environmental
sustainability, and some facts help to clarify this connection. By United Nations
estimates, the world currently has 6.7 billion global inhabitants; and, only 1.2 billion
people live in ‘more-developed countries’ such as North America, western Europe,
and so on, while 5.5 billion reside in ‘less-developed countries’ [2]. Estimates suggest

1) Ahighlyindustrialized country characterized by Examples of such countries include the United
significant technological development, high per States, Canada, Japan, and many countries in
capita income, and low population growth rates. Europe.
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that 9.2 billion inhabitants will occupy our planet by 2050, and the ratio 9.2/1.2=7.7
provides an upper bound estimate of the increased energy use relative to 2007 to
provide an equivalent standard of living to all global inhabitants by 2050 [2]. Asia is
currently classified as ‘less developed’, but this region has explosively growing
economies with visions of joining the ranks of ‘more-developed’ countries. Moreover,
the UN estimates that this region will comprise a population of 5.3 billion by 2050 —
over half of the world’s inhabitants! A more conservative estimate of the likely world
energy consumption in 2050 might be the factor of (5.3 + 1.2)/1.2 =5.4, or roughly
5x, and this factor will be used for discussion purposes in this chapter to estimate
industrial-sector use.

Raising the standard of living for such a massive group requires huge increases in
commodities, including clean water, nonpolluting fuels, and chemicals. From the
standpoint of separation processes, providing commodities to the 5.3 billion additional
inhabitants in ‘more-developed countries’ by 2050 is truly a ‘grand challenge.” A useful
benchmark to guide thinking with regard to separation issues is the well-studied US
case where the industrial sector is responsible for 33% of total energy consumption.
Over 40% of the energy consumption in the massive chemical and refining and
petrochemical industry is consumed by separation processes [3]. Using the scaling
0.4 x 0.33 =0.132, itis reasonable to estimate that 13.2% of total energy consumption
can be associated with separation operations. The implications of a ‘business as usual’
scaling to accommodate a projected 5x increase in global commodities would
correspond to a 66% increase in current energy consumption that is associated with
all aspects of the global economy in 2007. Since the bulk of such energy will come from
hydrocarbon sources for many years, this energy burden would bring with it a similar
increase in CO, emissions and present a major hurdle to worldwide economic
sustainability. Fortunately, membranes offer a viable option to address the separations
part of this grand challenge. To be effective, however, membrane technology must be
introduced prior to installation of energy inefficient thermally intensive processes. Indeed, if
energy-inefficient process are installed, their long (30-50 year) useful lives will require
regulatory intervention to force their replacement.

To support the latter claim, consider production of fresh water by desalting brackish
and sea water brines. Currently, there are desalting facilities worldwide with the
capacity of 9 billion gallons of water per day, and roughly half is membrane-based and
half is thermally driven (e.g., multi-effect and flash evaporators). Since the advent of
modern reverse-osmosis (RO) desalting technology, almost all new desalting capacity
is based on membranes. Nevertheless, despite more than a 10x higher energy
efficiency of membranes, which will be shown in a later section, the old thermal plants
remain in use. The same situation can be expected in the chemical and petrochemical
industry if scale up to handle the 5% capacity expansion is done by conventional
thermally intensive approaches. This reality places added urgency on the need for
expedited development of membrane-based processes that expand beyond traditional
aqueous purification of brines and micro- or ultrafiltration of aqueous feeds.

Abrief review of experience with aqueous feeds will be provided to identify lessons
learned that can help expedite expansion of the membrane platform to nonaqueous
feeds. The subsequent discussion focuses on large-scale examples where significant
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reductions in energy consumption (and hence CO, emissions) appear feasible by
replacing energy-intensive approaches with membrane processes. Although many
net driving forces can be imposed on each penetrant between upstream and
downstream membrane faces, transmembrane pressure differences are the most
common and are the focus of this discussion.

Most practical membrane processes are continuous steady-state operations with a
feed, permeate, and nonpermeate stream. Since membrane processes involve
separation of a permeated component A from a second, rejected component B, a
measure of separation efficiency is useful. Due to the diversity of applications, many
different measures of separation efficiency are used in the various membrane
subareas. Probably the easiest to use measure is the so-called ‘separation factor,’
givenin Equation 7.1, which shows the relative enrichment of component A vs. B due
to the membrane process [4]:

Composition of A downstream

SF — <Composition of B downstream>
Composition of A upstream
(Composition of B upstream)

(7.1)

Since the SF is a ‘ratio of ratios,” any measure of composition (mole fraction, mass
fraction, concentration, etc.) can be used in Equation 7.1 as long as one consistently
uses the same measure for both upstream and downstream phases in contact with the
membrane. Locally within a module, the ratio of compositions leaving the down-
stream face of a membrane equals the ratio of the transmembrane fluxes of A vs. B.
Local fluxes of each component are determined by relative transmembrane driving
forces and resistances acting on each component. The ratio of the feed compositions
in the denominator provides a measure of the ratio of the respective driving forces for
the case of a negligible downstream pressure. This form normalizes the SF to provide
a measure of efficiency that is ideally independent of the feed composition.

For a given driving force, minimization of the membrane resistance requires the
smallest possible effective membrane thickness, £. The ability to minimize ¢ without
introducing defects relies upon ‘micromorphology control,” and this topic impacts
virtually all membrane applications.

7.2
Hydrodynamic Sieving (MF and UF) Separations

Microfiltration (MF) and ultrafiltration (UF) involve contacting the upstream face of a
porous membrane with a feed stream containing particles or macromolecules (B)
suspended in a low molecular weight fluid (A). The pores are simply larger in MF
membranes than for UF membranes. In either case, a transmembrane pressure
difference motivates the suspending fluid (usually water) to pass through physically
observable permanent pores in the membrane. The fluid flow drags suspended
particles and macrosolutes to the surface of the membrane where they are rejected
due to their excessive size relative to the membrane pores. This simple process
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concentrates particles or macromolecules in the upstream nonpermeate stream and
produces essentially pure low molecular weight permeate downstream (SF — o) if
the pore-size distribution prevents any ‘B’ from passage across the membrane.
Removal of a bulk liquid often represents the major energy cost for processing
suspended particles and macromolecular solutes including paints, foods, and myriad
waste-recycle streams. For dilute and semidilute feeds (<15 vol%), both MF and UF
enable large energy savings compared to evaporation approaches [5, 6]. Despite
pumping expenses to drive permeation and minimize accumulation of a rejected
component at the membrane surface, energy costs typically range between 0.15-5.0
(kwh)/m® of water removed [5, 6]. Generation of electricity using high-pressure
steam gives typical efficiencies of 33% or less [7], thereby increasing the
‘thermal equivalent’ energy cost for the membrane option. Using a median value
of 2.5 (kw h)/m? for such MF and UF membrane processes and accounting for 33%
efficiency of steam-generated electricity, a value of (2.5/0.33) = 7.6 (kw h) /m? results.
Despite this ‘penalty,” the membrane option offers roughly a 10-fold savings over
competitive thermal removal [~73 (kwh)/m’] by flash evaporation [8]. Even if
thermal energy input is needed in a final finishing step, using membranes in
primary concentration steps can provide large overall processing cost savings.

73
Fractionation of Low Molecular Weight Mixtures (NF, D, RO, GS)

As the size of both the permeated and rejected components become less than 20 A, as
shown in Figure 7.1, hydrodynamic sieving forces are no longer adequate to perform
the subtle size and shape discrimination required. Indeed, the progressions from
nanofiltration (NF) — reverse osmosis (RO) — gas separation (GS) processes rep-
resent increasingly more challenging discrimination between entities that often
differ by 3-5 A for nanofiltration or reverse osmosis, down to only fractions of an
angstrom for gases. In all of these cases, intermolecular forces become dominant
determinants of the resistance acting on each penetrant.

For such micromolecularly selective processes, an additional ‘partitioning’ pheno-
menon must also be considered in the flux expression to enable describing the

Characteristic dimension of rejected entity, A
I I I | I |

>
1 10 100 1000 10,000 100,000
Sorption- | Hydrodynamic Sieving-Control
Diffusion
Control
—
“Non-porous” i i
membrane Porous membrane

Figure 7.1 Size spectrum of permeate and the controlling mechanism of transport.
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process conveniently in terms of external phase conditions. In this case, the
partitioning phenomenon can be accommodated as a factor contributing to transport
using a ‘partition coefficient’ typically defined as:

K — [Composition of component iin membrane] (72)

[Composition of componentiin external phase]

Since K; is expressed as a ratio, any consistent measure of composition in the
membrane and external phases may be used in Equation 7.2. When K;>1, the
membrane acts as a ‘concentrator’ that attracts component i from the external phase
and makes it available at the membrane surface for transmembrane movement.
Intermolecular forces of solvation and mixing that are responsible for the partition-
ing process may be entropic as well as enthalpic in origin. The balance of these forces
acting between the membrane and external phase can cause either a higher or lower
concentration of a given solute inside the membrane relative to the external phase.
If the tendency to enter the membrane is negligible, the partition coefficient
approaches zero, that is, K; — 0.

The synergistic action of the size-discriminating and partitioning phenomena
permits adjustment of the relative compositions of different small molecules or
ions in streams contacting the upstream and downstream faces of a membrane. For
a given penetrant pair, the ratio of the effective resistance acting on B vs. that acting
on A in the membrane specifies the membrane-specific ability to separate this A-B
pair. Since the thickness factor, ¢, cancels, the key ratio of resistances acting on
component B vs. A is comprised of a product of partitioning and mobility ratio
factors. For most membranes, the mobility ratio can be approximated as Da/Dg,
the ratio of the average diffusion coefficients for component A vs. B within the
membrane phase. In this common case, therefore the effective ideal membrane
selectivity, aap, is given by:

[Da] [Ka]

OlaB = [DB] [KB] (73)
Equation 7.3 notes that one can tune both ‘mobility selectivity’, Da/Dp, and
‘partitioning selectivity’, Ka/Kp to develop advanced materials for every small
molecule separation [9]. This strategy can be applied to virtually any type of
membrane material ranging from gels to crystalline zeolites, metals, glasses, or
polymers. Moreover, hybrid materials comprised of combinations of more than one
such material (e.g., a zeolite dispersed in a polymer) allow limitations associated
with any specific pure component material type to be overcome. For instance,
intrinsic rigidity responsible for outstanding mobility selectivity in zeolites also
causes brittleness and difficulties in their high-speed processing. Polymers are
processable, but lack the rigidity to perform fine mobility selectivity. Mixtures of
zeolites and polymers or molecular-sieve carbons and polymers are now being
investigated to create highly selective hybrid materials amenable to economical
high-speed fabrication [10, 11]. As will be discussed in more detail, such materials
are likely to be increasingly important for dealing with a broad range of future
applications.
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7.4
Reverse Osmosis — The Prototype Large-Scale Success

As noted earlier, reverse-osmosis (RO) purification of water was the first large-scale
commercially viable membrane fractionation of low molecular weight liquid mixtures.
Like all of the cases involving low molecular weight fractionation, RO purification
of potable water from brine relies upon ‘partitioning selectivity’ and ‘mobility
selectivity’ contributions from Equation 7.3. Optimization of the membrane material
and structures for this application took place over a period of more than two decades,
and membranes are now rapidly displacing thermal desalting [8, 12]. By understand-
ing how and why RO has displaced distillation in this large-scale application, one can
see how to help expand the energy-efficient membrane paradigm more broadly.

Both gas separation and RO require high feed pressures to achieve useful fluxes.
Nevertheless, the utility of having a high-pressure nonpermeate stream leaving the
module differs greatly for GS vs. RO cases. For gases, the energy used to compress
feed streams is valuable in subsequent processing and product storage. On the other
hand, for liquids, after the RO separation is completed ‘excess pressure’ in the
nonpermeate is not needed. Reclaiming this energy is now standard procedure in
state-of-the-art RO systems. ‘Pervaporation’ is a variant of reverse osmosis that uses
a low-pressure liquid feed with a vapor permeate under vacuum. Effectively, perva-
poration involves permeation and evaporation of a portion of the feed, thereby
requiring significant thermal energy input [5]. While overcoming the need for
high-pressure feed and nonpermeate energy recovery, pervaporation still requires
the input of considerable thermal energy. Because reverse osmosis eliminates this
thermal inefficiency associated with pervaporation, it became the favored process for
water desalination.

The ‘effective’ driving force for reverse-osmosis permeation of water is propor-
tional to the difference in applied transmembrane pressure, AP, and the transmem-
brane osmotic pressure, AIl, viz, (AP-AIl) [13]. For 50% recovery of feed entering
with 34 000 ppm of total dissolved salts in seawater, the stream leaving the module
has a very large osmotic pressure. This osmotic pressure must be overcome to
produce the last increment of potable water product leaving the module. As noted
earlier, providing a large transmembrane AP without paying an excessive energy cost
is commonplace in state-of-the-art reverse-osmosis operations with compact energy
recovery turbines [12]. In principle, this practice of recovery of unused energy in
compressed nonpermeate streams should be transferable to organic systems as well;
however, materials of construction and seals require development for compatibility
with organic vs. aqueous feeds.

A state-of-the-art RO seawater system processes 50 million gallons per day with
50% feedwater recovery as potable water product using a 940-psi (~65 bar) feed
pressure [12]. These high pressures and flows are now routinely accommodated
economically with compact vessels and high productivity membranes. An
optimized thermal distillation plant with the same feedwater requires 1014 Btu/gal
[78.5 (kwh)/m’] of water produced [8], while the state-of-the-art seawater RO
system has an energy cost of only 2.2 (kwh)/m?* [8, 12]. Using the current paradigm
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of steam cycle generation of electricity with an efficiency of only 33%, the
effective ‘thermal equivalent’ energy cost for the membrane process is (2.2/0.33)
(kwh)/m* = 6.7 (kwh)/m?>. Again, even with such a ‘penalty’ factor, the membrane
option is over 10-fold more efficient than the thermal approach.

The well-known thermodynamic inefficiency in generation of electricity using high-
pressure steam can be linked to the unfortunate widespread acceptance of the
inefficiency of doing thermally driven separations. Specifically, generation of elec-
tricity using high-pressure steam produces excess low-pressure steam: this fact is
often used to justify continuation of inefficient separation processes driven by this
excess low-value steam [14]. In fact, discussions of thermal separation efficiencies are
sometimes based on the efficiency of an ideal heat engine operating between the
reboiler and condenser temperatures. Such an approach overlooks the intrinsic
limitations of all thermally driven processes and perpetuates the unnecessary linkage
between thermal energy conversion processes and separation processes. More
discussion of issues related to power generation and membrane roles in reducing
environmental impact will be offered later.

It is well known that electrochemical oxidation of a fuel to extract power can
theoretically be performed in a fuel cell much more efficiently than is possible via a
heat cycle. For example, a H,/O, fuel cell reaction at 25 °C has an ideal efficiency of
100%, as compared to 30-33% in standard steam cycles. Current fuel cells still
require improvement, and rarely exceed 50-60% efficiency; however, this already
surpasses the 33% efficiency for standard steam systems [15]. Realistically, however,
scaling such devices to hundreds of megawatt size presents challenges.

Even without the ideal efficiency of a fuel cell, combined-cycle integrated gasifica-
tion processes are providing significant improvements with efficiencies nearly as
high as 50% [16, 17]. Using 50% as the efficiency limit, such a unit coupled to a
reverse-osmosis unit would show an improvement of 73/(2.2/0.50) > 16-fold better
than the thermal separation alternativel Whether one considers the already achiev-
able 10-fold reduction with a conventional coal-fired steam turbine or the 16-fold
reduction achievable by eventually coupling this membrane process with a high-
efficiency integrated gassifier, the numbers are impressive. These numbers also give
avision of a much more energy efficient future if the membrane platform is extended
to nonaqueous applications.

7.5
Energy-Efficiency Increases — A Look to the Future

The following cases consider advantages in energy savings that extend beyond
aqueous filtration and reverse-osmosis applications noted above. Although not yet
offering a full factor of 10 savings, this is the same path toward dominance that
aqueous separations followed. Almost a decade ago, the concept of a ‘disruptive
technology’ was introduced to describe new approaches that were radically different
from the incumbent leading technology in a field. Such technology was also noted
in some cases to even perform less well than the incumbent leader but with
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optimization ultimately improved to become a major player, if not the dominant
player in a field. In this context, membrane processes are a potentially disruptive
technology.

7.5.1
Success Stories Built on Existing Membrane Materials and Formation Technology

Valuable savings are possible even using available gas and vapor-separation mem-
brane units, while aggressively pursuing development of nonaqueous RO and its
larger energy payoffs over the next decade. Vapor-separation processes are opera-
tionally similar to gas-separation units but often use a moderate vacuum downstream,
depending upon the vapor pressure of the components at the feed temperature.

A number of applications have been suggested for the removal of organic vapors
from gas streams. These include monomer recovery from storage-tank vent streams
in the production of polyolefins (e.g., polyvinyl chloride, polyethylene, polypropylene)
which will be discussed in a later section [18], removal of natural-gas liquids from
fuel gas for gas engines and turbines [19] and removal of solvents from air [20-22].
These applications utilize the high condensability of vapors to achieve high separa-
tion efficiencies between condensable and noncondensable components. Unlike
separations involving permanent gases, where diffusion selectivity is the dominant
factor, these membranes rely upon a so-called ‘reverse selective’ process based on
very high sorption selectivities to achieve separation. As an example, butadiene-
acrylonitrile rubber was cited as having a selectivity of around 100 000 for benzene
over air [22].

Required selectivities for viablility of the separation with vapors typically lies at
selectivities around 100 to 200 to minimize the gas component in the vacuum section
[22]. Higher selectivities significantly above this range provide only marginal
improvement; since the economics of the separation are driven by the value of the
condensable component recovered and reduction in VOC emissions. Using a rubbery
membrane in combination with a flash unit and condenser, recovery of up to
500-10001b/h of monomer and processing solvent from polymer storage bin purge
waste gas streams has been reported with savings of $1 million/year/purge bin [18].

Beyond organic vapor capture applications, more standard membranes involving
natural gas represent a large and attractive market for gas-separation membranes.
The SACROC installation was one of the first major applications of gas-separation
membranes in large-scale separations. This application deals with removal of CO,
from natural gas associated with crude oil. The Kelly—Snyder field was discovered in
1948 with an estimated size of 2.1 billion bbl of oil. The initial reservoir was produced
using water flooding that was later replaced by carbon dioxide injection by the field
operator, Chevron. A Benfield (hot promoted potassium carbonate) process and
amine scrubbing were employed to remove the CO, from the associated gas in the
initial stages of operations, prior to the development of membranes. An eventual
increase in CO, content of the associated gas stream from 0.5 to 40 mole%
necessitated an expansion of the CO, handling capacity. Membrane units were
considered to be ideal due to their modularity that allowed easy scaling, thereby
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foregoing major capital costs associated with expanding the amine and carbonate
units before the added capacity was needed. This staged increase in capacity is
another particularly attractive aspect of membrane-based processes. Cellulose acetate
hollow-fiber membranes were provided by Cynara who also operated the membrane
plant, and initial testing of the membranes was carried out at the Chevron facility to
increase confidence in the new technology. A membrane lifespan of 5 years was
reported in the presence of adequate pretreatment [23]. Since the initial deployment
of membranes, the unit has been expanded from the original 70 MMscfd to 600
MMscfd in 2006 with a gas feed of 87 mole% CO, [24, 25]. In many ways, this case
delivers on the potential of membranes to be expandable to large applications beyond
simple aqueous feeds.

Membrane technology for natural-gas separations is gaining broad acceptance and
a number of major membrane-separation plants have come into operation in recent
years. These include the Cakerawala production platform (CKP) that processes
700 MM SScfd with a 37% CO, feed and a plant in Qadirpur, Pakistan that processes
500 MMscfd of 6.5 mole% CO, feed to 2% CO, pipeline specification [26]. Current
plans are being made to double production at the CKP facility [27].

In these applications, membranes offer the unique ability to configure compact
systems to perform the desired separation. In some cases, membrane modules
placed in series or in parallel enable debottlenecking, while in other cases such units
can improve the overall efficiency of the separation. Depending on the needs of the
separation, the following figures illustrate possible configurations for membrane
separations. Figure 7.2 shows a simple two-stage membrane-separation process
where the nonpermeate of the second stage is recycled to the feed of the first stage. A
more complex configuration is presented in Figure 7.3, where both the permeate and
nonpermeate streams go through a two-stage membrane process in order to achieve a
higher purity of both products.

An example of the compact nature and modularity of membrane units is shown in
Figure 7.4 where the two membrane units in the foreground replaced the amine-
absorption system in the background for removal of CO, from natural gas. This
application was mentioned earlier with regard to SACROC and subsequent larger
offshore applications where space is at a premium.

High Purity
Permeate

Stage 1

Stage 2

A J

Compressor
Feedstock

v

Nonpermeate
Figure 7.2 Simple two-stage membrane module configuration (Adapted from Ref. [28]).
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Figure 7.3 Dual two-stage membrane module configuration (Adapted from Ref. [28]).

Hydrogen purification represents another ideal fit for membrane-based separa-
tions in many cases. Because of its small molecular size relative to other gases,
combined high fluxes and selectivities are often possible, since the diffusional
selectivity in Equation 7.3 greatly favors hydrogen, even when the sorption selectivity
does not. Initial deployment was carried out in ammonia plants to recover and recycle
hydrogen from the product stream. This easy separation has led to a saturation of the
ammonia market, with almost all units employing membranes [29]. A second more
challenging, and even larger, market exists in the recovery of hydrogen in refinery
processes. Increasing use of heavy and sour crude oils require ever larger quantities
of hydrogen for oil upgrading to adjust the carbon:hydrogen ratio for lower carbon
fuel. The heavier oils are cracked down ideally to pentanes and higher but also result

Figure 7.4 Air Liquide/Medal membrane unit replacement of
amine scrubbing towers (used with permission).
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in the formation of light hydrocarbons such as methane, ethane, and propane [30].
These gases act as inerts and reduce the vapor pressure of hydrogen in the reactor and
must be periodically purged. Typically, 4 moles of hydrogen are lost for every mole of
light hydrocarbon removed [4]. Initial deployment of membranes in hydrogen
separations was driven by their exceptional payback and modular design, which
allowed for their inclusion in existing refinery process lines with little modification.
Replacing high-pressure purging and gas absorbers in the hydrocracking process
discussed above by using membranes can decrease hydrogen losses by up to 16-fold.
Depending on the process requirements of product purity, hydrogen recovery, and
product pressure, the economics can justify the use of membrane technology versus
traditional adsorption, cryogenic distillation and pressure swing adsorption. Exam-
ples of such comparisons are well covered by Zolandz and Fleming [4] and by Baker
30].

Temperature control of the feed stream is critical to membrane operation in order to
prevent condensation of the hydrocarbons as hydrogen is removed. As the dew pointis
reached, the condensing hydrocarbons can lead to plasticization and membrane
failure. While the feed temperature is typically kept at 15-20°C above the dew point
of the retentate stream, process upsets or feed changes can still lead to membrane
failure. Although as many as 100 membrane plants have been installed in refineries,
the global market remains far from saturation. Membranes with increased resistance to
plasticization and higher-temperature operation or the use of improved pretreatment
would result in greater confidence on the technology and widespread adoption [30].

7.5.2
Future Opportunities Relying Upon Developmental Membrane Materials
and Formation Technology

Besides the above success stories, reconfiguring existing thermally driven processes
to produce vapor feeds to membrane units for targeted fractionations of valuable
components could be an attractive evolutionary strategy. However, as economical
nonaqueous RO capability develops, these processes should phase out the older
thermal units in the same rapid evolutionary manner that is currently occurring in
the aqueous RO arena. As noted earlier, even rapid evolution takes time (10-15 years),
as it did for aqueous systems. Such a process should begin now to avoid further
proliferation of additional energy-inefficient separation units to meet expanding
capacity needs. The following ‘forward looking’ cases consider opportunities where
membranes could have a large impact; however, new membranes will be needed as
opposed to the previous cases where existing membranes are adequate.

7.5.2.1 High-Performance Olefin—Paraffin Separation Membranes

The olefins ethylene and propylene are highly important synthetic chemicals in the
petrochemical industry. Large quantities of such chemicals are used as feedstock in
the production of polyethylene, polypropylene, and so on [31]. The prime source of
lower olefins is the olefin—paraffin mixtures from steam cracking or fluid catalytic
cracking in the refining process [32]. Such mixtures are intrinsically difficult to
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Table 7.1 Physical properties of ethane, ethylene, propane, and propylene.

Ethylene Ethane Propylene Propane Ref.

Boiling point (°C) —103.9 —88.6 —48 —42.2 [33]
Lennard-Jones parameter, Gy &) 3.7 4.1 4.0 4.3 [34]

separate due to the similar physical properties of the saturated/unsaturated hydro-
carbons, as shown in Table 7.1 [33, 34].

Another important factor that distinguishes this separation is that it is not environ-
mentally or economically feasible to simply return a rejected stream to the environ-
ment, as in a typical aqueous RO process where the brine can be returned to the ocean.
The federal regulations mandate that CO, emissions from refineries and chemical
plants be reduced to low levels; therefore, facilities can no longer afford to dispose of
waste hydrocarbon streams in their flare systems. Pure streams from polyolefin
reactors and vents from polymer-storage facilities, which were once flared, must be
redirected to recovery systems. To reduce the economic penalty of environmental
compliance, these paraffin and olefin mixtures must be recovered and recycled. In
other words, two products must be made, a useful fuel and a useful chemical product,
hence more process engineering is required in order to achieve such an objective.

A US DOE report estimated that 1.2 x 10'* BTU/year are used for olefin/paraffin
separations [35]. The conventional technology to separate olefin/paraffin mixtures is
cryogenic distillation, as illustrated in Figure 7.5. The separation is performed at
elevated pressures in traditional trayed fractionators. C2 and C3 distillation columns
are often up to 300 feet tall and typically contain over 200 trays. Although the
separation to achieve chemical grade purity can be accomplished in a single tower
[36]. Purifying ethylene/propylene to polymer grade requires a significant increase in
the number of fractionating trays or the reflux ratio or both [36]. The large capital
expense and energy cost have created the incentive to seek alternative technology for
this olefin/paraffin separation.

Membranes offer excellent potential as an alternative for traditional distillation
technology. A significant amount of research has shown the potential of membranes
in the olefin/paraffin separation arena, which will be briefly discussed later in this
section. Capacity expansions of existing thermally driven separation units are ideal
ways to introduce membranes more broadly into large-scale use while minimizing
risks and building familiarity with this relatively new technology. This approach
leverages existing investments without the need to build entirely new thermally
driven separation units. Within an existing integrated plant, valuable compoundsina
vapor feed stream currently sent to another thermally driven separation unit could be
membrane-fractionated into higher value products with minimal expense and signifi-
cantenergy savings. Figure 7.6 demonstrates an example of possible implementation
of membrane units with C2 and C3 splitters. The introduction of membranes
will lead, depending on the separation characteristics of the membrane material,
to a significant reduction of the stream fed to the splitter. A possible reduction
in capacity of the splitter column might be of the highest interest because the
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Figure 7.5 Conventional cryogenic distillation process for an
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Figure 7.7 Use of a membrane unit to recover and recycle
propylene to the polymerization reactor (Adapted from Ref. [38]).

olefin/paraffin separation train is more than half of the total capital cost of an olefin
plant. Another example suggested by Baker is illustrated in Figure 7.7 [30]. The
integration of a membrane unit into a polypropylene plant could potentially recover
previously wasted propylene monomer. This membrane would remove propane,
which enters as an impurity in the feed, to allow recycling of the monomer without
the potentially hazardous buildup of propane.

Consider, for instance, the 515 Btu/Ib (0.151 kw h/Ib) reboiler energy is required
for the propylene/propane separation using cryogenic distillation [3]. With a typical
50/50 feed and recovery of a 99.5% propylene product, this corresponds to roughly
0.302 kw h/Ib propylene product. A recent patent on a vapor permeation membrane
cites an energy cost of roughly 0.050 kw h/Ib propylene product for this separation
with a membrane having intrinsic properties similar to those currently reported in
the literature [28]. As in the water RO case, accounting for the current paradigm of
steam-cycle-generated electricity with a typical efficiency of only 33% gives the
effective ‘thermal equivalent’ energy cost of (0.05/0.33)Btu/gal=0.151 Btu/gal —
still greatly superior to the thermal option. Moreover, as in the RO example,
integrating such a process with a 50% efficient fuel cell or combined-cycle gasifica-
tion process shows an improvement of 0.302/(0.05/0.5) > threefold better than
the thermal alternative! First-generation membranes have been reported with
properties that suggest this separation can be achieved, so this type of application
is likely to develop over the next few years [39].

The first-generation membranes investigated include polymeric membranes and
polymer/silver salt composite membranes. Polymers such as cellulose acetate,
polysulfone, PDMS, and polyethylene show very poor separation-performance



7.5 Energy-Efficiency Increases — A Look to the Future

1000
Experimentally observed carbon molecular
C4Hg/C4Hg upper bound sieve materials
£
=
%]
£
7]
0
s
x
[
o
T
I
o
o

om 0.1 1 10 100 1000 10000
C4qHg Permeability (Barrer)

Figure 7.8 C3;H/C3Hg experimental upper bound based on pure
gas permeation data over the range 1-4 atm feed pressure.
[0=100°C, M =50°C, ®=35°C, A =30°C, ¢ =26°C
(Adapted from Ref. [38]).

stability for olefin/paraffin separation, with selectivities often below 3 [40-42].
Polyimides seem to be the most promising membrane material for this particular
separation, yet the performance of polyimides was discovered to be limited by an
upper-bound trade-off curve displayed in Figure 7.8 [38]. The permeability and
selectivity are in reverse proportion to one another while the commercially attractive
region corresponds to the upper right corner of the plot.

Another category of studies focuses on facilitated transport using ion-exchange
membranes that contain silver ions as a complexing agent [43—-45]. Membranes with
facilitated transport properties show very good selectivity and relatively high perme-
ability coefficients for the olefins, but the separation process typically has to be carried
out under saturated water vapor to ensure the transport of silver/olefin complexes
through the membrane, which adds considerable complications. Moreover, the
stability of the silver carrier poses another challenge for industrial application of
this technology.

In addition to the polymer and facilitated transport membranes, novel materials
are being proposed and investigated to achieve membranes with economically
attractive properties. Carbon molecular sieve (CMS) membranes prepared by pyroly-
sis of polyimides displayed much better performance for olefin/paraffin separation
than the precursor membranes [39, 46, 47]. Results obtained with CMS membranes
indicated properties well beyond the upper-bond trade-off curve, as shown in
Figure 7.8. Nonetheless, this class of materials is very expensive to fabricate at the
present time. An easy, reliable, and more economical way to form asymmetric CMS
hollow fibers needs to be addressed from a practical viewpoint.
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The preceding discussions illustrate that membranes have shown great potential
as an alternative for olefin/paraffin separation, yet the performance of current
membranes is insufficient for commercial deployment of this technology. Advanced
material development is highly desired to improve the membrane properties and
reduce cost. Another possible approach involves hybrid membranes with zeolites or
CMS incorporated in a continuous polymer phase. More discussion in this regard
will be covered later in this chapter.

7.5.2.2 Coal Gasification with CO, Capture for Sequestration

Membranes can contribute significantly to new concepts in more energy-efficient
and low CO, emission power generation, and the following section explores some of
these cases as alternatives to conventional amine-absorption-based thermally driven
processes.

A state-of-the-art gasifier with integrated gasification combined cycle (IGCC)
power plant, shown in Figure 7.9, enables the efficient use of coal for power gene-
ration. CO, is typically captured following gasification and a water gas shift reaction
and prior to syngas combustion in the gas turbine in an IGCC power plant. The water
gas shift reactor converts nearly all CO produced during gasification to COs,.
Therefore, the CO, concentration in the syngas leaving the shift reactor is typically
in the range of 15-60% (dry basis) with total gas pressures ranging from 300 to
400 psia [16, 17, 48, 49]. This precombustion CO, capture of the pressurized syngas
is typically less costly than postcombustion CO, capture, which requires treatment
of large volumes of gas near atmospheric pressure.

State-of-the-art precombustion CO, capture technology in an IGCC plant employs
amine-absorption treatment of the syngas; however, even when optimized, this
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Figure 7.9 IGCC schematic with air or O, blown gasifier (Adapted from Ref. [48]).
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treatment adds a great deal of cost to the process. In fact, depending on whether an
air-blown or oxygen-blown gasifier is used, gasification that utilizes amine absorption
for CO, capture has 71-89% higher capital costs than without CO, capture [48].
Unfortunately, a single-stage polymer membrane unit that performs a similar
separation following oxygen-blown gasification has capital costs 105% higher than
without CO, capture [16], however, as will be discussed next, membrane separation
units have lower operational and environmental costs that can offset this higher
current capital cost. Incorporation of carbon-capture technology also reduces the
overall efficiency of the power plant since the process requires energy to operate. The
overall efficiency loss for a membrane capture process in an IGCC is comparable,
9.9-13.5% drop in lower heating value (LHV), to that of the amine-capture process
described above, 8.1-15% drop (LHV) [16, 49-51]. Ultimately, when considering
different carbon-capture technologies, it is often best to compare the cost per ton of
CO, avoided, which takes into account the costs associated with the equipment and
operation as well as the amount of CO, removed from emissions. The amine-
absorption capture technology for the oxygen-blown gasification process has an
estimated cost of CO, avoided of $48.3 /ton; whereas, membrane capture technology
for the same gasification process has an estimated cost of CO, avoided of only
$41-47ton [16, 17, 49].

While the initial capital investment of the precombustion membrane-separation
process may be slightly more expensive, there are many aspects of membranes along
with the lower cost of CO, avoided that make them more advantageous than the
traditional amine-absorption process. The state-of-the-art amine-treatment approach
described in the above air blown IGCC work [16] is similar to the approach that has
been implemented by Dakota Gasification at the Great Plains Synfuels Plant [52].
This process utilizes air as the oxidant with a sub-bituminous Powder Ridge Basin
(PRB) coal, and the amine system operates with the following complex flow sheet
shown in Figure 7.10 [16]. The many units and piping are shown to illustrate the
process complexity. The feed to the amine scrubbing system is pretreated with high-
efficiency microfiltration membranes, referred to as ‘particle-capture devices’, to
eliminate particulates. Also, the temperature of the stream has been reduced from
550°F (287 °C) to only 100 °F (38 °C) by efficient steam-cycle condensate and cooling
water [16]. Despite the effectiveness of the amine-based system in Figure 7.10, the
amine approach adds considerable complexity to the final power system. In addition,
while the amine solvent used in this process (MDEA) is considered the most stable
and efficient solvent for a high CO, concentration stream, it still degrades in the
presence of oxygen or when subjected to high temperatures, as found in the
regeneration boiler, and can lead to corrosion of the equipment [53].

The pretreatments, described above, that deliver a particulate-free stream at 38 °C
to the amine system provide a ready-made feed for processing via membrane
modules. This feed can be used with simple and efficient membranes, new
structured sorbents, membrane + structured sorbent hybrid systems or more
advanced super H, selective membranes. These membrane systems can simplify
and condense the flow sheet in Figure 7.10, thereby enabling a more compact plant
with less piping and associated maintenance concerns.
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Figure 7.11 Dual-membrane separation utilizing a highly

selective metal or inorganic membrane for H; purification and a
conventional polymer membrane for the CO,/N, separation.

The following example illustrates the potential of membrane-separation processes
for precombustion carbon capture in an IGCC. This approach avoids using an
expensive air-separation unit (asu) or a difficult-to-implement high-temperature
mixed-ion conducting membrane process; however, it still enables capture of CO,
at purities suitable for commercial use or sequestration.

Figure 7.11 shows a simplified flow sheet of two membrane separation units where
the first stage comprises of a zeolite, palladium, or zeolite-ceramic highly selective H,
membrane and the second stage comprises a conventional polymer membrane
having the ability to reject N, vs. CO,. There currently exist high-performance
polymer membranes capable of performing the required separation in the second
membrane stage. Existing polymer membranes have selectivities for CO, vs. N, as
high as 60 at 35 °C[9, 54-56]. Moreover, one should be able to tailor the properties of
various polymer families used to form membranes (e.g., polyimides, polysulfones) to
enable tuning of the CO,/N, permselectivity by adding groups with a favorable
interaction with CO,. It is fully expected, therefore, that an economical polymer with
a N,/CO, selectivity above 30-40 could be achieved for a feed at roughly 400 psia. In
addition, this second-stage membrane would greatly benefit from the high CO,
driving force at 400 psia after H, is removed as a permeate in the first stage. For this
unusual application, the more condensable nature of CO, and its smaller size,
relative to N,, makes both factors in Equation 7.3 favor CO, vs. N,. This favorable fact
enables the desired high permselectivity of CO, relative to N,. This situation will
resultin the vast majority of the CO, permeating through the membrane to the lower-
pressure side, while most of the N, would be rejected at the high-pressure side. The
high-pressure retentate stream will have low levels of CO, and H, and comprise a
large flow of mostly inert N,. This stream could also be expanded in a gas turbine to
claim considerable useful work and be used for other purposes as well. The CO, could
then be compressed for transport and storage without the added volume, and
ultimately cost, of nitrogen. In fact, the energy captured by expansion of the nitrogen
retentate would help provide some of this required compression energy for the CO,.

The main challenge of the first separation involves development of a viable
membrane. An economical highly H, selective membrane with the ability to reject
both N, and CO, is required for this stage, and such a membrane does not yet exist.
Polymer-zeolite or ceramic—zeolite hybrid membranes may provide the required
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selectivity; however, a palladium, palladium alloy or pure zeolite membrane may be
needed to achieve this very difficult goal. This factor certainly presents a major hurdle
to application of this dual-membrane system, since the cost of either the metal or
zeolite membranes will be considerable. If this hurdle can be overcome, the H,
permeate stream could then be mixed with air and used in a standard combustion
cycle where N, will moderate the combustion to avoid excessive temperatures that
would damage the turbine or require exotic materials of construction. A potential
advantage is that the first-stage process could operate efficiently at elevated tempera-
ture allowing cooling to be deferred until after H, removal. This first-stage mem-
brane will require considerably more development time to implement than the
second-stage membrane; however, it has the potential to be a revolutionary purely
membrane-based technology for H, production and CO, removal.

7.6
Key Hurdles to Overcome for Broadly Expanding the Membrane-Separation Platform

The previous examples for large-scale gas and vapor separations noted above
illustrate that much more advanced but still economical membranes are required
to better expand the membrane platform. Three related hurdles exist to broadly
extending existing membrane separation successes to other low molecular weight
organic compounds: these hurdles are the lack of economical materials, membranes,
and module fabrication methods. This is a serious situation that must be addressed
with integrated programs that seek to develop high-efficiency module formation,
high-speed processing, micromorphology control, and advanced materials for mem-
brane implementation. Indeed, large osmotic pressures, higher temperatures, and
more aggressive organic feeds in these systems will require even more robust
membranes and modules than are currently available for water feed streams. For
instance, at 25 °Can osmotic pressure of roughly 79 atm (1161 psi) must be overcome
to cause forward flux of propylene from a 75/25 molar mixture to produce a 95/5
molar downstream mixture of propylene and propane. Such pressures can even now
be contained within a compact membrane vessel, and some gas-separation modules
already operate with higher feed pressures. Such a liquid RO system would even
further increase the energy savings below those cited for the propylene/propane
vapor-separation case mentioned above. Similarly, a low-cost palladium or pure
zeolite membrane that allows only passage of H, could enable the first-stage
membrane for hydrogen purification in the gasification example noted above.
Much of the technology for gas- and vapor-separation materials, membranes, and
modules that are now emerging as large-scale units were derived from work
supported on reverse osmosis in the early 1960s [57]. This program by the Office
of Saline Water (OSW) targeted energy-efficient processes based upon the promising
but unproven (at the time) membranes for aqueous separation. These early mem-
branes were, at that time, in a similar state to those for current organic systems, and
many problems had to be overcome [13, 57]. While sharing some aspects with
aqueous feeds, nonaqueous feeds present new challenges that must be attacked
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Figure 7.12 Advanced materials spectrum, including not only the
extremes of organic polymers and inorganic or carbon materials,
but also hybrids of these materials to provide property and
processing advantages.

holistically within the framework of the previously stated programs for membrane
implementation. A program similar to the OSW initiative, but aimed at organic feeds
and high-pressure gases and vapors, would be a positive step in this direction and an
investment in the future. Such a sea-changing undertaking probably requires
government initiation, as it did in the visionary OSW case.

Despite demanding requirements for selectivity and robustness in this next
generation of applications, membranes and modules must retain their attractive
cost advantages. Realistically, therefore, any program to introduce truly new high-
performance membranes should incorporate hybrid materials within its enabling
vision. A complete picture of membrane materials includes the spectrum ranging
from purely inorganics and carbons to purely organic polymers shown in Figure 7.12.

Current work has really only explored the two extreme ends of this spectrum, plus a
few hybrids containing 10-15vol% inorganic or carbon-dispersed phases in a
polymer continuous phase. For future demanding applications, it is likely that the
optimum position in the materials spectrum in Figure 7.12 may be even past the
‘midpoint’ in hybrid composition. Indeed, very high percentages of inorganic or
carbon solids, compatibly bound within an appropriate polymer matrix, could be the
preferred membrane material of the future for many applications. Such hybrids have
the potential to provide the selectivity and strength of inorganics and carbons and the
processability and flexibility of polymers.

While silane-treated zeolites dispersed in a polymer matrix have been reported to
possess excellent performance in dense films [58], the performance has been difficult to
replicate in asymmetric hollow-fiber membranes. Recently, considerable success has
been achieved in approaching the major hurdle of zeolite/polymer interface by a novel
route [59-63], which overcomes the limitation of silane-coupling agents observed in the
phase-separating environment of asymmetric membrane formation. The approach,
using an acid halide and a Grignard reagent, modifies the surface of zeolite particles to
increase surfaceroughnessand has been successfullyemployed to modify the surface of
two small-pore zeolites, SSZ-13 and zeolite A. These modified zeolites were found to
form strong adhesion with high glass transition polymers such as Ultem 1000
polyetherimide and Matrimid 5218 polyimide in dense film and asymmetric hollow-
fiber membranes, thereby providing superior gas-separation performance. Figure 7.13
displays a scanning electron micrograph of a dual-layer hollow fiber composed of an
Ultem 1000 polymer matrix with 10 wt% Grignard-treated submicrometer zeolite A.
The inset focuses on the skin region of the fiber showing the homogeneous dispersion
of the modified zeolite particles and the excellent adhesion with the polymer matrix.
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3 nm

Figure 7.13 SEM images of a dual-layer hollow fiber with zeolite
insert. Enlargement reveals good polymer adhesion to the zeolite
particles (Adapted from Ref. [62]).

The above laboratory-based successes show the future of this technology is pro-
mising, but they need to be supplemented with novel modification and processing
techniques that can be scaled for high production levels. These hybrid membranes
show considerable potential, however, they still require extensive research before
implementation. Indeed if the number of patents filed recently is any indication,
hybrid membranes are attracting industrial attention [64-81].

7.7
Some Concluding Thoughts

The above illustrations show that major, even revolutionary, energy savings are possible
relative to competitive, thermally driven options by introducing membrane processes
for separations. Nevertheless, the discussion also clarifies the need for a large-scale
integrated systematic approach to greatly broaden the economical application of
membranes to more aggressive feed streams. This information highlights the need
formodeling and analysis that starts at megascale plant systems and ranges down to the
molecular scale where most separations ultimately occur. Materials science is a critical
component; however, technologies to engineer supermolecular membrane morphol-
ogies and economical modules are equally critical to build such an expanded platform.

In addition to its central role in advanced separation devices considered here,
aspects of membrane technology indirectly impact fuel cells, advanced batteries
used in hybrid vehicles, and low-cost flexible solar-energy cells. Applying all of these
related energy-saving devices across the various sectors of society mentioned in
the introduction of this chapter would motivate rational change toward energy
efficiency. The special opportunities for synergistic combination of fuel cells and
membrane-separation technologies should be vigorously pursued to break the
unnecessary current linkage between inefficacies in thermal energy-conversion
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processes and separation processes. In order to move toward ‘green’ energy processes,
a high-profile effort is underway to promote the introduction of fuel cells, advanced
Dbatteries, and solar cells; however, much less aggressive action is apparent to promote
energy-efficient separations. A concerted effort focused on developing the mem-
brane platform beyond its current state to enable rapid replacement of energy-
inefficient separation processes is greatly needed. It is extremely important for
developing countries with fewer installed thermal processes to make investments in
these more-efficient approaches, and for more-developed countries to phase out
these thermal processes. Ultimately, an economy based on thermal dinosaurs stands
to be the biggest loser — natural selection works!
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8
Membrane Gas-Separation: Applications
Richard W. Baker

8.1
Industry Background

Gas separation with membranes is now a US$300-400 million dollar-per-year
industry, and the industry is growing at a double-digit rate [1-3]. In the early
1980s, the first successful membrane-based industrial gas-separation plants were
built by Permea (now a division of Air Products). These plants recovered hydrogen
from ammonia reactor purge gas or purified hydrogen recycle streams in refinery
hydrocrackers. However, the industry really took off a few years later when Medal,
Generon, Ube, and Permea developed membranes to separate nitrogen from air.
Nitrogen production now represents half of the membrane gas-separation equipment
business. The average nitrogen separation unit cost is small, usually in the range of
US$10000-100000, but several thousand are made each year. Another major
application of gas-separation membranes is the separation of carbon dioxide from
natural gas. In contrast to nitrogen units, carbon-dioxide separation plants are often
very large, and cost from US$20 to 50 million each. More than twenty of these large
plants have now been installed and this application continues to grow rapidly. A table
describing the current membrane gas-separation industry is given below (Table 8.1).

8.2
Current Membrane Gas-Separation Technology

All gas-separation membranes have an anisotropic structure with a thin, dense
selective layer facing the high-pressure feed gas. The selective layer is supported on
a much thicker microporous support layer that provides mechanical strength. The
chemical structure determines the permeability of the selective layer." The selective-

1) Permeability is the general term used to describe
the rate at which a gas will pass through a
material. Permeability is most commonly
measured in Barrer, defined as 1 x 10~ '%cm
cm? (STP) cm/cm?*s cmHg.

3
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Table 8.1 Characteristics of the current membrane gas separations industry — 2008.

Principal Membrane/ Market size
Separation producers modules (USS$million/y)
Nitrogen from air Permea Polysulfone/capillary fiber 150
Water from air Medal Polyimide/capillary fiber

Dow, Generon Polyimide/capillary fiber

Ube Polyimide/capillary fiber

Aquilo Polyphenylene oxide/capillary fiber
Carbon dioxide Cynara Cellulose triacetate/ 100
from natural gas fine fiber

Medal Polyaramide/fine fiber

Grace, Separex Cellulose acetate/spirals

MTR Perfluoro polymers/spirals
Refining: H,/CH,4 Permea Polysulfone/fine fiber 75
Ammonia plants: Medal Polyaramide/fine fiber
H,/N,, Ar
Syngas: H,/CO MTR/Ube Polyimide/fine fiber
C;+ Hydrocarbons/ MTR Silicone rubber/spirals 30
nitrogen

Borsig Silicone rubber/

plate-and-frame
Everything else: Nitrogen/
natural gas, Helium/
natural gas, _ Many 20
H,S/natural gas, CO,/H,,
Miscellaneous
petrochemicals

layer thickness determines membrane permeance.? When the selective layer is made
from alow-permeability material, such as an amorphous glassy polymer, the selective
layer is made as thin as possible, typically between 0.2 to 1.0 micrometers. When the
selective layer is made from a high-permeability material, such as a rubbery polymer,
the selective layer has a thickness of 0.5-5.0 micrometers. Thinner rubbery mem-
branes could be made, but the formation of concentration gradients at the membrane
surface puts a limit on the maximum permeance that can be used practically [4, 5].

8.2.1
Membrane Types and Module Configurations

Membranes can be made as flat sheets in long rolls or in the form of thin, hollow
tubes. Production of current gas-separation membrane modules is divided approxi-

2) Permeance is permeability divided by
the thickness of the membrane material.
Permeance is expressed in terms of gas per-
meation units (gpu), defined as 1x1x107°
cm?® (STP)/cm?s cmHg.



8.2 Current Membrane Gas-Separation Technology

mately evenly between those based on hollow fine fiber membranes (hydrogen
separation, carbon dioxide from natural gas), capillary membranes (nitrogen from
air) and flat-sheet membranes (carbon dioxide from natural gas, hydrocarbon/
nitrogen, methane separations).

8.2.1.1 Hollow Fine Fiber Membranes and Modules

Hollow fine fiber membranes are extremely fine polymeric tubes 50-200 micro-
meters in diameter. The selective layer is on the outside surface of the fibers, facing
the high-pressure gas. A hollow-fiber membrane module will normally contain tens
of thousands of parallel fibers potted at both ends in epoxy tube sheets. Depending on
the module design, both tube sheets can be open, or as shown in Figure 8.1, one fiber
end can be blocked and one open. The high-pressure feed gas flows past the
membrane surface. A portion of the feed gas permeates the membrane and enters
the bore of the fiber and is removed from the open end of the tube sheet. Fiber
diameters are small because the fibers must support very large pressure differences
feed-to-permeate (shell-to-bore).

Flat sheet membranes Hollow fine fiber membranes
(Spiral-wound module) {Shell side feed)

— Membrane Residue

| —Perforated [
: permeate
collection
pipe P
M

)
Residue

é flow
s o — Permeate \
L T3\ spacer
h‘w Hollow
-Membrane fibers
envelope Feed—
,, i
Capillary memhbranes
(Bore side feed)
Permeate
Permeate
Feed— 4 r —= Residue
- o % = '|- ;.-J
Membrane
capillaries

Figure 8.1 The main gas-separation membrane module types [6].
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8.2.1.2 Capillary Fiber Membranes and Modules

Capillary fibers are produced using similar equipment to hollow fine fibers, but have
alarger diameter, typically 200-400 micrometers, and the selective layer is formed on
the inside surface of the fibers. In a capillary fiber module, the feed gas flows through
the bore of the fibers, as shown in Figure 8.1. A portion of the feed permeates the
membrane and passes to the shell side of the modules, and is removed as permeate.
The pressure difference feed-to-permeate (bore-to-shell) that capillary fibers can
support is limited and typically does not exceed 10-15 bar (1 bar = 100 kPa). Higher
pressures may rupture fibers, and even a single defective fiber can seriously degrade
the separation capability of the module.

Capillary membrane modules are not as inexpensive or compact as hollow fine
fiber modules, but are still very economical. Their principal drawback is the limited
pressure differential the fibers can support, typically not more than 10 to 15 bar. This
limitation means capillary modules cannot be used at the high pressures needed for
hydrogen or natural-gas processing applications. However, capillary modules are
ideally suited to lower-pressure separations, such as nitrogen from air or air dehydra-
tion. In these applications, capillary modules have essentially the entire market.

8.2.1.3 Flat-Sheet Membranes and Spiral-Wound Modules

Flat-sheet membranes are made in continuous rolls 500-5000 m long. Sheets of
membrane 1-2 m long are cut and folded and then packaged as spiral-wound module
envelopes. A single module may contain as many as thirty membrane envelopes.
Currently, the industry standard spiral-wound module is 8 inches (1 inch = 2.54 cm)
in diameter and about 35-40 inches long; it contains 2040 m* of membrane.

Each membrane/module type has advantages and disadvantages [2, 7]. Hollow fine
fibers are generally the cheapest on a per-square-meter basis, but it is harder to make
very thin selective membrane layers in hollow-fiber form than in flat-sheet form. This
means the permeances of hollow fibers are usually lower than flat-sheet membranes
made from the same material. Also, hollow fine fiber modules require more
pretreatment of the feed to remove particulates, oil mist and other fouling compo-
nents than is usually required by capillary or spiral-wound modules. These factors
offset some of the cost advantage of the hollow fine fiber design.

The investment in time and equipment to develop a new membrane material in a
high-performance hollow fine fiber or capillary form is far larger than that required to
develop flat-sheet membranes, and many materials cannot be formed into fiber
modules at all. For this reason, flat-sheet membranes, formed into spiral-wound
modules, are used in many niche applications which cannot support the develop-
ment costs associated with fiber modules. Spiral-wound modules are also competi-
tive in the natural-gas processing area, where their general robustness is an asset.

8.2.2
Module Size

In the early days of gas separation, the average membrane module was just a few
inches in diameter. In recent years, the trend has been to obtain economies of scale by
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- = _

Figure 8.2 The expanding diameter of Cynara hollow-fiber
membrane modules, from the first 5-inch modules of the 1980s to
the 30-inch diameter behemoths now being introduced (Photo
used courtesy of NATCO Group, Inc.) [9].

developing ever larger modules. Figure 8.2 shows the evolution of cellulose triacetate
fine fiber membrane modules made by Cynara (a division of NATCO) for natural-gas
treatment. Spiral-wound modules are also increasing in size, from the current 8-inch
diameter module to 12-inch or larger modules. The driver for these changes is the
high cost of gas-separation skids. Gas-separation systems require membrane mod-
ules contained in high-pressure, code-stamped vessels. The cost of the vessels,
frames, and associated pipes and valves can be several times the cost of the
membrane modules. Considerable savings are obtained by packaging larger mem-
brane modules into fewer vessels, or housing multiple modules within a single large
pressure vessel [8].

83
Applications of Gas-Separation Membranes

8.3.1
Nitrogen from Air

The largest current application of gas-separation membranes is separation of nitrogen
(N3) from air. Capillary modules formed into bore-side feed modules are used almost
exclusively in this application [10, 11]. The feed air is compressed to 6-10 bar and
pumped through the membrane capillaries. Oxygen (O,) permeates the membrane
preferentially, leaving an oxygen-depleted, nitrogen-rich residue stream. The first
membranes used for this application were based on poly(4-methyl-1-pentene) and
ethyl cellulose, and had O,/N, selectivities of about 4. Because of the modest
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Figure 8.3 Oxygen/nitrogen selectivity as a function of oxygen
permeability. The upper-bound line represents the point above
which no better membranes are known [12]. This line shows the
trade-off relationship between membrane permeability and
selectivity.

selectivity, a significant fraction of the nitrogen in the feed air was lost with the oxygen
permeate. Within a few years, improved materials with O,/N, selectivities of 6 to 8
were introduced. Units incorporating these membranes recovered a much higher
fraction of the feed-air nitrogen. Very little change in membrane materials has taken
place in the last 15 years, despite ongoing research manifested by the flood of
publications describing materials with improved properties. The problem is the
flux/selectivity trade-off relationship, illustrated by the Robeson plot.

The Robeson plot shown in Figure 8.3 was created in 1991 [12]. The plot shows the
0,/N, selectivity and oxygen permeability of every membrane material reported at
that time. Since 1991, other materials have been reported, but the position of the
upper bound line has not moved significantly. Many high-selectivity materials are
known, but higher selectivity is always obtained at the expense of an exponential
reduction in membrane permeability. Using a high-selectivity membrane means that
a better separation is obtained, and so the size of the compressor required to produce
a unit of product nitrogen decreases. However, this decrease in the cost of the
compressor is offset by an increase in the cost of the extra membrane area needed
because of the lower membrane permeability. Figure 8.4 illustrates the trade-off
between compressor horsepower and membrane area for various membrane units
producing the same 100 standard cubic feet per minute (scfm) (1 scf = 0.0286 N m?)
0f'99% nitrogen. The base case is taken to be a membrane with an O,/N; selectivity of
6 and an oxygen permeance of 8 gpu (a permeability of 0.8 Barrer and a membrane
thickness of 0.1 micrometer). There is a significant decrease in compressor horse-
power as the membrane selectivity changes from 4 to 6, but thereafter, the improve-
mentis small. However, the membrane area required to produce the same amount of
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Figure 8.4 The compression power used and membrane area
required for nitrogen membrane production as a function of
membrane selectivity. The membrane permeability used for each
selectivity is taken from the Robeson upper-bound trade-off line
shown in Figure 8.3. All numbers are shown relative to a
membrane with a selectivity of 6 and an oxygen permeability of 0.8
Barrer.

product nitrogen increases sharply from a selectivity of 4 to 6 and even more sharply
at selectivities above 6. Barring an unexpected breakthrough, today’s membranes
with a selectivity of 6 to 8 are likely to continue as the industry standard.

8.3.2
Air Drying

Capillary membrane modules very similar to those used for nitrogen production are
also used to produce dry air. The water molecule is smaller and more condensable
than oxygen and nitrogen, so many membrane materials are available with water /air
selectivities of several hundred.

In air-drying applications, it is important to operate the modules in a counterflow
mode, usually with a small sweep flow from the residue gas. Some calculations
illustrating the importance of counterflow and counterflow/sweep operation are
shown in Figure 8.5.
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(a)

Crossflow module

100 m3/h Dry air
10 bar 75 m3/h
5000 ppm H,0 500 ppm H,0
Permeate gas
1 bar
18800 ppm H5,0
(b)
Counterflow module 100 m3/h Dry air
10 bar 87 m3/h
5000 ppm H20 AN AN SN 500 ppm H20
Permeate gas
1 bar
34900 ppm H,0
(c)
&‘;‘é’l‘ﬁ‘:’"°w’sweep 100 m3/h Dry air
10 bar 85 m3/h
5000 ppm H,0 500 ppm H,0
! Liomam

Permeate gas
1 bar
30500 ppm H,0

Figure 8.5 Comparison of (a) crossflow, (b) counterflow and (c)
counterflow sweep module performance for the separation of
water vapor from air. Membrane water/air selectivity = 100, water
permeance = 1000 gpu.

In the crossflow module illustrated in Figure 8.5(a), the pooled permeate
stream has a water concentration of 1.88%. The counterflow module illustrated in
Figure 8.5(b) performs substantially better, providing a pooled permeate stream with
a concentration of 3.49%. Not only does the counterflow module perform the
separation twice as well, it also requires only about half the membrane area. This
improvement is achieved because the gas permeating the membrane at the residue
end of the module contains much less water than the gas permeating the membrane
at the feed end of the module. Permeate counterflow dilutes the permeate gas at the
feed end of the module with low-concentration permeate gas from the residue end of
the module. This increases the water concentration driving force across the mem-
brane and so increases the water flux.

In the case of the counterflow/sweep membrane module illustrated in Figure 8.5(c),
a portion of the dried residue gas stream is expanded across a valve and used as the
permeate-side sweep gas. The separation obtained depends on how much gas is used
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as a sweep. In the calculation illustrated, 10% of the residue gas is used as a sweep, and
the result is dramatic. The concentration of water vapor in the permeate gas is 3.05%,
almost the same as for the counterflow module shown in Figure 8.5(b), but the
membrane area required to perform the separation is one-third of the counterflow
case. Mixing residue gas with the permeate gas improves the separation! The cause of this
paradoxical result is discussed in a number of papers by Cussler et al. [13], and is
illustrated graphically in Figure 8.6.

Figure 8.6(a) shows the concentration of water vapor on the feed and permeate
sides of the membrane module in the case of a simple counterflow module. On the
high-pressure side of the module, the water-vapor concentration in the feed gas drops
from 5000 ppm to about 1500 ppm halfway through the module and to 500 ppm at the
residue end. The graph directly below the module drawing shows the theoretical
maximum concentration of water vapor on the permeate side of the membrane. The
actual calculated permeate-side concentration is also shown. The difference between
these two lines is a measure of the driving force for water-vapor transport across the
membrane. At the feed end of the module, this difference is about 15 000 ppm, but at
the permeate end the difference is only about 500 ppm.

Figure 8.6(b) shows an equivalent figure for a counterflow module in which 10% of
the residue gas containing 500 ppm water vapor at 10 bar is expanded to 1bar and
introduced as a sweep gas. The water-vapor concentration in the permeate gas attheend
of the membrane then falls from 4500 to 500 ppm, producing a dramatic increase in
water-vapor permeation through the membrane at the residue end of the module. The
result is a two-thirds reduction in the size of the module required for the separation.

Counterflow modules are always more efficient than crossflow modules, but
the advantage is most noticeable when the membrane selectivity is much higher
than the pressure ratio across the membrane and a significant fraction of the most
permeable component is being removed from the feed gas. This is the case for air-
dehydration membrane modules, so counterflow capillary modules are almost
always used. With most other gas-separation applications, the advantage offered by
counterflow designs does not offset the extra cost of making the counterflow type of
module, so they are not widely used.

833
Hydrogen Separation

Hydrogen (H,) is a highly permeable gas; several glassy polymeric materials are
known with good hydrogen permeabilities and H,/CH,4 and H,/N, selectivities of
more than 50. In early applications, membranes made from these materials were
used to recover hydrogen from various reactor purge streams [14]. Two typical
processes are shown in Figure 8.7. The first involves the separation of hydrogen from
nitrogen, methane, and argon. In ammonia reactors, nitrogen from air and hydrogen
from a methane reformer are reacted at high pressure to produce ammonia.
The ammonia product is removed by cooling and condensation, leaving unreacted
gas that is recycled to the reactor. Methane and argon that enter the reactor with
the feed streams build up in this reactor loop, gradually degrading the performance of

175



176

8 Membrane Gas-Separation: Applications

(a) Simple counterflow — no sweep

55 m2

Feed
100 m3/h ——
10 bar

1500 500 Resi

ppm  ppm

5000
ppm

5000 ppm H20

-« <

-

Permeate
13 mé/h

1 bar
34 900 ppm H»0

50 000

5000
Permeate
water vapor
concentration
(ppm)

500

water vapor
concentration

Theoretical maximum
water vapor
concentration
(10x feed
concentration)

Actual

Water vapor
driving force

Feed

Distance through module
Residue

(b) Counterflow with sweep

Feed

100 m3/h —>

=

Permeate
15m3/h

10 bar
5000 ppm H20

20 m2

5000 1500 500
ppm ppm  ppm

- o« <

Sweep flow
10 m3/h

1 bar
30 500 ppm H20

50 000

5000

Permeate
water vapor
concentration
(ppm)

500

Theoretical maximum
water vapor
concentration

Actual
water vapor
concentration

Water vapor
driving
force

t

t

Feed

4

Distance through module

due

-~ 87 m3/h
10 bar
500 ppm H20

Residue
85 m3/h
10 bar

500 ppm H20

Residue

Figure 8.6 The effect of a small permeate-side, counterflow sweep
on the water-vapor concentration on the permeate side of a

membrane. In this example calculation, use of a sweep reduces
the membrane area by two-thirds [6].
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Figure 8.7 Membrane systems to recover and recycle hydrogen
lost with the reactor inert-gas purge stream [6].

the reactor. To control the concentration of these inerts, a portion of the recycle loop is
purged. About 4 moles of hydrogen are lost with every mole of inert gas purged.
Recovery of this hydrogen is well worthwhile and easily accomplished by installing a
membrane unit on the purge gas. Ninety per cent hydrogen recovery is usually
obtained.

Recovery of hydrogen from the recycle streams of refinery hydrocrackers is a
similar application [15, 16]. In these units, heavy oil is treated with hydrogen to crack
Cg—C1, hydrocarbons into C,—Cg molecules, and an inert-gas purge is used to remove
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Figure 8.8 Photograph of a Permea hydrogen recovery unit

installed at an ammonia plant. The hollow fine fiber modules are
mounted vertically [6].

methane, ethane, and propane produced as by-products. A hydrogen-permeable
membrane is used to recover the hydrogen content of this purge gas. Again, 90%
hydrogen recovery is obtained.

The competitive technologies for these separations are cryogenic condensation
and fractionation, or pressure-swing adsorption. The gas flows are usually too small
to make cryogenic technology applicable and the pressures involved are above the
normal operating range of pressure-swing adsorption. These reasons, together with
the simple flow scheme, easy operation, and relatively small footprint of membrane
units have made them the standard technology in these processes. Most plants use
hollow fine fiber membrane modules from Permea, Ube or Medal. A photograph of a
Permea unit installed at an ammonia plant is shown in Figure 8.8. Because the gas
being treated is hydrogen at high pressure, thick-walled vessels and special metal-
lurgy are required, together with expensive controls and valves. The cost of these
components far exceeds the cost of the membrane modules.

8.3.4
Natural-Gas Treatment

Removal of impurities from natural gas is, by volume of gas to be treated, the largest
gas-separation application [1, 17]. About 150 trillion scf of natural gas are produced
each year worldwide. All of this gas requires some treatment before it can be used.
So far, membranes have captured only 5% of this market, but the membrane share
is growing; currently, this is the fastest growing segment of the membrane
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Table 8.2 Composition specifications for natural gas delivery to the US national pipeline grid [17].

Range in US well compositions

% of total Component
Component Specification US gas content
CO, <2% 72% <1%
18% 1-3%
7% 3-10%
3% >10%
100%
Water <120 ppm — 800-1200 ppm
H,S <4 ppm 76% <4 ppm
11% 4-1000 ppm
4% 100010000 ppm
8% >10000 ppm
100%
C;+ Content 950-1050 Btu/scf; — —
dew point: <—20°C
Total Inert Gases (N, He) <4% 14% >4%
86% <4%

gas-separation industry. Raw natural gas varies substantially in composition from
source to source [18]. Methane is always the major component, typically 75-90% of
the total, but natural gas also contains significant amounts of ethane, some propane
and butane, and 1-3% of other higher hydrocarbons. In addition, the gas contains
undesirable impurities: water, carbon dioxide, nitrogen, and hydrogen sulfide.
Although the composition of raw gas varies widely, the composition of gas delivered
to commercial pipeline grids is tightly controlled. Typical US natural-gas pipeline
specifications are shown in Table 8.2.

8.3.4.1 Carbon-Dioxide Separation

At present, the largest membrane application in natural-gas processing is carbon
dioxide (CO,) removal. The traditional carbon-dioxide removal technology is amine
absorption. Amine plants are able to reduce the carbon-dioxide concentration to less
than 1%. Generally, 2-4% of the gas processed is used as fuel for the amine plant or is
lost with the removed carbon dioxide. Amine plants are relatively large, complex
operations with an absorber and stripping tower and the need to heat and cool large
volumes of recirculating fluid. Corrosion caused by amine-degradation products is a
critical maintenance issue, and careful, well-monitored operating procedures are
required to control the amine chemistry. Membrane plants require significantly less
operator attention and smaller units often operate unattended. For these reasons,
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Figure 8.9 Block diagram of a two-stage membrane system to
process 100 million scfd of natural gas. Reproduced with
permission from Ind. Eng. Chem. Res. 2008, 47(7), 2109-2121.
Copyright 2008 American Chemical Society [17].

they are favored for use in remote locations, especially on offshore platforms where
their lower weight and smaller footprint are additional attractive features. Both
hollow fine fiber membrane modules (cellulose triacetate from Cynara) and spiral-
wound membrane modules (cellulose acetate from Grace and Separex, perfluoro
membranes from MTR) are used.

A block diagram of a typical 100 million scfd gas processing plant is shown in
Figure 8.9. A plant of this size costs about US$20 million, depending on location
and overall complexity. More than 30 plants of this size or larger have been
installed. A photograph of the Kandanwari, Pakistan, plant installed by UOP is
shown in Figure 8.10. This plant treats 500 million scfd of gas and is currently

Figure 8.10 Photograph of the 500-million scfd CO, removal
plantinstalled by UOP at Kandanwari, Pakistan. The UOP Separex
system reduces CO, content of a natural-gas stream from 6.5 to
2% CO,. Photo used courtesy of UOP, LLC.
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Figure 8.11 Robeson plot of CO,/CH, selectivity versus
membrane permeability and permeance [12]. The points shown
are based on low-pressure, pure-gas measurements. The
performance of commercial membranes when used to separate
carbon dioxide from high-pressure natural gas is shown on the
same figure for comparison.

the world’s largest membrane gas-separation unit. Even larger plants are on the
drawing board.

The Kandanwari plant and almost all of the large carbon-dioxide separation
plants installed to date have used cellulose acetate or triacetate membranes with a
CO,/CHy, selectivity in operation of 10 to 20. This fact may seem strange, since
membrane materials with selectivities of 50 or more and higher permeabilities
than cellulose acetate are routinely reported. Figure 8.11 shows a Robeson
plot for carbon-dioxide/methane separations. The position of today’s cellulose-
acetate membranes is shown on the plot. The commercial membranes in use
have half the reported selectivity of the best upper-bound materials. This
difference reflects the difference between selectivity estimated from the ratio of
pure methane and carbon-dioxide permeability measurements and the ‘real world’
selectivity measured with high-pressure gas mixtures containing plasticizing
components, including not only carbon dioxide, but also water, heavy hydrocarbons,
and aromatics [19, 20]. Developing membranes and processes that are able to
operate under real-world conditions is where the bulk of industry research is
focused.
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8.3.4.2 Separation of Heavy Hydrocarbons

Rubbery polymers, most commonly silicone rubber, are used to separate heavy
hydrocarbons from natural gas. The traditional technology for this separation is
cooling and condensation, but membrane units have found a use in small applica-
tions where simplicity and ease of operation are needed. For example, at remote
locations, raw untreated natural gas is used as fuel for field compressor engines or
power-generating turbines. This gas is often produced in association with oil, so it can
contain high levels of heavy hydrocarbons and aromatics that cause coking and
preignition when the gas is used as engine fuel. The design of a simple membrane
unit to treat such a gas by preferentially permeating the heavy components is shown
in Figure 8.12. The feed to the unit is a slip stream from the compressed pipeline gas.
The clean residue, stripped of the heavy hydrocarbons, is used as compressor engine
fuel, and the heavy hydrocarbons are recycled to the suction side of the field
compressor [21].

8.3.4.3 Nitrogen Separation from High-Nitrogen Gas

A second application of rubbery membranes in natural-gas processing is
separation of nitrogen from high-nitrogen gas. Pipeline gas must normally contain
less than 4% nitrogen, but the pipeline operator will often accept high-nitrogen gas if
sufficient low-nitrogen gas is available to dilute the off-spec gas. When dilution is
not possible, cryogenic, adsorption, or membrane treatment of the gas is required
[22-24].

Methane is about three times more permeable than nitrogen through silicone
rubber membranes, so these membranes can be used to perform a separation.
Because the membrane selectivity is low, multistep or multistage systems must
be used. The design of a two-step nitrogen separation plant installed in a
Sacramento River Delta gas field in California is shown in Figure 8.13 [17]. The
feed gas contains 16% nitrogen. The heating value of the gas is 900 Btu/scf
(1Btu=1.0550 x 10* joules). The pipeline accepts gas for dilution with low-
nitrogen gas if the heating value is raised to 990 Btu and the nitrogen content
reduced to about 9%. To reach this target, the feed gas, at a pressure of 980 psia, is
passed through three sets of modules in series. The permeate from the front set
of modules is preferentially enriched in methane, ethane, and the C;, hydro-
carbons, and the nitrogen content is reduced to 9% nitrogen. These changes raise
the heating value of the gas to 990 Btu/scf. This gas is compressed and sent to the
pipeline. The residue gas (containing 22% nitrogen) is sent to a second mem-
brane step where it is concentrated to 60% nitrogen. The permeate from the
second step contains 18% nitrogen and is recycled to mix with the feed gas.
The residue gas from the second unit is then sent to a final small module unit to
be fractionated. The permeate gas from the final unit contains 40% nitrogen and
is used as fuel for the compressor engines. The final residue contains 65-70%
nitrogen, and is essentially stripped of all C3, hydrocarbons. This gas is vented.
The unit recovers about 96% of the heating value of the feed gas in the product
stream, about 2% of the gas is used as compressor fuel and another 2% is lost
with the nitrogen vent.
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Figure 8.12 Block diagram and photograph of a contained in the horizontal pressure vessels.
membrane fuel-gas conditioning unit (FGCU)  The unit produces 0.5-1.0 MMscfd of clean gas.
used for a field gas compressor engine (the unit Reproduced with permission from Ind. Eng.
uses silicone rubber membranes in spiral-wound Chem. Res. 2008, 47(7), 2109-2121. Copyright
modules). The membrane modules are 2008 American Chemical Society [17].

835
Vapor/Gas Separations in Petrochemical Operations

In the separation of vapor/gas mixtures, rubbery polymers, such as silicone rubber,
can be used to permeate the more condensable vapor components, or glassy
polymers can be used to permeate the smaller gases. Although glassy, gas-permeable
membranes have been proposed for a few applications, most installed plants use
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Figure 8.13 Flow diagram and photograph of a 12 MMscfd
membrane nitrogen removal plant installed on a high-nitrogen
gas well in the Sacramento River Delta region of California.
Reproduced with permission from Ind. Eng. Chem. Res. 2008, 47
(7), 2109-2121. Copyright 2008 American Chemical Society [17].

rubbery vapor-permeable membranes, often in conjunction with a second process
such as condensation [25-27]. The first plants were used in the early 1990s to treat
gasoline terminal vent gases or chlorofluorocarbon (CFC) vapor vents from industrial
refrigeration plants. Membranes are now used to recover hydrocarbons and proces-
sing solvents from petrochemical plant purge streams. Some of these streams are
large, and discharge vapors with a recovery value of US$2-5 million/y.

One of the most successful petrochemical applications is illustrated in Figure 8.14:
treatment of resin-degassing vent gas in a polyolefin plant [28]. In these plants, olefin
monomer, catalyst, solvents, and other coreactants are fed at high pressure into a
polymerization reactor. The polymer product (resin) is removed from the reactor and
separated from excess monomer in a flash-separation step. The recovered monomer
is recycled to the reactor. Residual monomer is removed from the resin powder by
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The Membrane Nitrogen/Propylene Recovery Process
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Figure 8.14 Flow diagram showing the use of hydrocarbon-
permeable membranes to recover unreacted monomers from a
polyolefin plant resin degassing unit. The photograph is of a
system installed by MTR in Qatar in 2007.

stripping with nitrogen in a fluidized bed. The composition of the resulting
degassing vent stream varies greatly, but it usually contains 20-30% mixed hydro-
carbon monomers in nitrogen. The monomer content of the gas represents about 1%
of the hydrocarbon feedstock entering the plant. This amount might seem small, but
because polyolefin plants are so large, the recovery value of the stream can be
significant. About 40 such plants are in use worldwide.

Degassing a vent stream with a membrane system is shown in Figure 8.14. The
compressed vent gas is sent to a condenser, where a portion of the hydrocarbon
vapors is removed as a liquid. The uncondensed hydrocarbons and nitrogen are
separated in the membrane unit, which produces a hydrocarbon-enriched permeate
and a purified nitrogen stream (>98% nitrogen). The nitrogen stream is recycled to
the resin degasser. The hydrocarbon-enriched permeate is returned to the front of the
compressor for hydrocarbon recovery; the hydrocarbon liquid stream from the
condenser is upgraded in the monomer purification section of the plant and then
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Figure 8.15 Flow schematic of the OPW Vaporsaver unit to
minimize gasoline vapor emissions. More than 1000 of these
systems have been installed at United States retail gasoline
stations.

recycled to the reactor. Similar compression—condensation-membrane separation
systems have been installed to separate hydrocarbon/nitrogen mixtures produced by
awide variety of petrochemical processes. More than 20 large systems have also been
installed at gasoline terminals to separate gasoline vapors from vent streams
produced during gasoline loading operations [29].

At the other end of the scale, more than 1000 small systems have been installed at
gasoline stations to minimize the release of hydrocarbon vapors to the atmosphere.
These systems use a small pump to draw air and vapors from the gasoline dispensing
nozzle (see Figure 8.15). For every liter of gasoline dispensed from the pump, as
much as two liters of air and gasoline vapor are returned to the storage tank. Build-up
of air in the tank leads to atmospheric releases of gasoline vapor-laden air from the
tank head space. Systems fitted with membranes to recover gasoline vapors and
return them to the storage tank reduce hydrocarbon emission by 95-99%.

8.4
Future Applications

The applications described above cover the bulk of the current industrial membrane
gas-separation business. A number of applications in various stages of development
that could become commercial in the next few years are described briefly below.

8.4.1
CO,/N, Separations

Worldwide, approximately 5000 coal-based electric power plants release a total of 10
billion metric tons of carbon dioxide into the atmosphere each year. Separation of this
carbon dioxide from power-plant flue gas and sequestration as liquid carbon dioxide
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Figure 8.16 Block diagrams illustrating the use of CO,-selective
membranes to separate CO, from power-plant flue gas. These
calculations are based on a power plant producing 600 MW, of
power. The membrane permeances and size of the membrane
units are based on membranes with a CO, permeance of 1000 gpu
and a CO,/Nj, selectivity of 40.

into deep aquifers/salt domes is a target of research programs around the world [30].
The cost of carbon-dioxide capture from flue gas depends on the type of power plant
producing the gas, the fuel input source (coal, oil, or natural gas), and the capture
technology (absorption, adsorption, chemical scrubbing, or membranes) [30, 31].
Currently, carbon-dioxide capture with amine absorption seems to be the leading
candidate technology — although membrane processes have been suggested [32].

The use of selective membranes to separate carbon dioxide from flue gas is
illustrated in Figure 8.16. Figure 8.16(a) shows a simplified flow diagram of a
conventional power plant. For ease of calculation, the fuel input is assumed to be
150 tons/h of carbon as medium-volatility coal. Combustion of this amount of fuel
with an excess of air would generate 2.26 x 10°m*/h of flue gas containing 13%
carbon dioxide. This hypothetical plant would produce approximately 600 MW, of
electric power (at 10000 Btu heat/kW power).

Figure 8.16(b) shows a single-stage membrane process for treating the flue gas.
The process cuts carbon dioxide emissions by 90%. In this process, the flue gas is
compressed and cooled, which removes most of the water vapor. The gas, which
contains about 13% carbon dioxide, then passes across the surface of a CO,-
permeable membrane, producing a permeate containing 38% carbon dioxide and
a pressurized residue stream containing 2.1% carbon dioxide. The residue stream is
expanded through the turbine compressor, which reduces the power consumption of
this unit by more than 50%. The net energy consumption of the turbine compressor
isabout 110 MW,, or 19% of the electric power produced. A further 15% is required to
concentrate, compress, and condense the carbon dioxide in the low-pressure
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permeate stream, to produce pure, high-pressure, supercritical carbon dioxide for
pipeline sequestration. So approximately 35% of the power plant’s electricity is used
to separate and sequester the carbon dioxide produced. The membrane plant is also
very large. The design shown in Figure 8.16 uses membranes with very high
permeance and selectivity, but still requires 600 000 m? of membrane. Very low cost
membranes and membrane modules are needed to make this process viable.

Innovative process designs are being developed to reduce the size of the mem-
brane unit and the energy needed to separate, condense and inject the carbon dioxide.
It seems possible to reduce the energy consumption of the membrane process to
about 20-25% of the power plant output. If this work is successful and these
membrane plants are built, this application will dwarf all other gas-separation
membrane processes.

8.4.2
CO,/H, Separations

The production of hydrogen from coal is expected to become an important aspect of
future energy supply [33]. A block flow diagram of one of the proposed coal-to-
hydrogen production processes is shown in Figure 8.17. The process starts with a
gasification step, in which coal is reacted with oxygen and steam at high temperature
and pressure to produce hot syngas, containing mainly hydrogen and carbon
monoxide. This gas is scrubbed of tars, particulates and sulfur compounds and
cooled to 400-450 °C. The gas then passes through two catalytic shift reactors, at 400
and 250 °C, respectively, to convert carbon monoxide to carbon dioxide and hydrogen
via the reaction (8.1)

CO+H,0 £2C0; +H, (81)

High-temperature

shift Low-temperature

shift

Hydrogen

Coal — Sulfur
removal

Carbon dioxide
removal

Carbon —»]

dioxide PSA

Water —»]

PSA tail gas
to fuel

Liquid carbon dioxide -«—
to sequestration

Carbon dioxide
clean-up and
compression

Figure 8.17 Block diagram of a coal-to-hydrogen production
plant. Many variants of the process have been proposed.



8.4 Future Applications

The gas is then cooled to 30-50 °C and the carbon dioxide is removed by amine
absorption or other processes. The remaining impurities — carbon monoxide,
methane, nitrogen, argon — are removed in a final pressure-swing adsorption (PSA)
step to yield >99.5% pure hydrogen. One of the main problems with this process is
that the carbon dioxide is removed by the amine unit as a low-pressure gas. This gas
must be compressed to 80 bar to be pipelined for sequestration. This compression
step alone requires massive compressors and uses 4-5% of the total power output of
the plant. The amine treatment step itself uses even more energy, so the total energy
consumption is 15% of the power produced by the plant.

One possible improvement suggested by many authors is the use of hydrogen-
permeable membranes instead of an amine unit to remove carbon dioxide [30]. These
membranes separate the hydrogen as a low-pressure permeate gas, and the carbon
dioxide is left as a high-pressure residue gas. Condensation of the carbon dioxide to
liquid carbon dioxide is then much less costly. A number of zeolite [34], ceramic and
metal membranes [35, 36] have the required selectivity, but are expensive to produce,
so the plant’s capital cost may be high. Some polymerics have selectivities in the range
of 5-15 and could also be used. Unfortunately, permeabilities are relatively low [37,
38]. An alternative approach is to use membranes that preferentially permeate the
carbon dioxide and retain the hydrogen. A number of polar polyethylene oxide-
related polymers [39, 40] have been found with CO,/H, selectivities of up to 10 and
good permeabilities. Development of this type of membrane has promise.

843
Water/Ethanol Separations

A pervaporation plant for the dehydration of bioethanol was in operation in 1982. In
the succeeding two decades, many small systems were installed, but the technology
never really got off the ground [41]. A number of developments are about to change
this. First, since about 2003, a very large bioethanol industry has grown up in the
United States and Brazil. About 7 billion gallons (1 fluid gal = 3.785 liters) of ethanol
were produced from corn in the USA in 2007, and a further 6 billion gallons were
produced from sugar in Brazil. Worldwide production in 2007 was about 14 billion
gallons. Production may reach 30 billion gallons by 2012, especially if cellulose-to-
ethanol technology (now at the demonstration stage) becomes commercial.

The current ethanol dehydration technology — two-stage distillation followed
by a molecular-sieve dryer, as shown in Figure 8.18(a) — uses approximately
16 000-20 000 Btu of energy/gal of ethanol produced. This is about 20% of the
energy value of the ethanol produced. There is a considerable interest in membrane
technology that would be lower in cost and less energy intensive.

Most of the current industrial development efforts are focused on processes that
separate water from the overhead ethanol/water vapor of the distillation column,
replacing the molecular sieve drier as shown in Figure 8.18(b). The overhead vapor
mixture is sent to a water-permeable membrane, producing a dry ethanol residue and
alow-pressure permeate enriched in water, which is recycled to the column. Another
option, shown in Figure 8.18(c), is to use the membrane-separation step to replace
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Figure 8.18 Flow schemes of the separation train of a 50-million
gallon/y bioethanol plant. Current technology is illustrated in
(a). Pervaporation membranes can be used to replace the
molecular-sieve drier of the plant (b) or vapor-permeation
membranes can be used to replace the rectifier column and
molecular-sieve units (c).



8.5 Summary/Conclusion

both the second distillation column and the molecular-sieve drier. Depending on the
operating conditions of the distillation column, the membranes for these options
must separate ethanol/water liquid or vapor mixtures at temperatures of 100-120°C.
Ceramic membranes can perform this separation, but are likely to be expensive;
polymeric membranes cost much less, but are often unstable in the presence of hot
ethanol/water mixtures [42]. The academic literature is flooded with papers describ-
ing the separation of ethanol-water mixtures at 50—60 °C. Research of this type has no
industrial relevance for this application.

8.4.4
Separation of Organic Vapor Mixtures

The only vapor/vapor mixture currently separated on an industrial scale is ethanol/
water. These components have sufficiently different properties that membranes can
be found that retain good selectivities, even at high temperatures. Finding mem-
branes that can separate hydrocarbon mixtures has proven much more difficult. The
most widely studied vapor mixture is propylene/propane. In the United States, over
34 billion pounds (1 billion pounds = 0.446 million metric tons) of propylene were
produced in 2004. All of this propylene had to be separated from propane by
distillation. These compounds have very similar boiling points, and the separation
requires a very pure propylene overhead (99.5 wt%) and a relatively pure (95 wt%)
propane bottoms stream. This means very large columns with 180-240 trays are
needed. The distillation column reflux ratios are also as high as 15 to 35, which leads
to very high energy costs.

The problem with use of polymeric membranes in this application is plasticization,
leading to much lower selectivities with gas mixtures than the simple ratio of pure-gas
permeabilities would suggest. For this type of separation, a Robeson plot based on the
ratio of pure-gas permeabilities has no predictive value. Although membranes with
pure-gas propylene/propane selectivities of 20 or more have been reported [43, 44],
only a handful of membranes have been able to achieve selectivities of 5 to 10 under
realistic operating conditions, and these membranes have low permeances of 10 gpu
or less for the fast component (propylene). This may be one of the few gas-separation
applications where ceramic or carbon membranes have an industrial future.

8.5
Summary/Conclusion

The membrane gas-separation industry has come along way from its starting pointin
1980. Plant operators at that time were only ready to consider a membrane solution to
their problems if the economics were too good to ignore and if conventional
technology could not do the job. Today, membrane gas-separation plants are
commonplace and are recognized as being reliable, efficient, and cost effective. As
a consequence, the industry is growing quickly and prospects for future growth look
good as membranes compete successfully against absorption, adsorption, and
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cryogenic technology. However, the real future for membranes will be in new
applications. If CO, sequestration is ever used, it will require many very large plants
separating CO,/H; and CO,/N, mixtures; these are great applications for membrane
separations. Separation of water from ethanol is also likely to be adopted by industry
in the next few years. And finally, there is the separation of propylene/propane
mixtures. Ten years ago, I thought development of membranes to separate these
mixtures was just around the corner. I was wrong. Useful membranes for this
separation remain an unsolved problem, but hope springs eternal, and several
laboratories are still pursuing projects to make these membranes. The first thirty
years have set the stage and have overcome resistance to the use of membranes in gas
separation; the next thirty years will certainly extend their use to larger and more
varied applications.

References

1 Spillman, R.W. (1989) Economics of gas 9 Blizzard, G., Parro, D. and Hornback, K.
separation by membranes. Chemical (2005) CO, separation membranes a
Engineering Progress, 85, 41. critical part of the mallat CO, removal

2 Koros, W.J. and Fleming, G.K. (1993) facility. Proceedings of the Laurance Reid
Membrane-based gas separation. Journal Gas Conditioning Conference, University
of Membrane Science, 83, 1. of Oklahoma.

3 Baker, R.W. (2002) Future directions of 10 Prasad, R., Shaner, R.L. and Doshi, K.J.
membrane gas-separation technology. (1994) Comparison of Membranes with
Industrial & Engineering Chemistry Other Gas-separation technologies, in
Research, 41, 1393. Polymeric Gas-separation membranes (eds

4 Lidtke, O., Behling, R.-D. and Ohlrogge, D.R. Paul and Y.P. Yampol'skii), CRC
K. (1998) Concentration polarization in gas Press, Boca Raton, FL, pp. 531-614.
permeation. Journal of Membrane Science, 11 Prasad, R., Notaro, F. and Thompson, D.R.
146, 145-157. (1994) Evolution of membranes in

5 He, G., Mi, Y., Yue, P.L. and Chen, G. commercial air separation. Journal of
(1999) Theoretical study on Membrane Science, 94, 225.
concentration polarization in gas- 12 Robeson, L.M. (1991) Correlation of
separation membrane processes. separation factor versus permeability for
Journal of Membrane Science, 153, polymeric membranes. Journal of
243-258. Membrane Science, 62, 165.

6 Baker, R.W. (2004) Membrane Technology 13 Wang, K.L., McCray, S.H., Newbold, D.N.
and Applications, John Wiley & Sons Ltd, and Cussler, E.L. (1992) Hollow fiber air
Chichester, UK. drying. Journal of Membrane Science, 72,

7 Zolandz, R.R. and Fleming, G.K. (1992) 231.

Design of Gas Permeation Systems, in 14 Henis, J.M.S. (1994) Commercial and
Membrane Handbook (eds W.S. Ho and Practical Aspects of Gas-separation
K.K. Sirkar), Van Nostrand Reinhold, membranes, in Polymeric Gas-separation
New York. membranes (eds D.R. Paul and Y.P.

8 Kaschemekat, J., Fulton, D. and Wynn, Yampol’skii), CRC Press, Boca Raton, FL,
N. (2008) Gas-separation Membrane pp. 441-512.

Module Assembly, U.S. Patent 15 Bollinger, W.A., MacLean, D.L. and

7,404,843, Narayan, R.S. (1982) Separation systems



16

17

18

19

20

21

22

23

24

25

for oil refining and production. Chemical
Engineering Progress, 78, 27.

MacLean, D.L., Bollinger, W.A., King, D.E.
and Narayan, R.S. (1986) Gas Separation
Design with Membranes, in Recent
Developments in Separation Science (eds
N.N. Li and J.M. Calo), CRC Press, Boca
Raton, FL, p. 9.

Baker, R.W. and Lokhandwala, K. (2008)
Natural-gas processing with membranes:
an overview. Industrial & Engineering
Chemistry Research, 47 (7), 2109-2121.
Hugman, R.H., Springer, P.S. and Vidas,
E.H. (1990) Chemical Composition in
Discovered and Undiscovered Natural Gas
in the Lower-48 United States, Report No.
GRI-90/0248, Energy and Environmental
Analysis, Inc., Arlington, VA.

Sanders, E.S. (1988) Penetrant-induced
plasticization and gas permeation in glassy
polymers. Journal of Membrane Science,
37 (1), 63-80.

Visser, T., Koops, G.H. and Wessling, M.
(2005) On the subtle balance between
competitive sorption and plasticization
effects in asymmetric hollow fiber gas-
separation membranes. Journal of
Membrane Science, 252, 265-277.
Jariwala, A., Lokhandwala, K. and Baker,
R.W. (2006) Only raw sour gas for engine
fuel? Proven membrane process cleans gas
for engines. Proceedings of the Laurance
Reid Gas Conditioning Conference,
University of Oklahoma.

Tannehill, C.C. (1999) Nitrogen Removal
Requirement from Natural Gas, Topical
Report, Report No. GRI-99/0080, Gas
Research Institute, Chicago, IL.
Mitariten, M. (2004) Economic nitrogen
removal. Hydrocarbon Engineering, 9 (7),
53-57.

Baker, R.W., Lokhandwala, K.A., Pinnau, I.
and Segelke, S. (1997) Methane/Nitrogen
Separation Process, U.S. Patent
5,669,958.

Wijmans, J.G.Process for Removing
Condensable Components from Gas
Streams, U.S. Patents 5,199,962, 1993, and
5,089,033, 1992.

References

26 Baker, R.W. and Wijmans, J.G. (1994)
Membrane Separation of Organic Vapors
from Gas Streams, in Polymeric Gas
Separation Membranes (eds D.R. Paul and
Y.P. Yampol’skii), CRC Press, Boca Raton,
FL, pp. 353-397.

27 Ohlrogge, K., Wind, J. and Belling, R.D.
(1995) Off gas purification by means of
membrane vapor separation systems.
Separation Science and Technology, 30, 1625.

28 Baker, R.W. and Jacobs, M. (1996)
Improved monomer recovery from
polyolefin resin degassing. Hydrocarbon
Processing, 75(3), 49.

29 Ohlrogge, K. and Stiirken, K.S. (2001) The
Separation of Organic Vapors from Gas
Streams by Membranes, in Membrane
Technology in the Chemical Industry (eds
S.P. Nunes and K.-V. Peinemann),
Wiley-VCH, Weinheim, Germany.

30 Hendriks, C. (1994) Carbon-dioxide
removal from Coal-Fired Power Plants, 1st
edn, Kluwer Academic Publishers, Boston,
MA.

31 (2005) Carbon Capture and Sequestration
Systems Analysis Guidelines, U.S.
Department of Energy, National Energy
Technology Laboratory.

32 Favre, E. (2007) Carbon dioxide recovery
from post-combustion processes: can gas
permeation membranes compete with
absorption? Journal of Membrane Science,
294, 50.

33 U.S. DOE Office of Fossil Energy (2006)
Hydrogen from Coal RD&D Plan, http://
www.fossil.energy.gov/programs/fuels/
publications/programplans/2005/
Hydrogen_From_Coal_RDD_Program_
Plan_Sept.pdf.

34 Bredesen, R., Jordal, K. and Bolland, O.
(2004) High-temperature membranes in
power generation with CO, capture.
Journal of Membrane Science, 43,
1129-1158.

35 Ma, Y., Mardilovich, I.P. and Engwall, E.E.
(2003) Thin composite palladium and
palladium/alloy membranes for hydrogen
separation. Annals of the New York Academy
of Sciences, 984, 346-360.

193



194

8 Membrane Gas-Separation: Applications

36

37

38

39

40

Dolan, M.D., Dave, N.C,, Ilyushechkin,
A.Y., Morpeth, L.D. and McLennan, K.G.
(2006) Composition and operation of
hydrogen-selective amorphous alloy
membranes. Journal of Membrane Science,
285, 30-55.

Young, J.S., Long, G.S. and Espinoza, B.
(2006) Cross-linked Polybenzimidazole
Membrane for Gas Separation, U.S. Patent
6,997,971.

Pesiri, D.R., Jorgensen, B.J. and Dye, R.C.
(2003) Thermal optimization of
polybenzimidazole meniscus membranes
for the separation of hydrogen, methane,
and carbon dioxide. Journal of Membrane
Science, 218, 11-18.

Lin, H. and Freeman, B.D. (2005)
Materials selection guidelines for
membranes that remove CO, from gas
mixtures. Journal of Molecular Structure,
739, 57-74.

Lin, H., Van Wagner, E., Freeman, B.D.,
Toy, L.G. and Gupta, R.P. (2006)

42

43

44

Plasticization-enhanced H, purification
using polymeric membranes. Science, 311,
639-642.

Wynn, N. (2001) Pervaporation comes

of age. Chemical Engineering Progress,

97, 66.

Vane, L.M. and Alvarez, F.R. (2008)
Membrane-assisted vapor stripping:
energy-efficient hybrid distillation vapor
permeation processes for alcohol-water
separation. Journal of Chemical Technology
and Biotechnology, 83(9), 1275-1287.
Staudet-Bickel, C. and Koros, W.]J. (2000)
Olefin/paraffin gas separations with 6-
FDA-based polyimide membranes. Journal
of Membrane Science, 170, 205.
Shimadzu, A., Miyazaki, T., Maeda, M. and
Tkeda, K. (2000) Relationship between the
chemical structure and the solubility
diffusivity and permselectivity of
propylene and propane in 6-FDA-based
polyimides. Journal of Polymer Science Part
B-Polymer Physics, 38, 2525.



9
CO, Capture with Membrane Systems

Rune Bredesen, Izumi Kumakiri, and Thijs Peters

9.1
Introduction

9.1.1
CO, and Greenhouse-Gas Problem

Economical growth and well fare are directly linked to energy consumption. The
world’s energy needs are currently mainly provided by combustion of fossil fuels
(~85%), making CO, the most important anthropogenic greenhouse gas (GHG) [1].
The UN Intergovernmental Panel on Climate Change (IPCC) and the International
Energy Agency (IEA) have recently published reports [2, 3] that forecast a substantial
increase in energy demand and GHG emissions in the coming years. A Reference
Scenario used by IEA anticipates that GHG emissions increase by 57% between 2005
and 2030 [3]. Only strong political measures can stabilize the emission in one or two
decades, and reduce it in longer terms, thereby limiting the expected dramatic
increase in average global temperature. The GHG emissions can only be reduced by
parallel actions to improve energy efficiency, changing to renewable and nonfossil-
fuel-based energy sources, and through broad deployment of carbon capture and
storage (CCS) technology. CCS technology is already in use in sweetening of natural
gas [2, 4], for example, the Statoil Sleipner natural-gas production installations in the
North Sea capture and store nearly 1 Mtonne CO,/year [4]. CCS technology is most
cost effective at large-scale point emissions, like power plants and some large
industries. Currently, no full-scale power plant exists with CCS technology, but
erection of several large-scale demonstration plants have been announced [5-7]. In
the short-term perspective, demonstration at large scale is technologically valuable,
however, for broad deployment of CCS technology the cost of CO, capture, repre-
senting 60-80% of the total CCS cost depending on fuel and process, must become
economical on commercial terms. The capture costis therefore the most critical issue
to be solved.
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To comply with IPCC recommendations, substantial GHG emission reduction
from small- and medium-scale sources is also necessary [8]. A change from
distributed use of fossil fuel to large-scale production, including CO, capture, and
distribution of hydrogen and electricity is a plausible route to such reduction.
A relevant question is whether capture and storage from small- and medium-scale
sources would be economically and practically feasible. A recent IEA report [9]
suggests that distributed collection through pipelines from medium-size sources in
industrialized areas (North West of England was used as a case study) could be an
alternative, assuming that safety issues are handled satisfactorily. The report con-
cludes that emission sources of the order of 5 ktonne CO,/yr only constitutes 4% of
the total emission, and that this CO, is considerably more expensive to collect
compared to the emission from large (emission >1 Mtonne CO,/yr, 73% of total) and
medium-size sources (emission > 45 ktonne CO,/yr, 23% of total). The medium-size
sources are typically energy-intensive industries, like iron and steel, glass, cement,
pulp and paper, bulk chemicals production, and refinery sites. Although this
chapter mainly focuses on membranes for CO, mitigation in power generation,
we believe that future developments and implementation of cost-effective sustainable
technology in other sectors will involve extensive use of energy-lean membrane
technology.

9.1.2
CO, Capture Processes and Technologies

Capture of CO, from fossil-fuel-based large-scale power generation sites is com-
monly described along three processes routes (Figure 9.1(a)—(c)), (i) postcombustion
capture, (ii) precombustion decarbonization, and (iii) oxy-fuel (combustion of fuel in
oxygen without the presence of nitrogen). The figure does not include separation
steps for gas cleaning in the three process routes (e.g., removal of sulfur, mercury,
particles), as this falls outside the scope of this chapter.

The key separation processes envisaged for the three capture routes, indicated as
membrane separation processes, are listed in Table 9.1.

(i) In postcombustion processes, CO, is separated at ambient pressure from the
exhaust gas after combustion of fossil fuel in air. Depending on the fuel and the
process design, the concentration of CO, in the exhaust gas may typically vary
from 30 to 5vol.%, with N, being the main component. Separation is usually
considered at close to ambient temperature, but it could in principle be
performed at higher temperatures during cooling of the exhaust gas.

(ii) In precombustion decarbonization processes, carbon is separated from the fuel
before combustion. This is typically done firstly by converting the fuel to synthesis
gas (CO + H,), and secondly, by transformation of the heating value of CO to H,
by the water gas shift (WGS) reaction. The synthesis gas may be produced by
gasification of, for example, coal, or reforming of hydrocarbons. The produced
CO, and H, are separated, a process being facilitated by the high CO,
concentration and pressure. Elimination of carbon as solid, for example, in
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plasma or catalytic cracking of hydrocarbons to produce H,, may also be
categorized as precombustion processes.

(iii) In oxy-fuel processes, combustion of fossil fuel is carried out using oxygen
instead of air, thus avoiding N, dilution of the exhaust gas. To reduce the high
temperature generated, CO, from the cooled-down exhaust gas is recycled and
used as a dilutant in the combustion [10]. For solid oxide fuel cells (SOFC) based
on oxygen-ion-conducting electrolyte membranes, an overstoichiometric
amount of air flow can be used on the cathode side to control temperature.

Current commercial CO, capture methods [11] include absorption (chemical and
physical), adsorption, cryogenic processes, and polymeric membrane technologies.
CO, capture technologies have not yet been integrated in any large-scale fossil-fuel-
based power generation plant [12]. In the coming years, there is a definite need to
establish CO, capture experience on a large scale, to improve existing technologies
and to develop alternative technologies and processes, to lower the cost and energy
consumption related to CO, capture. To illustrate the magnitude of separation cost of
existing technologies, Table 9.2 gives values for 4 types of power plants.

The cost of the separation units constitutes ~20-40% of the total capital cost of the
power plants with CO, capture. Traditional absorbers and distillation systems are
energy consuming and therefore reduce net efficiency of the power plant signifi-
cantly. The efficiency penalty is also negatively affected by the increasing price of
fossil fuels, thus making energy-lean technologies more competitive. In the following
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9.2 Membrane Processes in Energy Systems with CO, Capture

Table 9.2 Capital cost and % cost of CO, separation unit for
different power plants with CO, capture, after [13].

Capital Capital

Plant type cost ($/kW) Separation unit cost (% total)
NGCC (GTCQ) 916 Postcombustion

Amine chemical absorption 24
PC 1962 Postcombustion

Amine chemical absorption 18
IGCC 1831 Precombustion

Air separation (O, production) 18

WGS/selexol physical absorption 13
PC 2417 Oxy-fuel

Air separation (O, production) 32

CO, distillation 7

NGCC/GTCC, Natural gas combined cycle (often termed gas-turbine combined cycle); PC,
Pulverized-coal-fired power plant; IGCC, Integrated gasification combined cycle, Oxy-fuel (PC boiler)
plant. Flue-gas desulfurization and air particulate control is included in the total cost, but not in the
separation unit cost.

we will first continue looking at integration of membrane processes in energy
systems with CO, capture, and then highlight relevant membrane properties and
critical issues related to this technology.

9.2
Membrane Processes in Energy Systems with CO, Capture

9.2.1
Processes Including Oxygen-Separation Membranes

In precombustion CO, capture schemes, oxygen-separation membranes can be used
for synthesis gas production, either by partial oxidation of natural gas, or in
gasification of fossil fuel (coal, oil or biomass) [14, 15]. In partial oxidation, dense
ceramic oxygen-separation membrane can provide oxygen directly to high pressure
natural gas at ~800-1000°C in a membrane reactor. A technical and economical
evaluation [14] of reforming processes integrating oxygen-ion-conducting mem-
branes has shown that an oxygen flux exceeding ~10 mL/cm?min produces a
competitive technology (Figure 9.2). Such flux values have been reported for existing
membranes) [16].

For IGCC coal-based processes, where pure oxygen is used for gasification to
produce synthesis gas, a significant cost reduction may appear by changing the
production method from cryogenic to membrane technology (Figure 9.3) [15]. This
reduction has been estimated to be 35% in capital cost and 37% in power consump-
tion [17], for a 438-MW IGCC plant.

199



200

9 CO;, Capture with Membrane Systems

210 /_
190
—
&
2 170 _,/
2 150
[&] P/ /
5 130 /// —
_§ %F——,—’—l-——-———o————o———d
2 110 }—=a—3 H— L
E B——?—’M—
90
70
0 1000 2000 3000 4000 5000 6000

Membrane price, $/m2

o Flux =5 ml/cm2 min & Flux = 10 ml/cm2 min
& Flux = 50 ml/cm2 min & Conv. ATR
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Another IGCC process-simulation study, employing steam as the membrane
permeate-side sweep gas, reported that the net efficiency of the plant is critically
dependent on the applied sweep condition [18]. Increasing steam sweep flow rate and
pressure reduce efficiency significantly, illustrating that the operational conditions of
the membrane unit can not be optimized isolated from a total cycle analysis.
Conditions that often improve the membrane separation, such as high pressure
on the feed side and applying sweep or vacuum on the permeate side, may add to
investment cost and energy consumption. Design of power-generation cycles
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Figure 9.3 Oxygen-separation membrane — GT integration for production of oxygen, after [15].
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commonly starts from assumptions related to key units, like the gas turbine, which
subsequently defines the borderlines for the other unit operations. Membrane
integration with minimum cost and energy efficiency penalty has consequences
for the operation conditions, and therefore, for the choice of membrane materials.
Separating the membrane process from the fuel-gas stream necessitates few pre-
ventive actions to avoid poisoning from contaminants [19]. In the oxy-fuel process,
CO, from the combustion is recycled and could be used as the sweep gas for an
integrated membrane unit to produce a stream of O, + CO, for the combustor. Fuel
cleanup and possible use of more stable, but less permeable membranes could add
extra cost, which in this case must be considered in a total analysis. The AZEP
oxy-fuel concept [20] utilizes hot exhaust gas from the natural-gas-fed combustor as
sweep gas. In addition, heat is transferred across the membrane to the air stream,
before the hot depleted air is expanded in the turbine to generate electricity, see
Figure 9.4. The stability of the membrane limits the operation to temperatures
significantly lower than the inlet temperature of modern gas turbines (>1400°C),
which reduces the cycle efficiency. To circumvent this limitation a combustion
chamber can be introduced to heat the depleted air before entering the turbine
expander. This reduces the CO, capture rate from 100 to 85%, however, the net
efficiency (LHV) increases from 49.6 to 53.4%, compared to 57.9% for the reference
400-MW GTCC plant without CO, capture. The penalty of ~4.5% for CO, capture
represents one of the lower values reported for thermally produced electricity, which
demonstrates the gain achievable if the membrane unit could operate at higher
temperature. Advantageous cost efficiency for oxygen membrane integration has also
recently been shown by IEA for CO, capture from 50-MW boilers [8]. Oxy-fuel

OTM reactor

—

o
0, :‘Air
: CO,/H,0
Qi .
Combustor -
J
Combustor

Fuel —— (@)
0,-depleted ‘Air

Electric
_ power
Air Gas turbine

Figure 9.4 Simplified sketch of the mixed conducting oxygen-
separation membrane reactor part in the AZEP concept, after [20].
Second combustor placed before the turbine improves efficiency,
but also increases CO, emission.
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combustion employing membrane technology, and postcombustion capture with
amine scrubbing, gave cost of CO, avoidance of ~22 and 70 €/tCO,, respectively. In
the analysis, the capital cost for the membrane unit was estimated to 6.8 M€
(assuming 1500 $/m?), anticipating an oxygen permeation rate of 1g/m’s
(4.2mL(STP)/cm”min). The competitiveness of the membrane system can be
explained by the lower energy penalty, and lower capital and operating costs. The
potentially lower cost of oxygen membrane systems may open other medium- to
small-scale applications such as the combustion of SOFC anode off-gas [21]. The
efficiency of an integrated SOFC-GT process, for combined electrochemical and
thermal electricity production, can reach more than 65% (LHV), and deliver an
exhaust stream containing CO, + H,0 only [21].

9.2.2
Precombustion Decarbonization Processes Including Hydrogen and Carbon Dioxide
Membrane Separation

Large-scale production of hydrogen for fuel and chemicals starts from fossil fuels,
typically by methane steam reforming (MSR) and WGS processes.

(1) Methane Steam CH, + H,0=CO + 3H, AHY%, = 206 kJ /mol
Reforming

(2) Water gas shift CO + H,0=CO, + H, AH%g = —41k]J/mol

(3) Total reaction CH, + 2H,0=CO0, + 4H, AH% = 165 kJ /mol

The strongly endothermic equilibrium-limited steam reforming reaction is carried
out at high temperature ~850-900 °C to reach high conversion. Water gas shift is a
weakly exothermic equilibrium-limited reaction favored at low temperature. Since
the yield for both reactions is limited, conversion will be governed by removing either
H, or CO, from the reactor. Thus, steam reforming could be performed at lower and
water gas shift at higher temperature, respectively, in a membrane reactor without
compromising yield, see Figure 9.5. Heat is required to sustain the endothermic
steam reforming reaction, which can either be supplied to the reactor externally by
heaters, or internally by partial oxidation with air or oxygen. As shown in a recent
study, spending some produced hydrogen as fuel for external burners, rather than
natural gas, is an efficient solution in routes that include CO, capture [22].

For hydrogen-selective membranes, H, will be obtained at lower partial pressure,
and not all hydrogen can be transferred to the permeate side for subsequent use. If
hydrogen is used as fuel for a gas turbine, the gas pressure has to be high, for
example, 18-20 bars, which could mean that expensive compression of H, is
necessary at the permeate side. Alternatively, higher pressure applied at the feed
side enables direct production of high pressure H, at the permeate side [23]. For
steam reforming, which is not favored by high pressure, the hydrogen flux still
increases with total pressure due to an overall increase in the partial pressure. By
avoiding compression, cycle efficiencies above 50% (LHV) including CO, capture are
reached [24, 25]. Combustion of the remaining hydrogen and unconverted fuel in the
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Figure 9.5 Hydrogen-selective membrane combining steps

1+ 2 + 3 in precombustion decarbonization. Starting from
synthesis gas, for example, after gasification of coal, step 2 + 3
may be combined in the membrane unit. After WGS, the
membrane unit may perform step 3, only.

retentate stream with pure oxygen will reduce the need for complete conversion of the
fuel [26], and is a parameter to consider in a total cost and efficiency analysis. An
elegant process to (i) provide heat to the reforming of natural gas, (ii) generate in-situ
sweep gas to the WGS membrane reactor, and (iii) produce a pressurized stream of
N, + H,0 + H, fuel for the GT is demonstrated in the hydrogen membrane
reformer (HMR) concept, see Figure 9.6 [27]. This highly integrated, high tempera-
ture membrane operation (1000-700 °C), gives only a 5% reduction in cycle efficiency
when CO, capture and compression to 150 bar are included.

For production of low-pressure H,, Middleton and coworkers have estimated the
cost of CO, avoidance in production of 230 000 Nm?/h of H, at 1.5 bar from natural
gas and coal using thin Pd membranes [28]. The total installed cost for the process
gave 30% reduction relative to the baseline cost for amine scrubbing of the flue gas,
while the cost of CO, avoided was 33% lower. The cost of CO, removal, given in
Figure 9.7 versus membrane permeability and specific membrane cost for precom-
bustion routes starting from natural gas reforming, illustrates that more expensive
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o I T e T N e
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Air from GT Q Q . GT
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Figure 9.6 Three-stage membrane reactor system in the HMR concept, after [27].
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materials can be considered provided they offer increased performance. The results
also demonstrated that the Pd metal cost is insignificant when the thickness reaches
approximately 5 pm. The applied permeability—thickness relation versus cost of CO,
avoidance is indicative in terms of allowable cost, and also holds for other types of
hydrogen-selective membranes.

Extended use of hydrogen in small- and medium-size applications is expected to
grow as a consequence of CO,-mitigation actions and transition to the hydrogen
economy. Distributed hydrogen production via MSR + WGS for refueling stations,
employing Pd-based hydrogen-selective membranes, has recently been addressed in
a techno-economic assessment [29]. The authors investigated production systems in
the range 0.2-10 MW membrane reactors and found capture cost of 14 $/tCO,.
Furthermore, for thin Pd alloy membranes (<10 um), the cost of local CO, separation
(a2 MW unit), collection in a grid of pipelines and sequestration is less than regional
(40 MW) and comparable to centralized hydrogen production including CO, seques-
tration, see Figure 9.8. The main cost of local production is the first pipeline branch
with low capacity, however, the cost of separation is significantly lower than for
conventional MSR. Tokyo gas has operated their Pd-based membrane reformer
producing 40 Nm?/h hydrogen for more than 3000 h. The hydrogen purity obtained
is 99.999%, with an energy efficiency of 70-76% [30].

In the case of CO,-selective membranes in precombustion processes, the fuel
heating value remains at the high-pressure retentate side (H, and unconverted fuel)
in the WGS separation process. The power-cycle efficiency for natural-gas-fuelled
GTCCincluding CO,-selective membranes in the WGS reactor appears less pressure
dependent compared to hydrogen-selective membranes, due to the lower amount of
CO, produced in the MSR + WGS reactions [24]. A relative simple simulation for
precombustion capture made (based on CO,/H, selectivity of 50) [24], suggests that
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integration of CO,-selective membranes has approximately the same efficiency
penalty as H, selective membranes for typical GT inlet pressures (18-25 bar).

9.2.3
Postcombustion Capture Processes with Membrane Separation

The low pressure and CO, concentration in postcombustion flue gas streams is a
demanding challenge for membrane technology. Simulations employing different
membrane selectivities CO,/N, (50-200) and flue-gas compositions (10, 20, and
30% CO;) show that high CO, recovery (>80%) is difficult to achieve for a CO,
concentration below 20% [31]. Compared to conventional amine absorption
capture, which requires about 4-6 GJ/tCO,, the study shows that membranes
may potentially reduce this amount to 0.5 GJ/tCO, for streams containing ~20%
CO; or more [31]. The target membrane selectivity required in this case is around
60 (CO,/N;). This has already been achieved by the most promising membrane
materials [32]. The concentration of CO, in flue gases originating from cement
production lies between 15-30% by volume, which is higher than in flue gases
from power production (3—-15% by volume), which could warrant CO, removal [2].
Also in the iron and steel industry, high concentration of both CO, and CO
(~20vol.%) in the blast-furnace gas could render possible CO, removal, and return
of CO-rich gas to the furnace [2]. Based on CO, removal for a conventional blast
furnace, it is concluded that a significant reduction of the CO, removal costs to
~17€/tCO, can be obtained by employing membrane technology [33]. As a
consequence, CO, removal from blast furnaces is comparable with CO, removal
in IGCC plants.
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9.3
Properties of Membranes for Hydrogen, Oxygen, and Carbon Dioxide Separation

In this section, we will treat in more detail some critical properties related to
membranes that are considered for use in CO, capture processes. As demonstrated
in the previous section, the manner of membrane integration in the different
processes has major implications for the operating working conditions. For a certain
membrane type, the operational window is defined by the expected performance and
stability. The flux and selectivity are mainly assessed on basis of short-term studies in
model gases. The experience with real gases and long-term studies is limited, which
is reflected in the assessments of critical issues given below.

9.3.1
Membranes for Oxygen Separation in Precombustion Decarbonization and Oxy-Fuel
Processes

9.3.1.1 Flux and Separation

Ceramic membranes for oxygen separation can be divided into electrolyte type, in
which only oxygen ions are mobile, and mixed-conducting types, in which both
electrons and oxygen ions are mobile. The latter type can be used for pressure-
driven oxygen separation, while electrolytes can be used in SOFCs for electricity
production, or in the reverse mode, for oxygen pumping applying an electrical
voltage. Various materials show high oxygen ion conductivity, but currently, oxides
from fluorite- (MO,) and perovskite- (ABO;) related families appear as being most
promising [34, 35]. The similarity in materials for SOFC and oxygen membranes is
also reflected in the common temperature of operation, being mainly between
800-1000°C [36]. Integration of these technologies as previously discussed is
therefore possible in efficient CO, handling. Flux reported in the open literature
rarely exceeds values of 10mL/cm”min, and is usually obtained at fairly low
absolute oxygen pressure differential [37]. It is evident from the literature that
many mixed conductors have slow surface kinetics and flux in thin membranes
can be limited by this effect [38].

Ambitious industrial efforts to develop oxygen-separation membranes have re-
sulted in large progress in membrane materials, and membrane and module design.
Monoliths and flat structures allow high membrane packing density and can reduce
the cost of production including sealing. For instance, modules with contact area of
>500m”/m> have been produced with a checkerboard pattern of channels, and
extrapolation to the AZEP process conditions expected to give an oxygen production
rate of around 37 mol O,/(m’s), or 15 MW/m?® power density [20]. According to the
AZEP developers, these values correspond to targets set and confirm the feasibility of
the concept. Air Products (US) has adapted two flat membrane concepts for synthesis
gas and oxygen production. A pilot unit producing 5 tonne O,/day has been
developed relying on stacked wafer-like membranes connected to a center tube
collecting the oxygen [39]. Further development assumes commercial capacities
(500-2000 tonne O,/day) in 2012 [17].
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9.3.1.2 Stability Issues

The demanding operational conditions, often combining high temperature, large
gradients in total and partial pressures, and the presence of reactive-gas components
challenge membrane stability. Reaction with CO, is a problem for several good
mixed-conducting perovskites (ABO3) that contain basic alkaline-earth elements on
the A site. Thermodynamical stability of carbonates and oxy-carbonates is governed
by lower temperatures, thus, reaction might occur during unexpected shut-downs
even if avoided at the operational temperature. Acidic sulfur-containing gases (H,S,
SO,) easily reacts with the same membrane components, and need therefore to be
removed before the separation unit. The material designer must also consider
possible evaporation of membrane components. The high temperature in combina-
tion with steam can lead to increased evaporation by metal-hydroxy components.
Kinetic demixing seems to be an unavoidable phenomena originating from differ-
ence in diffusivity of the metal components in thermodynamic potential gradients
[40]. The effect may lead to decomposition of the membrane, even if the membrane is
thermodynamically stable in the whole oxygen partial pressure range of operation
[41]. This long-term effect increases for thin membranes operating under large
gradients, as encountered in synthesis gas production. Various changes in composi-
tion and morphology are often observed for membranes operated under such
conditions, but this is probably due to a combination of degradation processes. The
combination of high temperature and mechanical pressure also induces creep in the
material, which has been studied in some oxygen-separation membranes [42]. Creep
may also be a mechanism to reduce stress resulting from differences in thermal
expansion of different components and chemical expansion due to reduction in
oxygen content in the lattice. Chemical expansion is particularly severe in perovskites
with B cations of Co and Fe. For some typical perovskites, Sirman has tabulated
relative effects of various cations on A and B sites on essential membrane properties,
such as oxygen ion and electronic conductivity, oxygen surface exchange rate, thermal
and chemical expansion coefficients, CO, tolerance, and resistance to creep [39].
In high-flux (La-alkaline earth)(Co, Fe)O;_s perovskites, for example, addition of
elements as Mn, Cr, Ti can improve operational stability.

9.3.2
Membranes for Hydrogen Separation in Precombustion Decarbonization

Hydrogen-separation membranes include both dense and porous types covering a
temperature regime from ambient to ~1000°C. We may conveniently distinguish
between different types based on the thermal operational window as this is decisive
for potential applications. For low-temperature polymer-based membranes, which
utilize differences in solubility and diffusivity as the separation mechanism, current
research is aimed at exploiting these properties [43]. In absolute terms, both glassy
and rubbery polymer membranes have moderate fluxes and selectivity. Although the
use of crosslinked polymers has improved the performance, the complexity of
implementing this approach on the large industrial scale must be solved before
they find widespread use [43]. If separation/flux combination exceeding the upper
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bound in the well-known Robeson plot is required [44], alternative membrane types
are to be considered [43].

9.3.2.1 Microporous Membranes

Flux and separation Microporous inorganic membranes for gas separation mainly
include microporous carbon, silica-based or related materials, and zeolite types. In
the temperature regime ~100-300 °C, depending on material and operation condi-
tion, the presence of adsorbing components, like H,0 and CO,, will hinder hydrogen
diffusion leading to flux reduction [45]. These membranes should preferentially work
at sufficiently high temperature, free from surface adsorption, and with selectivity
given by size exclusion. In practice, defects and a distribution in pore size result in
limited selectivity dependent on molecular size. For zeolite and zeolite-like mem-
branes, where the zeolite pore size can be controlled accurately, intercrystalline
diffusion paths are difficult to fully eliminate, which results in moderate separation
factors [46]. High-quality microporous membranes show permeance in the range of
107 7-10"° mol/m”s Pa [47-50]. Amorphous silica membranes, probably the most
studied and advanced microporous membrane for hydrogen separation, have a
thickness in the range ~20-70 nm [47, 51]. Thus, a further reduction in thickness to
increase permeance, still maintaining a low defect concentration, appears as a
considerable challenge [47]. A promising approach is a stage-wise sol-gel and
chemical vapor deposition (CVD) synthesis process where the silica membrane
obtained combines high selectivity (H,/N,=2300) and good permeance
(6.43 x 10~ " mol/m” s Pa) [52]. Generally, high selectivity is desirable but the neces-
sity varies with the application. For current proton exchange membrane (PEM) fuel-
cell applications even low CO contents in the hydrogen must be avoided due to
poisoning of the anode catalyst. For combustion in, for example, gas turbines, heaters
and boilers the presence of some unconverted fuel, steam and CO, is not critical and
selectivity requirements are less. For these latter applications, high flux is most
important, which can be increased in microporous membranes by sacrificing
selectivity. Microporous C, Si—O—C, Si—O—N materials [49], with varying content
of oxygen, have also been investigated, but currently these fall in the same flux/
selectivity range as silica membranes. Hydrogen fluxes in zeolite membranes are
generally about 5-10 times lower than for sol-gel silica membranes due to the thicker
zeolite layer needed to obtain defect-low membranes [53].

Stability issues Microporous silica membranes produced by traditional sol-gel
methods are not stable in the presence of steam [51]. Different approaches have
been investigated to improve the hydrothermal stability ranging from metal doping
[54], inclusion of Si—O—C bonds in the structure to increase hydrophobicity and
reduce hydroxyl formation [49], to changing to compositions mainly consisting of
Si—C, Si—N and Si—C—N [55-57]. Promising results have been obtained, but the
authors are not aware of results demonstrating steam stability in typical high-
pressure WGS or MSR conditions. On the other hand, the stability towards other
WGS components (CO,/CO/CH,) and H,S is expected to be high; an advantageous
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property of this membrane type. Pure-carbon membranes, however, have limited
stability in some gases (CHy4, H,, CO,, O,) at relevant temperatures [58], and appear
less feasible for MSR and WGS processes [59]. Generally, zeolite membranes are
expected to have good thermal stability, but under hydrothermal conditions the
stability appears limited due to the dissolution of aluminum from the zeolite
framework. Improving the hydrothermal stability seems possible, for example, by
low aluminum content zeolite or titanosilicate membranes.

9.3.2.2 Dense Metal Membranes

Flux and separation Dense inorganic membranes for hydrogen separation include
metal, ceramic, and cermet (metal + ceramic) types [43, 60, 61]. The metal mem-
branes can be divided into two main groups, palladium based, and those containing
Group IVB and VB metals. In addition some other metals (e.g., Ni) and amorphous
phases are investigated [61]. At present, Pd-based composite membranes can be made
thinner than refractory-alloy-based membranes, which in terms of flux compensates
for the higher permeability of the latter. For highly selective ~2-um thick Pd-23w%Ag
composite membranes, a H, flux reaching ~1200-1500 mL/cm” min depending on
pre-treatment at 25 bar differential pressure has been reported [62, 63], a value that
corresponds toa permeance of 6.4 x 10 >—1.5 x 10~? mol/m?*s Pa®>. The permeance
is considerably reduced (5-10 times) in WGS conditions, particularly due to CO
surface poisoning [62]. The refractory metals need a catalyst on the surface to enhance
the kinetics of the surface reaction, and a layer of Pd or Pd-alloy is commonly applied
for this purpose. The Pd layer also serves to protect the reactive refractory metal from
corrosion as these easily form oxides, carbides, and nitrides. The amount of Pd coating
necessary to obtain fairly stable performance [6] is marginally less than that used in
state-of-the-art Pd-based composite membranes [6]. Hydrogen flux reaching 423 mL/
cm” min has been reported in H,/He feed for Pd-coated refractory metal membranes
at 34 bar hydrogen differential pressure [64]. Hydrogen fluxes up to 150 mL/cm” min
were achieved in WGS mixtures at pressures up to 31 bar [64].

9.3.2.3 Stability Issues

Interdiffusion between the refractory metal or porous metal support and Pd layer
reduces performance and long-term stability [60, 65]. To reduce the problem, barrier
layers of, for example, TiN [65], oxides [66—-68] or porous Pd—Ag [69, 70] are coated on
the metal support. Investigations of Pd-based membranes in continuous sulfur-free
operation have demonstrated long-term stability [30, 71-73]. Thermal cycling is more
demanding due to differences in thermal and chemical (due to hydrogen dissolution)
expansion between the Pd layer and support structure. The thermal expansion
coefficient (TEC) mismatch ((TECpg.iayer — TECsubstrate)/ TECsubstrate) i high,
>30%, for refractory metals and porous ceramic supports [64]. The expansion and
contractions in refractory metals and Pd alloys induce stress that leads to deforma-
tion, wrinkles and possible detachment from the support layer [62]. Less interfacial
stress is generated for thin Pd layers [74, 75], particularly on porous steel supports that
have closer TEC values. Hydrogen embrittlement in metals due to hydrogen
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dissolution is also a concern, but can be avoided by control of operation conditions
and appropriate alloying. Furthermore, metal supports are also prone to creep at
lower temperatures than ceramics. This could limit the total pressure differential
across the membrane in MSR and WGS applications.

Many fossil fuels contain sulfur components, which react with the Pd/Pd-alloy
leading to flux reduction by surface blocking, or even complete disintegration of the
membrane. Investigations of some Pd—Cu [76-82] and Pd—Au alloy [83] membranes
have shown improved chemical stability towards H, S, but reports about performance
in real industrial gases are meagre. Sulfur resistance appears to correlate with the
Pd—Cu crystalline structure, which is determined by the operating temperature and
alloy composition [79]. Failure seems to depend on H,S concentration, and not
exposure time. For 125-um thick Pd;oCusq membranes, stable operation at 1173 Kin
the presence of H,S-to-H, ratios as high as 0.0011 (~1100 ppm H,S-in-H,) appears
possible [84]. Under certain conditions, carbon deposition in the membrane can also
occur affecting the stability [85, 86]. The many stress-generating effects, and reactive
components the membrane is subjected to probably cause the commonly observed
microstructural changes in thin Pd-based membranes [81, 87, 88]. Further optimi-
zation of the performance requires better understanding of these features. Alterna-
tive cermet membranes, where an interconnected Pd-based phase is confined to the
pores of the ceramic support may possibly offer some stability advantage, though
clear evidence is lacking [89].

9.3.2.4 Dense Ceramic Membranes

Flux and separation Relatively high hydrogen permeability is found in many oxides,
particularly those with soft lattices containing large basic metal ions [90, 91]. The
reason is that oxygen ions move temporarily close together during vibration, allowing
protons to jump from one oxygen to the next. More seldom is the combination of high
mixed protonic and electronic conductivity required for pressure-driven hydrogen-
separation membranes. The possibility of a non-negligible contribution of neutral-
hydrogen diffusion has been suggested, but further studies are needed to verify this
effect [90]. Known mixed proton and electron conductor membranes require
temperatures higher than 600-800°C to reach appreciable permeability. Recent
publications list conductivity and some flux data for several common membrane
materials [90]. The maximum flux reported, as far as the author know, are in the range
15-20mL/cm®min [92, 93]. This is in the same range as for ceramic mixed
conducting oxygen-separation membranes. The addition of an electron-conducting
second phase to good proton conductors, to increase the ambipolar conductivity has
been reported [92, 94]. For example, by nickel addition, flux through 266-um Ba
(Zro.1Ceg 7Y02)O3 membranes reached nearly 1 mL/cm?min at 900°C in pure H,.
Bulk diffusion appeared rate limiting, thus lowering thickness may give an inter-
esting flux [94].

Stability issues The many stability issues discussed for ceramic oxygen-ion
conductors apply also to proton conductors. Reactions with acidic gas components
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and water are of similar concern for these oxides containing large often basic (Ba, Sr)
elements [95]. Other issues such as kinetic demixing, creep and strength have also
equal importance, but the authors are not aware of problems related to chemical
expansion in this type of membranes.

9.3.3
Membranes for CO, Separation in Precombustion Decarbonization

Recent developments demonstrate possibilities for inorganic CO, selective mem-
branes. Microporous membranes with strong CO, adsorption show CO, selectivity if
other gas species are hindered in accessing the pores. For instance, at intermediate
temperatures, limited CO, selectivity to N, (to about 400 °C) and H, (to about 200 °C)
is reported for MFI zeolite membranes [96]. Also, at high pressure (10-15 bars) CO,
selectivity has been demonstrated in MFI membranes (CO,/N, separation factor ~
13) with promising CO, permeance of 2.7 x 10~” mol/m”s Pa, though these results
were obtained at 25 °C [97]. A new interesting membrane type, with the potential of
high-temperature operation, is the dual-phase membrane, which consists of an
interconnected molten carbonate phase in a porous support [98, 99]. The electrical
current loop, set up by the transport of CO, as carbonate ions, is closed by electrical
transport in the solid supporting phase. Therefore, oxygen ion conducting or metals
have been used as supports to facilitate the countercurrent. It has been shown that
enhanced flux is obtained in the presence of oxygen on the feed side, implying that
carbonate ions are the actual carrier, and not just dissolved CO, gas. The first few
results reported show CO,/CH, selectivity of 5, and a permeance in the order of
1 x 10~ ®mol/m”*s Pa, at 500-600 °C [99, 100].

9.34
CO, Separation in Postcombustion Capture

9.3.4.1 CO, Separation Membranes

CO, capture by polymeric membranes from low-pressure flue gas was early consid-
ered. The suggested necessary combination of permeability and selectivity (50 Barrer,
CO,/N, =200), however, can not be reached with existing commercial membranes
[101]. Postcombustion capture has the great disadvantage compared to precombus-
tion (20-30% CO, at 20-50 bars) that separation is from low-pressure flue gas with
low CO, concentration. If the CO, concentration of the flue gas could be increased,
for instance by combustion in oxygen-enriched air, polymeric membranes may
represent an alternative to amine scrubbing. Furthermore, different modifications
such as mixing inorganic nanoparticles with the polymer have given enhanced
membrane selectivity by increasing the solubility and the diffusivity of CO, [102].
Dendrimer liquid membranes are also reported to have high CO,/N, selectivities
over 1000 with 1 x 10 m’/m?*s Pa CO, permeance [103]. However, this immobi-
lized liquid membrane may have insufficient tolerance to handle the large pressure
differences required, though recent promise has been reported [104]. These
composite PAMAM dendrimer membranes are currently under evaluation, and
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Solvent inlet

gas/liquid ~
interface

Flue gas inlet

Figure 9.9 Schematic principle of the nonwetted mode of a membrane contactor.

preliminary results indicate CO,/N, selectivity over 200 with 5 x 10~ '°m?/m*s Pa
CO, permeance [105].

9.3.4.2 Membrane Contactors for CO, Capture

Over the past 20 years, membrane contactors, a technology based on the combination
of membrane separation and chemical absorption, have been evaluated for CO,
capture applications [106]. The nonwetting porous membrane is generally not
selective, but solely acts as a barrier between the flue gas and the liquid adsorbent,
see Figure 9.9 [106]. Separation is determined by the reaction of one component
(typically CO, or H,S) in the gas mixture with the absorbent in the liquid.

The energy-consuming regeneration of the amine solution to isolate CO, deter-
mines to a large degree the energy required for the CO, capture [107]. Currently, new
and more energy-efficient absorbents are under development, which will benefit the
membrane contactor technology [108]. In industry, Kvaerner Oil & Gas and W.L. Gore
& Associates GmbH demonstrated the membrane contactor technology in a pilot
plant at Statoil’s gas processing plant in Karsts on the west coast of Norway [109].

9.4
Challenges in Membrane Operation

9.4.1
Diffusion Limitation in Gas-Phase and Membrane Support

In recent decades, membrane developers have focused on developing skills to
prepare thin selective membrane layers. This effort has resulted in some membranes
with both high flux and selectivity. Typically the flux is either determined by the
thickness of the selective layer, or (slow) surface kinetics. Strategies to circumvent
these limitations are usually to decrease thickness and increase the surface area and/
or catalytic properties. These commonly encountered cases are typical for mem-
branes with low to medium permeability. For highly permeable membranes,
however, the gas-phase diffusion in the support or in the bulk gas may become rate
limiting. In this case, the design of the membrane structure is highly important as
illustrated in the two following examples.
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Figure 9.10 Hydrogen pressure drop due to
depletion, concentration polarization, surface
effects, transport in the palladium membrane
and porous support, compared to the total
hydrogen partial pressure drop. (a) Hy: Ny =
50:50; (b) Hy:N,:CO,=50:25:25;

(c) H2:N2:CO=50:25:5; (d) H:CO,: H,0:
CO:CH,=60:19:16:4:1. Preeq =20 bar,
T=400°C. Depletion means the lowering of
H, bulk gas concentration due to H, removal
along the tube length. Data after [62].

(i) Highly permeable 1-3-um thick Pd-23wt% hydrogen-selective membranes

supported on 0.48-mm thick porous stainless steel tubes with 2-um pore size
have been reported with a pure H, permeance of 6.4 x 10> mol/m?s Pa®* [62].
Operation of these membranes in gas mixtures, for example, H, + N, (N,
assumed to behave as an inert) suggests that the hydrogen flux is mainly limited
by a gas-phase diffusion limitation at the feed side. A hydrogen-depleted
concentration-polarization layer is built up, reducing the efficient partial
pressure of hydrogen, and thereby also the gradient in pressure sustaining
the flux. Figure 9.10 illustrates the estimated partial pressure drop for sustaining
the flux by three major processes; gas diffusion to the membrane feed surface,
transport through the Pd—Ag 23 wt.%, and transport through the porous steel
support, respectively. The gas-phase limitations imply a need for improving
membrane and module design, and an optimization of feed-flow conditions to
reduce the thickness of the hydrogen-depleted layer. The example using a Pd-
based membrane may also be used to illustrate the problem of surface reaction
rate limitation. Adsorption of other gas molecules on the surface hinders H,
incorporation, and therefore reduces flux. The effect is particularly strong for CO,
which is illustrated in Figure 9.10. A comparison with the high-flux situation with
only an inert molecule present shows that the importance of the gas-phase
diffusion limitation is drastically reduced. This illustrates that the operation of
highly permeable Pd-based membranes (or Group IVand V membranes with Pd-
catalyst layer) in WGS conditions is strongly limited by a combination of surface
effects and gas-phase diffusion limitations. Thus, if the surface effect could be
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F=109

maol

m2sPa

Figure 9.11 2D pressure profiles (isobars) and 2D flux profiles
(arrows) as a function of permeance (F) of microporous silica
membranes on the inside wall of multichannel supports. Very low
F (a), value for the state-of-the-art (b), and very high F (c), after
[110].

(1)

9.4.2

reduced, the expected flux increase will be limited by gas-phase diffusion. These
design and operational implications set by gas-phase diffusion limitations are
not limited to the case of Pd-based membranes, but to all highly permeable
gas-separation membranes.

For highly permeable separation layers the resistance of the support structure
must be considered. Hollow fibers, multichannel and honeycomb elements all
have high surface area per volume, and as such represent possible membrane
designs for cheap large-scale gas-separation systems. While hollow fibers and
honeycomb structures divide the feed and permeate streams by similar
separating membrane walls, the distance from the feed to the permeate side
in common multichannel elements varies considerable depending on channel
position. The flux per area efficiency of the multichannel element thus depends
on the net contribution from all channels, that is, the resistance of the support
must be insignificant compared to the resistance of the selective layer [110]. This
is illustrated in Figure 9.11 where the contributions from channel 3 (inner
channel) and 2 diminish as the permeability of the membrane layer on the inside
channel wall increases. The permeance of highly permeable membranes is
typically found in the region 10 ®mol/m?s Pa, where the resistance from
commercially available multichannel supports influence the efficiency.

Membrane Module Design and Catalyst Integration

The mechanical properties of the membrane are essential in operation and module
design. For instance, hollow carbon fibers fabricated by pyrolysis of polymers are
seemingly too brittle for practical applications [111]. Ceramic capillaries prepared by

extrusion are much stronger, but appear limited in maximum length due to
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vibrations that might occur during operation. To improve the resistance to mechani-
cal stress one faces the dilemma of increasing the wall thickness and/or reducing
porosity and/or pore size; all strategies that will increase support resistance. The
optimal capillary design is therefore a compromise between sufficiently mechanical
strength and permeance. Monolithic membranes with thin walls offer probably the
most stable and efficient design, the latter not only due to the high surface area, but
also because of the small comparative sealing area. Several designs have been
suggested and recently summarized by Carolan [112]. It should, however, be noted
that monoliths that provides possibility of crossflow of two separate gas streams give
complex manifold systems that may not be easy to fabricate [20]. Ideally, the channels
should be made sufficiently small to reduce the gas-phase diffusion limitation, but at
the same time not generate too high a crossflow pressure drop. The flat design, which
in different forms has been widely investigated in planar SOFC stacks, also provides a
means to create high membrane surface area and narrow gas-flow paths. Stacks of flat
membranes using spacers to control the distance between membrane plates have
been developed by Air Products and partners [113] for their ceramic oxygen-separa-
tion membranes in synthesis gas production. The wafer-like design operates with the
membrane in mechanical compression between an outer porous support and an
internal core of microchannels that distributes the gas evenly. The low-pressure
stream is confined to the internal channels, while the pressurized gas is streaming
between the wafers. The planar designs reported for synthesis gas and oxygen
production [39, 112] limit the extent of necessary metal-ceramic seals for integration
in steel housings, but require high-temperature ceramic—ceramic seals to connect the
wafers in the stack. Extensive ceramic—ceramic sealing is also demonstrated for
hollow fibers, which can be bundled together and sealed to ceramic end sealings [51].

The two main reactions, discussed in this chapter, MSR and WGS, require catalyst
and operational control of mass and heat flow. For the highly endothermic MSR
reaction, heat is traditionally provided by natural-gas burners, which would require
additional systems for CO, capture. More elegant is in-situ oxidation, for example, as
done in the previously discussed hydrogen membrane reformer (HMR) [27].
Alternatively, by employing an oxygen membrane providing oxygen to the fuel side,
partial oxidation (exothermic) and steam reforming can be combined to control
temperature [14]. The reactor design for these processes should aim at reducing
mechanical stress originating from thermal and chemical expansion mismatch, total
pressure and temperature gradients. Close integration of the catalyst in MSR to
ensure sufficient heat transfer, could be a complicating factor if the chemical
compatibility of catalyst and membranes is not sufficient, or if the membrane and
catalyst have different lifetimes. For monolithic structures the compatibility issue
appears more important than for tubes or plates where the catalyst can be placed
more easily externally to the membrane surface, while still being in close proximity.
The WGS reaction is only weakly exothermic providing higher flexibility in catalyst
integration. Middleton and coworkers suggested that in the WGS process, the reactor
containing the catalyst could be separated from the membrane separation unit, in a
three-stage sequential process of reaction and separation [114]. There are several
advantageous with this concept, (i) each reactor and separation step can be optimized
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with respect to sizing, design, and to a certain degree, temperature, (ii) feed flow rate
and sweep gas can be optimized in each separation step, (iii) the exchange of
membranes and catalyst can be done independently, (iv) problems related to
chemical noncompatibility of catalyst and membrane can be eliminated. The
downside of the concept is an increase in catalyst volume (33%) and membrane
area (29%) compared to a single-stage catalytic membrane reactor process designed
for capture of 2 Mtonne/yr CO, in the production of hydrogen by authothermal
reforming and WGS at Grangemouth refinery in Scotland [114].

9.5
Concluding Remarks

Increasing awareness about environmentally related problems has led to large efforts
for developing clean and energy-efficient technology. In this chapter we have given
examples demonstrating the many opportunities, offered by emerging membrane
technology, to efficiently solve key problems related to GHG emission control. The
encouraging involvement of industry and public funding organization ensures faster
realization, as well as illustrating the competitiveness of the technology. Sufficient
flux and selectivity capacity is reported for several existing membrane systems,
though long-term performance verification is less clear. Further R&D efforts are
therefore still needed to further verify these critical parameters, and particularly,
considerable more attention should be directed to stability issues. Optimization of
the membrane operation is though a compromise that includes design of the
membrane and module on the one hand, and process integration deciding operation
condition on the other. Introduction of O,-, H,-, and CO,-selective membranes in
large-scale CO,-capture processes is still some years into the future. In the coming
years membrane development will continue on a broad basis, and novel ways of
process integration will evolve that strengthens the future impact of membrane
technology in CO, mitigation.
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10
Seawater and Brackish-Water Desalination with Membrane
Operations

Raphael Semiat and David Hasson

10.1
Introduction: The Need for Water

According to UN reports, between 20-25% of the world’s population do not have
access to good-quality water. People are dying daily due to illnesses related to poor-
quality water. The availability of drinking water is continuously decreasing due to the
over-usage of aquifers and traditional water sources. This is due in part to how
humankind treats the environment, resulting in the pollution of water resources.
This is causing people to concentrate in large cities where they expect a better life.
These cities are also starting to suffer from a lack of natural, good-quality water. In
many places, people are responsible for getting their own water from a distance,
wasting considerable time and effort in fulfilling this important task. In many places
farmers are dying of hunger since they lack both the technique and the capability to
pump water from a nearby river to irrigate their crops.

Over 98% of water sources on earth are undrinkable due to salt content. Only a
fraction of the good-quality water is actually used due to the naturally uneven
distribution of the water. The problem of water shortage is not only a problem of
proper techniques; it is also a social and educational problem depending in many
cases on national and international efforts as well as on technical solutions. We need
better techniques to provide good-quality water at a low cost, and we must educate
people to make better usage of this cheap, yet very costly, resource.

The aim of this chapter is to deal with some of the best available water production
and purification techniques, as well as discuss desalination issues based on mem-
branes. Increasing production at affordable costs is one of humankind’s most
important objectives.

10.2
Membrane Techniques in Water Treatment

The term ‘desalination’ has lately started to include diverse treatments to purify
different water sources, from slightly polluted water, through wastewater and
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brackish water, up to seawater. Membrane techniques are used in many ways to
improve water quality. reverse osmosis (RO) is currently the fastest growing
desalination technique in industry, emerging even faster than evaporation techni-
ques. Electrodialysis is used for the treatment of slightly polluted water. Other types of
membranes are used in different techniques to remove suspended and dissolved
matter from raw waters. The main pretreatment steps before using RO membranes
are based on the removal of suspended matter from feed water, sometimes including
disinfection substances to kill bacteria, followed by a means to remove organic matter
and chlorine compounds by active carbon, acidulation to remove carbonate, and
more. The feed water is then pumped to an elevated pressure, high enough to
overcome the osmotic pressure of the salt-concentrated solution resulting from the
actual product recovery of the feed water. Other techniques based on water evapora-
tion are also used for desalination, yet are not included in the scope of this chapter [1].

Osmotic pressure is a property of a solution containing dissolved matter, such as
salts, starch or sugar in water; the latter are similar to materials existing in the roots of
most plants. The relatively high concentration enables transferring water from the
soil surrounding the root through a membrane at the skin of the root. Applying
increased pressure to such a concentrated solution behind the membrane reduces
water passage and may stop the flow of water (the pressure level that stops the flow is
defined as the osmotic pressure of the solution). Higher pressure applied on the
solution side of a synthetic membrane, well above the osmotic pressure, will
overpower the solution’s properties and transfer water from the concentrated
solution through the membrane in a direction opposite to the natural action at the
plant root. This is the basis of the reverse-osmosis process: it enables selective water
permeation through a membrane from the saline side to the freshwater side [2].

Salts rejected by the membrane stay in the concentrating stream but are continu-
ously disposed from the membrane module by fresh feed to maintain the separation.
Continuous removal of the permeate product enables the production of freshwater.
RO membrane-building materials are usually polymers, such as cellulose acetates,
polyamides or polyimides. The membranes are semipermeable, made of thin 30-200
nanometer thick layers adhering to a thicker porous support layer. Several types exist,
such as symmetric, asymmetric, and thin-film composite membranes, depending on
the membrane structure. They are usually built as envelopes made of pairs of long
sheets separated by spacers, and are spirally wound around the product tube. In some
cases, tubular, capillary, and even hollow-fiber membranes are used.

Water passage through reverse-osmosis membranes is based on water dissolution
in the membrane walls followed by diffusion to the other side of the membrane. RO
membranes are denser membranes, containing almost no holes. The membrane
skin, supported by a porous polymeric layer, is responsible for the membrane
properties. The solubility of water in the membrane is much higher than the
solubility of the salts present in feed water, hence enabling the separation between
water and salt ions, which are also relatively large molecules surrounded by water
molecules. The integrity of the skin layer is very important for the rejection of salts.
Scratches and holes in the skin enhance the passage of salt ions and thus reduce salt
rejection. A SEM picture of a RO membrane is presented in Figure 10.1. The skin,
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Figure 10.1 The structure of a RO membrane — the thin skin is
responsible for membrane flux and rejection properties. Picture
taken from Blanco et al. [53].

presented at the top of the picture, is responsible for the membrane properties.
Membranes are spirally wounded as shown in Figure 10.2 (8" and 16” in diameter)
and are inserted into pressure vessels.

Ultrafiltration and microfiltration membranes produce high porosities and pore
sizes in the range of 30-100 nanometers (UF) and higher (MF), which enable the
passage of larger dissolved particles and even some suspended particles. The
separation-filtration mechanism is based on molecule/particle sizes. The nanofiltra-
tion membrane lies between the UF and RO membranes, combining the properties
of both so that the two mechanisms coexist. In addition, the NF membrane may be

Figure 10.2 Spiral-wound RO membranes, 8" and 16” in
diameter. Cooperation between Nitto Denco/Hydranautics and
Graham Tec.
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charged electrically, depending on functional groups acting on the membrane
surfaces. This charge affects the passage of molecules through the membranes.
The membranes may be found in different types of modules, enabling their use in
water purification and treatment. Wilbert et al. [3] described various treatments
available for surface water and other sources.

Nanofiltration membranes are used to remove hardness from drinking water [4, 5].
They may also be used to remove other unwanted dissolved species, even the partial
removal of nitrates from ground water. It was recently shown that RO and NF
membranes may be backwashed by direct osmotic pressure to clean membrane
surfaces, a simple and very beneficial technique [6, 7].

Ultrafiltration and microfiltration can be backwashed occasionally to remove
accumulated solids from membranes. UF and MF membranes may be used to
remove micrometer-sized and upper suspended particles, namely bacteria, algae, and
so on, they can also be used to remove Guardia and Cryptosporidium, as well as most
viruses found in surface water. In fact, the solid layer (‘cake’) adhering to the
membranes in the latter two techniques acts like a dynamic membrane [8, 9],
removing smaller particles even at colloidal and virus levels.

The use of MF membranes may be cheaper than sand filtration in the treatment of
surface water. The international water company, Ondeo (Lyonnaise des Eaux), uses
MF membranes combined with active coal and sedimentation stages to purify
polluted Seine River water for drinking purposes [10]. Veolia also uses MF combined
with NF to get good-quality water. Many other companies, membrane manufacturers
or users are involved in producing clean wastewater, either directly together with a
MBR bioreactor [11] or using membranes after they have passed through the
bioreactor. In Singapore, wastewater is treated with UF and RO membranes to
make NewWater for usage in microelectronic fabrication [12]. Part of the water is
mixed with surface water for regular usage. More on wastewater treatment is
provided below.

Electrodialysis (ED), or reversible electrodialysis (RED), involves applying a DC
electrical field across a membranes stack. lons are transferred through semiperme-
able membranes into concentrated streams, leaving behind a diluted salt solution.
This was considered a promising technique mainly because of the relative insensi-
tivity of the membranes for fouling, and due to the thermodynamic transfer
properties of this technique. Unfortunately, the technique did not succeed in taking
its naturally expected position among other processes. It is currently used primarily
for brackish-water desalination and water purification [13]. EDR membranes are also
used to remove special salts, such as nitrates, from slightly polluted water. Strath-
mann [14] provides a cost estimate of the ED process.

The use of membranes is infiltrating into the process industry, where improved
water quality is needed. Power stations, petrochemical and high-tech production
plants are seeking improved water quality and are using different types of mem-
branes to meet their needs. Additional information on different aspects of desalina-
tion processes was reported by Semiat [1].

Electrical power is the energy source for RO desalination. A reverse-osmosis
desalination plant is presented schematically in Figure 10.3. Electricity is used to
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Figure 10.3 Schematic presentation of a reverse-osmosis desalination plant.

pump the water at a relatively high operating pressure. The product penetrates the
membrane and exits at a predesigned recovery, defined as the product-to-feed ratio.
The high-pressure purged concentrate contains energy that may be recovered using
turbines or pressure-exchange devices [15]. The osmotic pressure of seawater, for
example, varies from 24 bars to twice as much for concentrate at 50% recovery.
Operating pressures therefore vary between 10-25 bars for brackish water and 60-80
bars for seawater in order to allow sufficient permeation at relatively high concen-
trations of the brine along the pressure vessel. The process takes place at ambient
temperatures. Water conversion can increase to 70-95% recovery in the case of
contaminated or brackish water, or 35-50% recovery using seawater. The low
recovery from seawater is due to the high osmotic pressure of the concentrate
leaving the membrane modules, depending on the recovery ratio and the need to
operate at higher pressure, where investment increases significantly with operating
pressure. Lower water recovery is obtained in relatively closed water bodies, such as
the Red Sea or the Persian Gulf, due to higher salt concentrations.

Water temperature influences membrane performance. Flux through a mem-
brane increases with water temperature and is bounded by membrane limitations,
yet salt rejection and product quality are reduced with an increase in water tempera-
ture. Hot seawater flowing from the cooling system of a large power plant may
increase efficiency at the expense of water quality. The quality of the water produced
depends on membrane-rejection properties together with the degree of water
recovery and system design. Some relatively small molecules, such as carbon dioxide,
hydrogen sulfide, silica, and boric acid, may penetrate and reduce water quality. Silica
and CO, are not a problem; low acidity in the product is preferred as a means for
dissolving lime in order to add calcium carbonate to the water produced and reduce
water aggressiveness. Secondary or higher membrane stages, aeration or ion
exchange may solve other problems.

The boron problem still exists due to the low rejection of boric acid through the
membranes, yet several other solutions exist, as described below. Final mixing of the
water is advisable in some cases to increase salt concentration slightly. Small organic
compounds dissolved in the feed water may also find their way into the water
produced. Salt content depends on feed quality (brackish or seawater) and may vary
between 50-600 ppm of TDS. A secondary stage may improve quality with only a
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slight cost increase. This is useful in cases where high recovery from seawater is
required or where ultrapure water is needed.

10.3
Reverse-Osmosis Desalination: Process and Costs

Figure 10.3 depicts a schematic flow sheet of a typical desalination plant. Feed
pretreatment for the removal of suspended material, bacteria, and organics is carried
out by sand filtration followed by media filtration. UF or MF modules are used in
modern plants. Residual chlorine, if present, is removed with active carbon filters or
Dby the injection of sodium bisulfate solution. The high-pressure pump used to feed
the membrane module may be connected along a single shaft with a motor and a
turbine [16, 17]in order to recover the energy content of the pressurized concentrate.
Other means, such as independent turbines for secondary stages, may also be used
for energy recovery [15]. Concentrate disposal is simple in the case of seawater
desalination but more difficult in the case of inland desalination. Measures that can
be taken in this case include natural and enhanced evaporation ponds, underground
injection, and pipe transport to the sea.

The reverse-osmosis membrane process is considered universally as the most
promising technology for brackish and seawater desalination [18]. Potential direc-
tions for reducing desalination costs may be deduced by analyzing the cost of the
components.

After the investment, energy is the second cost component to consider. The cost of
energy was reduced in the design of the Ashkelon plant with the use of a dedicated
gas-turbine power station; this power station reduces energy costs because it is
insensitive to the common sine wave of power consumption curve involving fluctua-
tions in day—night, summer—winter electricity demand. Modern energy conservation
devices also reduce energy costs, albeit at the expense of increased capital cost. A
trend towards increased investment to replace energy will increase with energy cost.

Figure 10.4 presents an estimated cost breakdown of desalinated water produced
in a typical plant. The main component is, of course, the capital and financial cost,
comprised of the cost of the main equipment items: feed tanks, pretreatment
filtration units, pumps, pressure exchangers and piping, controls, membranes and
membranes housing, post-treatment and product tanks.

Itis obvious from the data in Figure 10.4 that cost reduction may be examined in two
main ways. The first is to reduce energy cost and the second is to reduce investment.
Energy cost depends on the market costs of energy, which are currently rising, and on
the efficient use of energy in the process. This is explained later. Investment expenses
highly depend on the process operating pressure. The improvement of other para-
meters will nothave a great effect since their consumption is relativelylow (manpower,
chemicals, membrane replacements, etc.). Good practice, namely good pretreatment,
will save membrane replacements. Some items, such as membranes or high-pressure
pumps, arerestricted to the desalination industry and their cost may simply be lowered
by market forces. Investment in sophisticated automation and control equipment can
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m Investment (33-43%) B Energy (30-43%)
W Manpower (4-11%) B Chemicals (4-7%)
® Maintenance (3-5%) » Membrane replacements (2-5%)

Figure 10.4 Cost estimate of a common RO seawater desalination plant.

reduce water costs by maintaining stable high throughputs and savings in labor costs.
As can be seen in Figure 10.4, labor costs are no longer a significant cost item since
modern desalination plants can operate largely unattended.

Wilf [19] presents the energy demand components in a two-pass RO desalination
plant. Information about the Ashkelon plant costing may be found in Kronenberg
[20] and Velter [21]. More information about RO costing history can be found in
Glueckstern [22]. Better predictions for the future are problematic due to the current
energy crisis.

Compliance with proper operational procedures and following a careful mainte-
nance program can also reduce desalination costs by minimizing the replacement of
damaged membranes, reducing the use of cleaning chemicals, and reducing the
inventory of membranes and spare parts.

The design of a desalination plant is usually a site-specific task. Pretreatment is the
most important local design. It is also envisaged that when operators are insuffi-
ciently trained, the design and investment will be based invariably on exaggerated
safety factors. Well-trained and experienced operators can increase desalination plant
production by identifying and debugging bottlenecks.

The relatively high cost of seawater desalination can be tolerated easily by the urban
customer. In some cases, customers in large cities are paying up to three Euros per m*
of treated water. The monthly cost of water in organized cities is usually lower in
comparison to all other utilities. Different industries can usually handle the cost of
desalinated water. Some industries need the high quality obtained by desalination;
others may reuse and circulate the processed water. The problem is usually in
agriculture — simple flood irrigation cannot afford desalination costs. The cost of
water in greenhouses is only a small part of the total production cost, allowing for
desalination costs. The need for water in agriculture and its cost may be tolerated by
ensuring better use of the water. For example, drip irrigation directly to plant roots
may save between 50-90% of the water currently used.
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10.3.1
Quality of Desalinated Water

The quality of the water produced can be tailored to meet the needs of the consumer.
Practically, it is possible to clean water at a low sodium chloride level. This may be
mixed with brackish water or allowed to pass through a bed of CaCOj to dissolve this
salt into the water. The quality of water produced also depends on the quality of
brackish water available for mixing. The expected quality of desalinated seawater
depends more and more on the permissible concentration level. Seawater contains
approximately 5 ppm of boron. Due to the insufficient rejection of current mem-
branes, the water product may contain over 1 ppm of boron. Boron is an important
component, especially for plant growth. However, for many crops, too high a boron
concentration is harmful and can cause a significant reduction in crop yield. Boron
may be removed from water by ion exchange, together with secondary and higher RO
stages, by increasing the pH of water on the feed side of the membrane and by using
EDR. A combination of techniques is also possible [23, 24].

Current demand in Israel requires the production of water containing less than
0.4 ppm of boron in the Ashkelon plant and 0.3 ppm in the future Hadera plant
(under design). The reason behind this is related to the recovery of wastewater
following the treatment of desalinated water. Boron reaches the wastewater from
different sources, which may damage crops irrigated with treated wastewater. In
Ashkelon, for example, this demand required using up to four stages of RO
membranes to remove the boron, resulting in a significant reduction in salts, to a
level below 60 ppm TDS. Thermal processes may produce water containing between
5-50 ppm of TDS, similar in composition to feed seawater with thermal techniques.
The boron problem does not exist in evaporation techniques.

The RO product of brackish water may contain between 200-500 ppm of TDS,
which is basically NaCl, and a smaller portion of other salts. Some minor consti-
tuents, such as boric acid, hydrogen sulfide and CO,, may also be present in the
product depending on the composition of the feed water, but may be removed with
adequate pre- or post-treatment. Feed water containing dissolved volatile organic
compounds will generate water, unless special care is taken, that is slightly contami-
nated with the same components. This may be true for RO and evaporation
techniques.

The water product is aggressive, tends to corrode iron pipes, and dissolves
protective layers containing calcium and other salts on the inner sides of the mains.
This may cause a phenomenon called ‘red water,” the release of corrosion products by
water dissolving the pipes’ protective CaCOj; layer. Therefore, water requires post-
treatment that usually involves an increase in pH level, the addition of Ca (preferably
to alevel of about 100 ppm as CaCOs), and alkalinity, namely HCO; ™~ (also to alevel of
about 100ppm as CaCOs), according to local water regulations or WHO
recommendations.

Desalinated water contains a low concentration of salts. Some salts are needed for
maintaining a proper balance in bodily functions, so a complementary source of salts
isneeded for both human and animal diets. Certain agricultural crops may also suffer
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from a lack of minor constituents when irrigated with desalinated water; others may
benefit from this. The addition of magnesium to the desalinated wat